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This three-volume book comprises selected papers written by Professor 

Z.R. Ismagilov and his colleagues at the Boreskov Institute of Catalysis SB RAS and 

published over the last 35 years. Various papers included in the book are grouped 

thematically and presented in 10 chapters:   

1. Mechanistic studies of complete oxidation reactions. Scientific basis for 

catalytic combustion of fuels. 

2. Development of advanced catalysts and technologies for environmental 

protection.  

3. Mechanistic studies of heterogeneous-homogeneous oxidation reactions over 

solid catalysts. 

4. Development of scientific basis for the production of monolith supports and 

catalysts. Establishment of the first national production facility.  

5. Catalytic methods for conversion of sulfur compounds: direct oxidation of 

hydrogen sulfide, raw oil hydrofining, catalytic synthesis of thiophene. Creation 

of a industrial plant for direct oxidation of hydrogen sulfide.  

6. Preparation of nanostructured zeolite catalysts. Copper-containing linear 

structures and molybdenum-containing catalysts for methane 

dehydroaromatization. 

7. Catalytic synthesis of carbon nanofibers (CNF). Their structure, properties and 

application for fuel cells.  

8. Design and testing of catalytic microreactors.  

9. Synthesis and study of supports and catalysts. Oxygen-permeable perovskite 

membranes.  

10. Nanostructured titanium dioxide for medicine and biology. 

 

 

 



Preface 

The three-volume book of selected papers written by Professor Z.R. Ismagilov, 

his colleagues and disciples comprises works performed at the Boreskov Institute of 

Catalysis SB RAS and published over the last 35 years. The first papers are devoted 

to the mechanism of hydrogen oxidation studied by the method of kinetic isotope 

effect (KIE). The systematic KIE measurements for the entire series of Period IV 

transition metal oxides were a pioneer work and remain unique up to the present. 

This was followed by the mechanistic studies of complete oxidation of some alcohol 

series over oxide and platinum catalysts. Reaction kinetics and mechanism of the 

oxidation of a big set of nitrogen-containing organic compounds over oxide and 

platinum catalysts were investigated to show the specificity of nitrogen oxides 

formation depending on the catalyst nature and make recommendations for 

ecologically clean catalytic oxidation of such compounds. The crucially new results 

were obtained when studying the mechanism of heterogeneous-homogeneous 

oxidation of hydrocarbons and alcohols over solid catalysts via accumulation and 

measurement of alkylperoxy radicals in a trap mounted directly in the ESR 

spectrometer resonator.  

In the early 80th, scientific bases of the catalytic combustion of fuels were 

formulated. Success in this field was caused by the development of firm spherical 

alumina supports and catalysts for fluidized-bed combustion processes, which were 

further scaled up to commercial plants. Various catalysts were designed for the fixed-

bed combustion processes: supported on glass fabric and fiberglass, honeycomb 

materials and multichannel ceramic slabs. 

At the end of the 80th, when the government required an urgent creation of 

monolith honeycomb catalysts for purification of flue gases from steam power plants, 

Z.R. Ismagilov headed the development of fundamentals for the production of 

monolith supports and catalysts, which led to establishment of the first national 

production facility. A difficult economic situation blocked the quantity production of 

catalysts for selective catalytic reduction of nitrogen oxides in flue gases; 

nevertheless, later the produced catalysts were successfully used at the plants for 

ecologically clean two-step combustion of fuels. These studies gave a strong impetus 

to other works on monolith catalysts. 

Catalytic methods of hydrogen sulfide conversion became topical in the 80th due 

to extended production and processing of natural gas and associated oil gases with a 



high content of hydrogen sulfide. Kinetics and mechanism of the direct single-step 

oxidation of hydrogen sulfide into sulfur were investigated, and two variants of the 

industrial process were devised: in a fluidized catalyst bed for high concentrations of 

hydrogen sulfide, and over a fixed monolith catalyst for low concentrations. Ten pilot 

plants were constructed and successfully tested; now a pilot plant for oil gas 

refinement is being tested at Tatneft. Taking into account stringent requirements to 

environmental safety of oil and gas production and processing, a wide 

commercialization of this technology can be expected in the nearest future. 

Investigation of nanostructured zeolite catalysts was initiated by Z.R. Ismagilov in 

1978 when he worked at the Rice University, Houston. His study of tellurium-

containing zeolites in dehydroaromatization of alkanes was published in the Journal 

of Catalysis and included in this book. Further development of this line of 

investigation led to synthesis and testing of copper-substituted and molybdenum-

substituted ZSM-5 zeolites. A comprehensive experimental work on catalyst 

synthesis performed in close collaboration with the BIC Department of Physical 

Methods revealed specific copper-containing linear structures in the zeolite channels, 

conditions of their emergence, and catalytic properties. 

Quite topical is the development of efficient Мо/ZSM-5 catalysts providing 

selective formation of aromatic hydrocarbons. A series of papers on methane 

hydrodearomatization over Мо/ZSM-5 catalysts presents novel experimental findings 

concerning both the reaction kinetics and the nature of processes that take place on 

the catalyst surface. The structure of active component and conditions of catalyst 

deactivation and regeneration were elucidated; a recirculation method improving the 

yield of aromatic products was suggested. It is noteworthy that conversion of alkanes 

over Мо/ZSM-5 catalysts is accompanied by the formation of hydrogen (up to 

12 vol. %), which is a valuable feedstock for hydrogen energetics and an essential 

reactant for petrochemical plants. 

In recent years, under the guidance of Z.R. Ismagilov, a rich experience was 

gained in the synthesis and testing of carbon materials with different structure and 

morphology (nanofibers, nanotubes, amorphous microporous carbon). The book 

presents selected works on the formation of carbon nanofibers (CNF) at methane 

decomposition over monometallic (Ni, Co, Fe) and alloy (Ni–Cu, Ni–Mo, Co–Mo, Fe–

Ni, Fe–Co) catalysts, with thorough examination of their structural and textural 

properties. The developed nanocarbon materials were successfully used as supports 



of nanosized Pt catalysts for cathodes of solid polymer fuel cells and patented in 

Japan. Among the most promising fields presented in this chapter is the synthesis of 

nitrogen-containing CNF and their application as supports for catalysts with a low 

content of platinum metals and transition metal catalysts for fuel cells. The presence 

of specific adsorption sites on the surface of nitrogen-containing supports provides a 

uniform distribution of active component, high dispersity and specific surface area of 

metallic particles. Besides, an increased electrical conductivity of nitrogen-containing 

carbon in comparison with non-modified material facilitates a higher electrocatalytic 

activity. Composite carbon materials, in particular CNF, on glass fabric, high-porous 

cellular materials (HPCM) and honeycomb monoliths were synthesized and tested.  

Development and testing of catalytic microreactors is a novel and very interesting 

line of activities implemented by the Laboratory of Ecological Catalysis. Under a joint 

project with the Eindhoven University of Technology, a microreactor for catalytic 

combustion of unsymmetrical dimethylhydrazine propellant was designed. The 

original methods for deposition of firm catalytic coatings containing noble metals and 

transition metal oxides onto flat and microstructured metal surfaces were developed, 

the microreactor was constructed and successfully tested.  

The chapter 9 of the book includes papers on the preparation of supports and 

catalysts, in particular on the synthesis of perovskites based on Sr–Co–O composites 

doped with different metals to be used as oxygen-permeable membranes. Several 

issues are considered in these papers: effect of doping on the formation of 

nanostructure in these compounds; stability of materials in oxidative and reductive 

atmosphere; perovskite membranes supported on zirconia, hexaaluminates and 

perovskites; new ways for improving the oxygen permeability of materials.  

In the last chapter the activities in development of new preparation methods of 

nanoparticles of TiO2 and Au, methods of immobilization of active therapeutic ligands 

on nanoparticles  and systematic study of toxic, cytotoxic and biological properties of 

these nanomaterials are described. It was found that TiO2 nanoparticles inactivate 

viruses of H3N2 and H5N1 influenza, and that special oligonucleotide structures 

conjugated with TiO2 nanoparticles penetrate cell cytoplasm by usual endocytosis 

without impair to the cell membrane.  

  

 

 



Overall, the book is an interim result of the activities performed by Z.R. Ismagilov 

and his team in collaboration with numerous researchers both in Russia and abroad. 

We hope that implementation of wide-ranging plans of the team will be summarized 

in new interesting publications.  

The book is intended for students, postgraduates and specialists in catalysis, fuel 

cells, natural gas processing and industrial ecology. 

Professor V.N. Parmon 

Member of the Russian Academy of Sciences 
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The problem of the environmental effect of power
plants is gaining increasing importance. Ecological
assessment of power-producing gas turbine plants
(GTPs) must necessarily take into account the level of
atmospheric emissions, such as nitrogen oxides, carbon
monoxide, and hydrocarbons. Nitrogen oxides are the
most hazardous components of the gas turbine combus-
tion gas from the standpoint of environmental conse-
quences.

A promising approach to the problem of reducing
hazardous emissions, primarily nitrogen oxides, is cat-
alytic fuel combustion in various apparatuses, includ-
ing gas turbines [1–4]. Use of catalytic combustion in
gas turbines was suggested in the early 1970s [5, 6],
and the investigations that followed confirmed that this
is a promising way. In catalytic combustion in indus-
trial gas turbines, the 

 

NO

 

x

 

 emission level is lower than
3 ppm and the CO and hydrocarbon emission levels are
below 10 ppm [7].

The most available fuel for GTPs is natural gas,
which consists largely of methane, which is the least
readily oxidizable hydrocarbon. Therefore, it is neces-
sary to produce catalysts capable of initiating methane
oxidation at minimum possible temperatures and of

withstanding long-term exposure to temperatures
above 930

 

°

 

C.

It is well known that catalysts based on noble metals
are the most active in oxidation reactions. They can ini-
tiate combustion at low temperatures, but it is inappro-
priate to use them above 750

 

°

 

C because of the high vol-
atility of the noble metals [8]. Use of palladium as the
active component in the high-temperature oxidation of
methane is the most promising. This is because palla-
dium has a high specific activity in this reaction [9, 10]
and a relatively low volatility in comparison with the
other noble metals, as was determined by studying the
interaction of the metals with oxygen at 730–1730

 

°

 

C
[11]. It is these properties of palladium that attract
researchers’ interest to its behavior in the methane oxi-
dation reaction. It is well known that, up to 800

 

°

 

C, pal-
ladium exists as 

 

PdO

 

x

 

, which undergoes reduction to
palladium metal as the temperature is further raised.
This reaction is reversible, so a decrease in temperature
leads to the reoxidation of Pd to 

 

PdO

 

x

 

 in air. As a con-
sequence, the temperature dependence of the methane
conversion always shows a hysteresis [12]. There is still
no consensus as to what form of oxidized palladium—
bulk PdO, Pd with oxygen chemisorbed on its surface,
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Abstract

 

—Two types of granular catalysts for effective methane combustion in combustors of gas turbine
plants (GTPs) were developed: (1) catalysts based on noble metals with a low Pd content (1–2 wt %), charac-
terized by a low methane ignition temperature, and (2) catalysts based on manganese oxides and hexaalumi-
nates, which have an increased thermal stability. The methane oxidation kinetics was investigated, and combus-
tion in the catalyst chamber of the GTP was simulated. For optimizing the combustion technology, the follow-
ing two-step process using a combined catalytic package is suggested. The inlet zone of the combustor is filled
with a highly active Pd catalyst, which initiates methane oxidation and ensures that the temperature at the exit
of this zone is the initial temperature of methane combustion. This takes place in the next zone, which is filled
with an oxide catalyst tolerant to high temperatures. The pilot testing of the catalysts was carried out in a model
catalytic combustor. The results are in satisfactory agreement with calculated data. Long-term tests indicate the
high stability of the catalysts. The Pd catalyst was demonstrated to retain its high activity and to provide an igni-
tion temperature of 240

 

°

 

C. The initial activity of the hexaaluminate-based catalysts remains unchanged after
tests at 930

 

°

 

C. The use of a combined charge of the palladium (7–15%) and manganese (85–93%) catalysts in
the model GTP combustor allows a high natural gas combustion efficiency to be achieved at a low level of haz-
ardous emissions (NO

 

x

 

, 0–1 ppm; CO, 1–3 ppm; hydrocarbons, 3–10 ppm).
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or Pd particles covered by PdO [13–18]—is the most
active in combustion.

Supporting of palladium on a substrate, primarily 

 

γ

 

-

 

or 

 

α

 

-Al

 

2

 

O

 

3

 

 or 

 

Al

 

2

 

O

 

3

 

 modified with rare-earth element
oxides, raises the activity and thermal stability of the
catalyst through an increase in the degree of dispersion
of the active component and in its aggregation stability
[19–25].

Alternative catalytic systems for methane combus-
tion are catalysts based on hexaaluminates and transi-
tion metal oxides. Hexaaluminates are the class of com-
pounds with the general formula 

 

AB

 

x

 

Al

 

12 – 

 

x

 

O

 

19

 

, where
A is a rare-earth or alkaline-earth metal, such as La and
Ba, and B is a transition metal with an atomic radius
comparable to the radius of aluminum (B = Mn, Co, Fe,
Cr, Ni) [26, 27]. Hexaaluminates form from oxides at
temperatures above 1200

 

°

 

C, and this is why they are
very stable up to high temperatures. The specific sur-
face area of hexaaluminates and, accordingly, their
activity in methane oxidation depend on the synthesis
process [28]. However, irrespective of their specific
surface area, the hexaaluminates are much less active
than the palladium catalysts. In view of this, there have
been attempts to enhance the catalytic activity of
hexaaluminates by introducing Pd [29]. In our earlier
work [30], it was shown that introducing 0.5 wt % Pd
into the hexaaluminate 

 

(Mn,Mg)LaAl

 

11

 

O

 

19

 

 affords a
significant activity rise owing to the 110

 

°

 

C decrease in
the 50% methane conversion temperature (

 

T

 

50

 

). In addi-
tion, a synergistic effect in the 

 

Pd–(Mn,Mg)LaA

 

l1

 

O

 

19

 

system was detected.

It was demonstrated earlier that stable catalysts
based on manganese oxides can be prepared [31]. The
activity of these catalysts in hydrocarbon oxidation can
be enhanced by their calcination at 900–1100

 

°

 

C. In our
works [32, 33], it was found that Mn–Al–O catalysts
supported on 

 

γ

 

-Al

 

2

 

O

 

3

 

 containing 

 

χ

 

-Al

 

2

 

O

 

3

 

 and modified
with Mg, La, or Ce are more active and thermally more
stable (up to 1300

 

°

 

C) than the same catalysts supported

on pure 

 

γ

 

-Al

 

2

 

O

 

3

 

. We believe that the high degree of dis-
order of the 

 

χ

 

-Al

 

2

 

O

 

3

 

 structure in comparison with

 

γ

 

-Al

 

2

 

O

 

3

 

 favors deeper interaction of manganese and
modifiers with the support at the impregnation and low-
temperature calcination stages. This yields Mn–Al–O
compounds of complex composition (solid solutions
and/or hexaaluminates) at 1300

 

°

 

C, due to which the cat-
alysts are stable and highly active in methane oxidation.

Abroad, gas turbine catalysts are now produced as
foil blocks made from corrosion-resistant alloys. The
foil is coated with a porous substrate and an active com-
ponent based on platinum and/or palladium [34–36].
The disadvantage of these catalysts is their high plati-
num metal content (above 5–10 wt %) and the operat-
ing temperature range being limited to 900

 

°

 

C.
The purpose of this work was to develop granular

catalysts for methane oxidation and to optimize the
design of the low-noble-metal catalyst package for nat-
ural gas (methane) combustion in the catalyst chamber
of the gas turbine in order to minimize the 

 

NO

 

x

 

, CO,
and unburned hydrocarbon emissions. Optimal cata-
lytic systems were suggested, their physicochemical
properties and the methane oxidation kinetics on the
catalysts were studied, and methane combustion in the
catalytic combustor (CC) was simulated for different
compositions of the catalytic package and different
testing conditions. Based on the experimental data
obtained, the catalytic package design was optimized
and pilot tests on a CC model were carried out.

EXPERIMENTAL

 

Catalyst Preparation

Pd–Ce–Al

 

2

 

O

 

3

 

.

 

 In catalyst preparation, we used

 

γ

 

-alumina supports as spheres and rings. Their charac-
teristics are presented in Table 1. Spherical 

 

γ

 

-Al

 

2

 

O

 

3

 

 was
used in the experiments on catalyst composition opti-
mization. For this purpose, different Pd precursors were
tested. The ring-shaped support was used to prepare a
pilot batch of the catalyst by the optimal procedure.

The catalysts on the spherical support contained
12 wt % 

 

CeO

 

2

 

 and 1 wt % Pd. They were prepared by
the incipient-wetness impregnation of the support with
a cerium nitrate (

 

Ce(NO

 

3

 

)

 

3

 

 

 

·

 

 6H

 

2

 

O

 

) solution and then
with a Pd precursor solution. The precursors were
water       solutions of 

 

H

 

2

 

PdCl

 

4

 

, [Pd(NH

 

3

 

)

 

4

 

]Cl

 

2

 

,
[Pd(NH

 

3

 

)

 

4

 

](NO

 

3

 

)

 

2

 

,

 

 and 

 

Pd(NO

 

3

 

)

 

2

 

 and an acetone solu-
tion of 

 

Pd(Ac)

 

2

 

. Before being loaded with palladium,
the alumina support modified with cerium was calcined
at 600

 

°

 

C. After supporting of palladium, it was addi-
tionally calcined at 1000

 

°

 

C.
The catalyst on the ring-shaped support contained

12 wt % 

 

CeO

 

2

 

 and 2 wt % Pd. It was prepared in the
same way as the catalysts on the spherical support. The
Pd precursor was an aqueous 

 

Pd(NO

 

3

 

)

 

2

 

 solution. The
pilot batch of the catalyst was designated IK-12-60-2.

 

MnO

 

x

 

–Al

 

2

 

O

 

3

 

.

 

 The catalyst was prepared on the ring-
shaped support by the incipient-wetness impregnation

 

Table 1.  

 

Physicochemical properties of the spherical and
ring-shaped aluminum oxides

Property Spherical 
Al

 

2

 

O

 

3

 

Ring-shaped 
Al

 

2

 

O

 

3

 

Diameter, mm 2.2–2.5 7.5

Length, mm – 7.5

Inner diameter, mm – 2.5

Bulk density, g/cm

 

3

 

0.8 0.7

Pore volume (H

 

2

 

O), cm

 

3

 

/g 0.45 0.45

Specific surface area, m

 

2

 

/g 180 200

Crush strength under static 
conditions, kg/cm

 

2

 

270 23

Phase composition γ-Al2O3 60% γ-Al2O3

40% χ-Al2O3
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of the support with an aqueous manganese nitrate
(Mn(NO3)2 · 6H2O) solution. It contained 11 wt % man-
ganese oxides in terms of MnO2. The catalyst calcina-
tion temperature was 900°C. It was similar in composi-
tion to the commercial catalyst IKT-12-40; for this rea-
son, its pilot batch is hereafter designated IKT-12-40A.

MnOx–La2O3–Al2O3. This catalyst was prepared on
the ring-shaped support by successive incipient-wet-
ness impregnation of alumina with lanthanum and man-
ganese nitrate solutions using the procedure described
in [30]. It contained 8–11 wt % manganese in terms of
MnO2 and 10–12 wt % lanthanum in terms of La2O3.
These concentrations of manganese and lanthanum are
sufficient to ensure a high catalytic activity and stability
of the catalyst [30]. The calcination temperature was
1000°C, lower than was used in our previous study [30]
and was equal to the onset temperature of hexaalumi-
nate phase formation. This allowed us to increase the
specific surface area of the sample. The pilot catalyst
batch was designated IK-12-61.

Pd–MnOx–La2O3–Al2O3. This catalyst was prepared
on the ring-shaped support by successive incipient-wet-
ness impregnation with lanthanum and manganese
nitrate solutions. Next, the samples were dried and cal-
cined at 400°C. Thereafter, the samples were loaded
with a palladium nitrate solution by capillary impregna-
tion. Final calcination was carried out at 1000°C. The
resulting catalyst contained 8–11 wt % Mn in terms of
MnO2, 10–12 wt % La in terms of La2O3, and was
0.65 wt % Pd. The pilot batch of the catalyst was desig-
nated IK-12-62-2.

Testing of the Catalysts

The catalysts were tested using a laboratory setup
for methane oxidation, a pilot plant for natural gas com-
bustion (Boreskov Institute of Catalysis, Siberian
Branch, Russian Academy of Sciences), and a gas tur-
bine model combustor (Central Institute of Aviation
Motors).

The laboratory tests were carried out in a flow quartz
reactor using a catalyst size fraction of 0.5–1.0 mm at a
GHSV (V0) of 1000 to 48000 h–1. The gas mixture con-
tained 1 vol % ëç4 in air. The stoichiometric excess of
O2 was calculated as

where  is the volumetric concentration of methane
in the reaction mixture, 0.21 is the O2 volume fraction
in air, and 2 is the stoichiometric coefficient of O2 in the
chemical equation

CH4 + 2O2 = CO2 + 2H2O.

For the above composition of the reaction mixture,
α = 10.4.

α
100 CCH4

–( ) 0.21×
2

-----------------------------------------------,=

CCH4

The reaction products were analyzed by gas chro-
matography. From the reactant and product concentra-
tions, the CH4 conversion (in percent) was calculated as

where  and  are the methane concentrations
(vol %) in the initial reaction mixture and in the reac-
tion products, respectively. Based on experimental
data, we plotted the temperature dependence of the
methane conversion.

The pilot plant tests were carried out in a tubular
flow reactor, into which 100 cm3 of a catalyst was
charged. The bed height was 40 mm. The methane con-
centration of the inlet was 5.2–7.0 vol %, and the
GHSV was V0 = 4300 h–1. The catalytic activity was
estimated as the “ignition” temperature (Tign) and as the
completeness of natural gas combustion with air. For
this purpose, the products were analyzed using an
EKOM gas analyzer. The determination accuracy was
1 ppm for both carbon monoxide and NOx.

In the model CC, the inlet temperature was 570°C
(840 K), the gas velocity before the catalytic package
(midlength flow velocity in the chamber) was ~2 m/s,
and the air excess α factor was 6.6 to 10.0.

The oxidation products were analyzed at the outlet
of the CC with a gas analyzer complex (Beckman,
United States) by measuring the volume concentrations
of CO (IR absorption), hydrocarbons (flame ionization
detector), and NOx (chemiluminescence technique).

Characterization of the Catalysts

The distribution of Pd in the catalyst grain cross sec-
tion was studied by X-ray microanalysis using an
MAR-3 instrument. The catalyst grain was secured in
epoxy resin and was ground to half-height. Graphite
was sprayed onto the specimen surface for charge
removal. The specimen was moved with a velocity of
10–40 µm/min.

The textural characteristics of the catalysts (specific
surface area, Ssp, m2/g; pore volume, Vpore, cm3/g) were
determined by adsorption techniques using an ASAP-
2400 device.

The phase composition of the catalyst was studied
by X-ray diffraction using an HZG–4 diffractometer
(monochromated CoKα radiation). For phase identifica-
tion the X-ray database of ICPDS was used.

The mechanical strength of the catalysts (P, kg/cm2)
was measured using an MP–9S instrument, which is
intended for measuring the strength of porous bodies
under static conditions.

xCH4

CCH4

0 CCH4
–

CCH4

0
---------------------------- 100,×=

CCH4

0 CCH4
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Reaction Kinetics

We assumed that, in excess oxygen, only total meth-
ane oxidation to CO2 and H2O takes place. The overall
reaction rate was described by the equation

(1)

where k0 is a preexponential factor of the rate constant
(s–1), E is the activation energy (J/mol), R is the univer-
sal gas constant (J mol–1 K–1), T is the reaction temper-
ature (K), ε is the void fraction of the catalyst bed, 
is the methane concentration (in mole fractions), P is
the current working pressure (atm), and P0 is the initial
pressure (in this case, 1 atm).

Mathematical Modeling

The catalyst bed was modeled using the steady-state
model of the adiabatic plug-flow reactor in terms of
heat and mass:

(2)

(3)

(4)

where u is the linear velocity of the gas in the reactor
(m/s) reduced to the normal conditions and to the total
cross-sectional area of the reactor; l is the coordinate
along the bed height (m); x is the methane conversion;

 and  are the methane concentrations on the
catalyst grain surface and in the gas flow, respectively;
β is the mass transfer coefficient for methane (s–1); Tg
and Tcat are the gas and catalyst temperatures, respec-
tively (K); ∆Tad is the adiabatic heating (K); α is the
heat transfer coefficient (W m–3 K–1); cp is the heat
capacity of the gas (J m–3 K–1); and the subscript or
superscript in stands for the reactor inlet.

The reaction rate in the kinetically controlled region
was determined using Eq. (1) and the above kinetic
parameters. In the calculation of the apparent reaction
rate, we took into account the internal and external dif-
fusion limitations. In view of the presence of excess
oxygen, we took into account only the limitations for
methane diffusion.

The internal diffusion limitation was estimated by
the Thiele method. For a first-order reaction, the degree
of use of the internal surface of the catalyst grain (η) is
given by the following equation [37]:

(5)

w k0 1 ε–( ) E
RT
-------–⎝ ⎠

⎛ ⎞ CCH4

P
P0
-----⎝ ⎠

⎛ ⎞ ,exp=

CCH4

u
∂CCH4

∂l
-------------- w– β CCH4

* CCH4
–( ),= =

u
∂Tg

∂l
--------- xCCH4

in ∆Tad
α
c
---- Tcat Tg–( ),= =

Ci Ci
in, T T in,= =

CCH4
* CCH4

η 3
ϕ
--- cothϕ 1

ϕ
---–⎝ ⎠

⎛ ⎞ .=

Here, the Thiele modulus is

(6)

where r is the equivalent radius of the catalyst grain
(m), k is the reaction rate constant in the kinetically
controlled region (s–1), and Deff is the effective diffusion
coefficient of methane in the catalyst pores (m2/s).

The effective diffusion coefficient was calculated by
the formula [37]

(7)

where Π is the permeability coefficient (taken to be 0.2
[37]) and D and DKn are the molecular and Knudsen dif-
fusion coefficients of methane (m2/s). D and DKn were
determined using the following equations [37, 38]:

(8)

(9)

where  and  are the specific molar volumes of
methane and of the dominant gas in the mixture, specif-
ically, nitrogen (cm3/atom);  and  are the
methane and nitrogen molecular weights; and rp is the
mean pore radius in the catalyst (m). For this catalyst,
the mean pore radius was taken to be 170 Å based on
porosimetry data.

The apparent reaction rate taking into account the
external diffusion limitations was described in terms of
the constant k'. For the pseudo-first-order reaction with
respect to methane, this constant was calculated as

(10)

where β is the mass transfer coefficient for methane
(s−1), which can be determined using the following
familiar equations [39]:

(11)

(12)

(13)

(14)

where Sh, Re, and Sc are the dimensionless Sherwood,
Reynolds, and Schmidt numbers, respectively; D is the
molecular-diffusion coefficient of methane in air

ϕ r
3
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(m2/s); Ssp is the specific surface area of the catalyst
grains per unit volume of the bed (m–1); dequiv is the
equivalent (hydraulic) diameter of the path in the bed
(m); A and B are empirical parameters; ur is the real lin-
ear velocity of the gas in the bed (m/s); ρ is the gas den-
sity (kg/m3); and µ is the gas viscosity (N s m–2).

The real velocity of the gas, ur, was calculated taking
into account temperature, pressure, and free bed cross
section corrections:

(15)

In a similar way, we determined the heat transfer
coefficient:

(16)

(17)

where Nu and Pr are the Nusselt and Prandtl numbers,
respectively, and λ is the thermal conductivity of the
reacting gas. The empirical parameters A and B in
Eqs. (12) and (17) were assigned particular numerical
values depending on the type of hydrodynamic regime
according to recommendations given in [39].

The gas flow resistance of the catalyst bed was cal-
culated by the formula [40]

(18)

ur u
Tg

273
---------1

ε
--- 1

P
---.=

α
NuλSsp

dequiv
-----------------,=

Nu AReBPr0.33,=

∆P ξ L
dequiv
-----------

ρur
2

2
--------,=

where L is the total bed height (m). The resistance coef-
ficient ξ was calculated using the general formula

(19)

where the parameters F and p were assigned particular
values depending on the Reynolds number according to
recommendations given in [40].

The gas velocity in the reactor (u) was determined
from the bed geometry and GHSV, applying correc-
tions for the real temperature and pressure. In the esti-
mation of the gas viscosity µ and thermal conductivity
λ as a function of temperature, we used reference data
[38, 40]. The gas density ρ was calculated using the
ideal-gas equation of state applied to air.

The adiabatic heating for methane oxidation was
determined by thermodynamic calculations.

RESULTS AND DISCUSSION

Physicochemical Properties of Catalysts
and Optimization of Catalyst Compositions

Table 2 lists data characterizing the physicochemi-
cal properties of Pd–Ce–Al2O3 catalysts 1–5, which dif-
fer in the chemical nature of the Pd precursor. The cat-
alysts have similar specific surface areas and pore vol-
umes. The chemical nature of the precursor influences
the Pd distribution in the cross section of the catalyst
grain, which, in turn, has an effect on the Pd particle
size. Figure 1 shows the Pd distribution profile in the
grains of catalysts 1–5 on the spherical support as deter-
mined by the X-ray microprobe method. The signal
intensity increases in particular areas as the microprobe
moves across the grain, indicating the concentration of
Pd there. In catalyst 1, prepared using H2PdCl4, the

ξ F

Rep
---------,=

Table 2.  Physicochemical properties of Pd–Ce–Al2O3 catalysts obtained using various palladium precursors

Catalyst no. Precursor Ssp, m2/g Vpor (H2O), cm3/g Strength, kg/cm2 Phase composition

1 H2PdCl4 80 0.35 275 δ-Al2O3,
PdO (D ≈ 400 Å),
CeO2 (D ≈ 210 Å)

2 Pd(NH3)4Cl2 76 0.35 268 δ-Al2O3,
PdO (D ≈ 200 Å),
CeO2 (D ≈ 220 Å)

3 Pd(NH3)4(NO3)2 83 0.35 280 δ-Al2O3,
PdO (D ≈ 200 Å),
CeO2 (D ≈ 210 Å)

4 Pd(Ac)2 75 0.35 283 δ-Al2O3,
PdO (D ≈ 150 Å),
CeO2 (D ≈ 210 Å)

5 Pd(NO3)2 76 0.35 270 δ-Al2O3,
PdO (D ≈ 250 Å),
CeO2 (D ≈ 210 Å)

Note: The Pd content of the catalysts is 1 wt %, the CeO2 content is 12 wt %, and the calcination temperature is 1000°C. The particle size
D was derived from the coherent-scattering domain size.



878

KINETICS AND CATALYSIS      Vol. 49      No. 6      2008

ISMAGILOV et al.

active component is mainly concentrated in the grain
center (“egg-yolk” distribution), and this why this cata-
lyst is prone to aggregation and has a low degree of dis-
persion. Catalysts 2 and 3, prepared from palladium
ammine complexes, are characterized by a uniform Pd
distribution over the grain and have a higher degree of
dispersion (D = 200 Å) than catalyst 1. The use of
Pd(NO3)2 and Pd(Ac)2 solutions as precursors leads to
Pd concentrating on the grain surface, that is, to the so-
called “egg-shell” distribution (samples 4 and 5). This
distribution of the active component is the most prefer-
able for catalysts used in the gas turbines and work at
high gas temperatures and linear velocities.

As is demonstrated in Fig. 2, the catalysts with a
egg-shell Pd distribution (samples 4 and 5) are the most
active in methane oxidation (1 vol % CH4 + air, V0 =
24000 h–1). The catalysts with a uniform Pd distribution
are less active (samples 2 and 3), and the catalyst with
a egg-yolk Pd distribution shows the lowest activity
(sample 1).

Based on the data characterizing the degree of dis-
persion of Pd and the activity of various samples pre-

pared using the optimal palladium precursor
(Pd(NO3)2), we produced a pilot batch of the Pd–Ce–
Al2O3 catalyst (IK-12-60-2) on the ring-shaped sup-
port. Its physicochemical properties are listed in
Table 3. Figure 3 shows the distribution of elements in
the cross section of the ring wall as determined by the
X-ray microprobe method. Aluminum and cerium are
seen to be uniformly distributed over the cross section
of the ring wall. The Al and Ce distribution profiles are
identical, so partial interaction between aluminum and
cerium oxides cannot be ruled out. Palladium concen-
trates closer to the ring wall surface, much as in the case
of the spherical grains.

The catalyst IK-12-60-2 shows high activity in
methane oxidation at various GHSV values (1000,
24000, and 48000 h–1), as is demonstrated in Fig. 4.

When developing and optimizing the catalysts
based on manganese oxides, including those addition-
ally containing lanthanum and palladium, we investi-
gated how their physicochemical and catalytic proper-
ties depend on their chemical composition, the active
component and modifier (manganese, lanthanum, pal-
ladium, and hexaaluminate phase) contents, the chemi-
cal nature of Mn and Pd precursors, the calcination
temperature, and the component introduction method
[30, 32, 33]. Measuring the catalytic activity of catalyst
samples in methane oxidation allowed us to find the
optimal catalytic systems, whose properties are listed in
Table 3.

The catalysts on the ring-shaped alumina support
(IK-12-60-2, IKT-12-40A, IK-12-61, IK-12-62-2) were
tested in natural gas combustion at 930°C in the pilot
plant at the Boreskov Institute of Catalysis. The results
of these tests are presented in Table 4. The catalyst IK-
12-60-2 retained its high activity over 100 h: the igni-
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Grain cross section, mm

5

4

3

2

1

Intensity

Fig. 1. Palladium distribution profiles for the Pd–Ce–Al2O3
catalyst grains prepared using different precursors (X-ray
microprobe analysis data): (1) H2PdCl4, (2) [Pd(NH3)4]Cl2,
(3) [Pd(NH3)4](NO3)2, (4) Pd(Ac)2, and (5) Pd(NO3)2.
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Fig. 2. Temperature dependence of methane conversion
(1 vol % ëç4 + air, V0 = 24000 h–1) on Pd–Ce–Al2O3 cat-
alysts prepared using different precursors: (1) Pd(NO3)2,
(2) Pd(Ac)2, (3) [Pd(NH3)4]Cl2, (4) [Pd(NH3)4](NO3)5,
and (5) H2PdCl4.
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tion temperature was Tign = 240°C, and the reaction
products were almost free of CO and NOx. The manga-
nese-containing catalysts were less active: with these
catalysts, Tign and the residual CO and NOx contents
were higher than with IK-12-60-2. However, the initial
activity of the catalyst IK-12-61 did not decrease, but
even gradually increased during testing: in 200 h, Tign
falls from 365 to 350°C, the NOx concentration in the
reaction products remained at the 0–1 ppm level, and
the CO concentration decreased from 55 to 34 ppm.
The catalyst IK-12-61 modified with 0.65 wt % palla-
dium (IK-12-62-2) allowed us to reduce the ignition
temperature of the methane–air mixture almost by
100°C and the CO concentration in the reaction prod-
ucts by more than one order of magnitude. Durability
tests suggested that all catalysts are tolerant to high
temperatures (up to 930°C) and to the action of the
reaction medium. The ignition temperature and the
methane–air combustion efficiency remained
unchanged at least over 100 h of testing.

The investigation of the physicochemical properties
of the initial samples (Table 3) showed that, in IK-12-
60-2, the active component PdO is finely dispersed and
this allows one to initiate combustion of the methane–
air mixture at low temperatures. The initial catalysts
based on Mn and La oxides (IK-12-61 and IK-12-62-2)
contain the hexaaluminate phase, which is known to be
resistant to high temperatures. The durability tests
altered the structural and textural characteristics of the
catalysts (Table 5). Over the first 50 h of testing, the
specific surface area and pore volume of the IK-12-60-
2 catalyst decreased because of the coarsening of alu-
mina particles and the onset of α-Al2O3 formation via
the δ-Al2O3–α-Al2O3 phase transition under prolonged
heating. The active component PdO underwent partial
decomposition to Pd0. In the next 50 h, the textural
parameters stabilized and the degree of dispersion of

the remaining PdO phase increased. The degree of dis-
persion of metallic Pd0 decreased with testing time. The
manganese catalysts are more tolerant to high tempera-
tures and are less prone to aggregation than the Pd–Ce
catalyst. Some changes in the phase composition of the
catalysts occur because of the formation of high-tem-
perature phases, namely, α-Al2O3 and a (Mn, Al)Al2O4
solid solution in IKT-12-40A and manganese hexaalu-
minate in IK-12-61 and IK-12-62-2.

The catalytic activity of the hexaaluminate-based
samples in the methane oxidation model reaction after
100-h-long testing was similar to the activity of the
fresh catalysts: T50 is 470–480°C for the catalyst IK-12-
61 and 363–380°C for IK-12-62-2 at V0 = 1000 h–1

(Fig. 5). The activity of the catalysts Pd–Ce–Al2O3 and
MnOx–Al2O3 decreased slightly, and T50 increased
by 50°C.

Mathematical Modeling

In order to calculate the efficiency of various cata-
lyst package arrangements and optimize the amounts of
the catalysts, we investigated the kinetics of methane

 
Table 3.  Physicochemical properties of the initial catalysts on spherical and ring-shaped supports

Catalyst Calcination
temperature, °C

Chemical com-
position, wt % Phase composition* Ssp, m2/g VΣ (Nads), 

cm3/g
Strength, 
kg/cm2

IK-12-60-2 1000 Pd, 2.1
Ce, 10.1

δ-Al2O3,
CeO2 (~200 Å, S33 = 1100),
PdO (~180 and 250 Å, S39 = 480)

74 0.26 24

IKT-12-40A 900 Mn, 6.9 Mixture of (δ + γ)-Al2O3,
α-Al2O3, Mn2O3

80 0.23 23

IK-12-61 1000 Mn, 6.9
La, 10.1

MnLaAl11O19 (S37 = 60),

LaAlO3, γ-Al2

43 0.18 34

IK-12-62-2 1000 Pd, 0.65
Mn, 7.1
La, 9.4

MnLaAl11O19 (S37-traces),

γ-Al2  (a = 7.937 Å),
PdO (~400 Å, S39 = 70)

48 – 25

* The particle size was derived from the coherent-scattering domain size. Relative phase contents were estimated from peak areas (Si, arb.

units) in diffraction patterns. γ-Al2  is a solid solution based on γ-Al2O3.

O3
#

O3
#

O3
#

Table 4.  Results of catalyst durability tests using the natural
gas combustion pilot plant at the Boreskov Institute of Catal-
ysis

Catalyst Test
duration, h Tign, °C

Residual content, 
ppm

CO NOx

IK-12-60-2 100 240 0–1 0–1

IKT-12-40A 100 350 84–55 0–1

IK-12-61 200 365–350 55–34 0–1

IK-12-62-2 200 290 2–3 0–1
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oxidation on IK-12-60-2, IKT-12-40A, IK-12-61, and
IK-12-62-2 and simulated natural gas combustion in
the CC.

In kinetic calculations, we used activity data for the
0.5–1.0 mm size fractions of the catalysts in methane
oxidation at V0 = 1000, 24000, and 48000 h–1. The
results obtained by data processing in the plug flow
approximation are presented in Table 6.

Initially, we calculated the operating parameters of
the reactor charged with one of the most effective Pd-
containing catalysts—IK-12-60-2 or IK-12-62-2. In
these calculations, we took into account the effects of
internal and external diffusion for a reactor with a
diameter of 80 mm and a catalyst bed height of 200 to
400 mm. We considered the methane concentration
range of 1.5–5.0 vol %, the V0 range of 9000–40000 h–1,
and inlet temperature range of 450–500°C.

With the catalyst IK-12-60-2 alone, complete meth-
ane conversion is achieved throughout the above
parameter ranges. For the catalyst IK-12-62-2 alone,

100% methane conversion throughout the V0 range is
observed at an initial methane concentration of
1.5 vol % and an inlet temperature of 500°C (Fig. 6). At
higher methane concentrations, complete methane con-
version is achieved at inlet temperatures of 450 and
475°C (not presented in the Figure).

The simulation of combustion on a combined cata-
lytic package was carried out for the IK-12-60-2/IK-12-
61 combinations with bed height ratios of 20/180,
30/170, and 40/160 mm. It was supposed that the tem-
perature at the inlet was 450°C and that the initial mix-
ture contained 1.5 vol % methane. For the 20/180 mm
combination, we additionally carried out calculations
for the mixture containing 3.6 vol % methane. The cal-
culated data are shown in Fig. 7. For the initial methane
concentration of 1.5 vol %, complete methane conver-
sion is attained at V0 < 12000 h–1. For higher V0, for
ensuring complete combustion, it is necessary to
increase the bed height of the more active Pd–Ce cata-
lyst IK-12-60-2. For the initial methane concentration
of 3.6 vol %, greater adiabatic heating takes place in the
first bed and, due to this, complete methane conversion
in the 20/180 mm combined bed is observed at V0 =
5000–35000 h–1.

In a similar way, we carried out the modeling of a
combined bed consisting of the IK-12-60-2 and IK-12-
62-2 catalysts, varying the height ratio of the constitu-
ent beds at a constant total height of 200 mm. The cal-
culation of the gas and catalyst temperature and meth-
ane conversion profiles along the catalyst bed height at
V0 = 10000 h–1 demonstrated that, under these condi-
tions, methane is almost completely converted in the
upstream bed of the IK-12-60-2 catalyst and the gas
temperature is linearly related with the methane con-
version. The catalyst temperature far exceeds the gas
temperature in the zone of high methane conversion
rates, and the catalyst temperature maximum occurs in
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Fig. 3. (1) Pd, (2) Ce, and (3) Al distribution profiles for the
catalyst IK-12-60-2 determined by the X-ray microprobe
method (the zero point in the x axis is the axis of the ring-
shaped grain).
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Fig. 4. Temperature dependence of methane conversion (1
vol % CH4 + air) on the catalyst IK-12-60-2 at V0 = (1)

1000, (2) 24000, and (3) 48000 h–1.
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the upstream bed. Downstream along the bed height, as
the reaction rate and heat evolution decrease, the differ-
ence between the gas and catalyst temperatures dimin-
ishes and almost vanishes at the bed outlet.

The calculation of the methane conversion profile at
V0 = 10000–60000 h–1 and different IK-12-60-2 cata-
lyst bed heights (20 and 40 mm) showed that, with an
increase in the volume of this most active catalyst, the
methane conversion increases (Fig. 8). Formal interpre-
tation of the simulation results might lead to the infer-
ence that the bed consisting of the IK-12-60-2 catalyst
alone is preferable. However, from the practical stand-
point, the combined bed is more advantageous: it
allows one to reduce the total palladium content of the
catalytic package and, at the same time, to extend its
durability by using the thermally more stable catalyst

IK-12-62-2 in the high-temperature zone. From these
considerations, the optimum package design includes an
upstream IK-12-60-2 bed with a height of 20–40 mm.

The simulation of combustion on catalyst grains
with various shapes and sizes (spheres, cylinders, rings

 
Table 5.  Physicochemical properties of the catalysts after durability tests in natural gas combustion

Catalyst Test
duration, h

Chemical com-
position, wt % Phase composition* Ssp, m2/g

VΣ (Nads),
cm3/g

Strength,
kg/cm2

IK-12-60-2 50 Pd, 2.1
Ce, 10.1

δ-Al2O3, α-Al2O3 (traces),
CeO2 (~200 Å, S33 = 1100),
PdO (~300 Å, S39 = 180),
Pd° (~300 Å, S47 = 120)

42 0.18 21

100 Pd, 2.0
Ce, 10.4

δ-Al2O3, α-Al2O3 (traces),
CeO2 (~200 Å, S33 = 1100),
PdO (~160 Å, S39 = 180),
Pd° (~500 Å, S47 = 80)

38 0.17 19

IKT-12-40A 100 Mn, 6.9 α-Al2O3, γ-Al2O3-based solid solution 
(Mn,Al)Al2O4 (a = 8.151 Å)

66 0.22 19

IK-12-61 30 Mn, 6.7
La, 10.3

MnLaAl11O19 (S37 = 240),
LaAlO3, α-Al2O3

41 0.18 30

50 ″ MnLaAl11O19 (S37 = 250),
LaAlO3, α-Al2O3

33 0.15 28

100 ″ MnLaAl11O19 (S37 = 240),
LaAlO3, α-Al2O3

31 0.13 28

IK-12-62-2 50 Pd, 0.62
Mn, 7.2
La, 9.2

MnLaAl11O19 (S37 = 230),

γ-Al2  (a = 7.937 Å),
Pd° (S41 = 90),
PdO (400 Å, S39 = 160)

31 – 29

100 ″ MnLaAl11O19 (S37 = 230),

γ-Al2  (a = 7.937 Å),

Pd0 (>400 Å, S47 = 40),
PdO (>400 Å, S39 = 160)

30 – 32

200 ″ MnLaAl11O19 (S37 = 340),

γ-Al2  (a = 7.937 Å),
α-Al2O3 (S29 = 30),
PdO (>400 Å, S39 = 180),
Pd° (>400 Å, S47 = 40)

30 – 35

* The particle size was derived from the coherent-scattering domain size. Relative phase contents were estimated from peak areas (Si , arb.

units) in diffraction patterns. γ-Al2  is a solid solution based on γ-Al2O3.

O3
#

O3
#

O3
#

O3
#

Table 6.  Kinetic parameters of the total methane oxidation
reaction

Catalyst k0, s–1 E, kJ/mol

IK-12-60-2 4.36 × 107 81.4

IKT-12-40A 1.09 × 105 71.2

IK-12-61 1.09 × 105 71.2

IK-12-62-2 3.29 × 105 63.8
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with different wall thicknesses) demonstrated that the
spherical and cylindrical grains are inappropriate
because they produce high pressure losses. The optimal
grain shape is a ring. Rings with an outer diameter of
7 mm, a length of 7 mm, a hole diameter of 3 mm
(7 × 7 × 3 mm), and a wall thickness of 2 mm are the
most efficient. A further decrease in the catalyst wall
thickness has ambiguous consequences: on the one
hand, this reduces the internal-diffusion limitations and
the flow resistance of the bed; on the other hand, the
weight of the catalyst in the bed decreases, eventually
diminishing the methane conversion. Furthermore, a
decrease in the wall thickness reduces the mechanical
strength of the catalyst grains.

Thus, the mathematical calculations demonstrated
that the maximum completeness of fuel combustion in
the CC is achieved by using the catalyst package IK-12-

60-2/IK-12-62-2 (IK-12-61, IKT-12-40A) with the cat-
alysts shaped as rings with dimensions of 7 × 7 × 3 mm
and the bed height ratio 20–40/180–160 mm. The pro-
cess should be carried out at a methane concentration of
1.5 vol % in air and an inlet gas temperature of 450–
550°C.

Tests in the Model Catalytic Combustor

Pilot batches of the catalysts were tested using an
experimental setup including a model CC at the Central
Institute of Aviation Motors (Fig. 9). The main design
parameters of the CC are described elsewhere [41].

We have already discussed the testing data for
homogeneous packages of different catalysts, including
IK-12-60-2, IKT-12-40A, and IK-12-61 [41], and have
demonstrated that, with these catalysts, the NOx con-
centration in the combustion products does not exceed
1 ppm. The regulatory CO and hydrocarbon levels in
the waste gas of the GTPs used in the decentralized
power supply are on the order of 10 ppm. With individ-
ual catalysts, this value is achievable only in a rather
narrow range of combustion parameters.

For improvement of natural gas combustion in the
gas turbine combustor, it was suggested to use two-
stage combustion in combined catalyst beds (catalytic
packages). A highly active catalyst containing noble
metals is placed in the reactor inlet (ignition) zone. It
initiates natural gas oxidation and ensures an exit tem-
perature appropriate for the onset of combustion in the
next zone. This second zone is filled with an oxide cat-
alyst tolerant to high temperatures.

The use of the combined catalytic package consist-
ing of 15% IK-12-60-2 and 85% IKT-12-40A (on the
bed height basis) allowed us to sharply raise the process
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Fig. 5. Temperature dependences of methane conversion
(1 vol % CH4 + air, V0 = 1000 h–1) on the catalysts IK-12-
61 (black points) and IK-12-62-2 (light points): (1) fresh
sample and (2–4) the same sample tested for (2) 30, (3) 50,
and (4) 100 h.
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Fig. 6. Methane conversion (1.5 vol %) on the catalyst IK-
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efficiency in a wide range of chamber operation
regimes under given environmental constraints.

An analysis of the first results of combined catalytic
package testing in the CC showed that, in some
regimes, the Pd catalyst IK-12-60-2 is overheated
above 827°C, which can cause the loss of its activity.
For this reason, the IK-12-60-2 bed was reduced from
45 to 20 mm and an inert material bed was placed
between the two catalysts to screen radiation heat trans-
fer between the catalyst beds. The final catalytic pack-
age includes an IK-12-60-2 bed 20 mm in height, an
inert bed 20 mm in height, and an IKT-12-40A bed
260 mm in height. At an inlet temperature of 567°C and
various methane concentrations, even at the smallest O2
excess factor of α = 6.7, the highest temperature in the
IKT-12-60-2 bed does not exceed 727°C (Fig. 10).

With this design of the catalytic package, the com-
pleteness of fuel combustion in a wide range of meth-
ane–air mixture compositions (α = 6.7–10.0) compares
well with the world level (Fig. 11).

With the reactor charged with the IK-12-62-2 cata-
lyst alone (0.5 wt % Pd), the hydrocarbons, CO, and
NOx emissions are approximately the same as with the
combined catalytic package; however, the combined
package is preferable because its total Pd content
(0.13 wt %) is significantly lower.

Thus, for increasing the fuel combustion efficiency
in the CC of the GTP, it is appropriate to use two types
of granular catalysts:

(1) The highly active Pd-based catalyst 2% Pd–12%
CeO2–Al2O3, which provides a low ignition tempera-
ture (240°C). Its high activity is due to the high degree
of dispersion of palladium oxide (D < 250 Å). The egg-
shell Pd distribution over the grain cross section is
achieved by using Pd(NO3)2 as the precursor of the
active component.
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Fig. 8. Methane conversion profiles along the catalyst bed
height for IKT-12-60-2/IKT-12-62-2 bed height ratios of (a)
20/180 and (b) 40/160 mm V0 = (1) 10000, (2) 40000, and

(3) 60000 h–1. The catalyst grains are rings with dimensions
of 7 × 7 × 3 mm, the inlet temperature is 447°C, the initial
methane concentration is 1.5 vol %, and pressure is 1 atm.
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(2) Thermally stable catalysts based on manganese
oxides and hexaaluminates. Their thermal stability is
due to the presence of high-temperature phases result-
ing from the interaction between the active component
and the support, as well as solid solutions or manganese
hexaaluminate.

The kinetics of methane oxidation on the catalysts
was studied, and combustion in the CC was simulated
for various catalytic packages and methane combustion
conditions. The CC design was optimized based on
these calculations. The calculated data are in satisfac-
tory qualitative agreement with the CC testing data.

In the combined catalytic package developed, the
highly active Pd catalyst initiates fuel–air mixture igni-
tion. It is placed in the inlet zone of the catalytic pack-
age and occupies 7–15% of the total height of the pack-
age. The main part of the catalytic package is occupied
by an alumina–manganese catalyst. Tests in the optimal
CC operating regimes have demonstrated that the pro-
cess is environmentally quite appropriate: the NOx con-
centration in the combustion products is 0–1 ppm, the
carbon monoxide concentration is 2–3 ppm, and the
unburned hydrocarbon concentration is 3–10 ppm.
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1. Introduction

The central problem of power generation is environmental
safety, and first of all, the reduction of the emission of toxic
substances (NOx, CO, hydrocarbons) as well as greenhouse gases
(CO2 and H2O). The use of heterogeneous catalytic oxidation of
natural gas and hydrocarbon fuels makes possible a substantial
temperature decrease in the burning zone, hence the thermal NOx

formation is practically completely excluded [1–6]. The utilization
of lean fuel–air mixtures permits essential reduction of the
emissions of carbon dioxide and water vapor [5].

Ultra-low emission operation parameters can be achieved by
using catalyst in combustion chambers of gas turbines. The catalyst in
a gas-turbine combustor has to withstand continuous operation for
at least 10,000 h under severe operation conditions: high gas hourly
space velocity (GHSV) and temperatures over 1200 K [7]. Material
development is therefore one of the key issues in the development of
catalytic combustion for gas turbines. Such catalyst has to possess
high mechanical strength and the ability to initiate methane
oxidation in lean mixtures at low temperatures and maintain stable
oxidation during long time at temperatures above 1200 K [3,6].

At present, methane combustion in gas turbines mostly
proceeds over a uniform structured catalytic package consisting
of monolithic catalysts prepared by deposition of porous washcoat
* Corresponding author.

E-mail address: zri@catalysis.ru (Z.R. Ismagilov).

0920-5861/$ – see front matter � 2009 Elsevier B.V. All rights reserved.

doi:10.1016/j.cattod.2009.07.042
and catalytically active component (usually 5 wt.% Pd) on a metal
monolith [3,8–10].

Catalytic combustion chamber with a granulated catalyst is
another option for low power turbines [11–13]. Earlier we have
developed a granulated oxide catalyst Mn-La-Al2O3 [14,15] and
palladium catalysts Pd-CeO2-Al2O3 [12,16] and Pd-Mn-La-Al2O3

[15] with a low Pd content for high temperature oxidation of lean
methane–air mixtures. It is important to note that the active
component phases in the catalysts are formed at high temperatures
1173–1273 K, and so these catalysts have high thermal stability and
can be used in catalytic combustion chambers (CCCs) of power
turbines. Successful development of the CCC with granular catalysts
requires the optimization of the catalyst bed activity and high
temperature stability [12,13] simultaneously with minimization of
the pressure drop, which can be performed by variation of the shape
and size of granules, as well as by variation of the structure of a
combined catalyst packing in the reactor.

In this paper we present results of modeling and experimental
study of three types of structured loadings of the reactor: variation of
catalytic activity with shape of granules for a uniform loading and
combined loadings consisting of two or three different catalysts.

2. Experimental

2.1. Catalyst preparation

Pilot batches of the following catalysts: Pd-Ce-Al2O3 (commer-
cial trademark IC-12-60), Mn-La-Al2O3 (IC-12-61), and Pd-Mn-La-

mailto:zri@catalysis.ru
http://www.sciencedirect.com/science/journal/09205861
http://dx.doi.org/10.1016/j.cattod.2009.07.042
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Å

)
5

3
0

.3
7

2
2

5
7

5
8

2
7

6
3

1
8

0

3
IC

-1
2

-6
0

/2
P

d
—

2
.1

,
C

e
—

1
0

.1
d

-A
l 2

O
3
,

C
e

O
2

(D
�

2
0

0
Å
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Al2O3 (IC-12-62) were synthesized according to the earlier
reported procedures [12]. Their physicochemical and catalytic
properties are given in Table 1.

2.2. Catalytic activity tests

The catalytic packages were tested in the combustion of natural
gas using a CCC of a pilot test installation. The catalytic packages
had uniform or combined loading consisting of two or three
different catalyst. The catalytic packages are schematically
presented in Fig. 1. The total volume of the catalytic package
was 1.3 l.

The CCC used for catalytic tests is a stainless-steel tubular
vertical reactor with an inner diameter of 76 mm, equipped with
four chromel–alumel thermocouples distributed at different
positions in catalyst bed (L = 300–340 mm). The CCC was earlier
described in [11,12].

The catalyst light-off temperature (Tign) was determined at
5 vol.% CH4 and GHSV = 5000 h�1

.

The air excess coefficient (a) was selected to be close to the
minimum value used in the operation of a full-power gas turbine
power plant (a = 6.4–6.8). The GHSV was in the range 8500–
24,000 h�1. The inlet temperature of the fuel–air mixture Tin was
varied between 743 and 873 K. After reaching the inlet tempera-
ture, the mixture was introduced into the CCC. Due to the methane
combustion, the temperature in the catalyst bed increased and was
stabilized in 30 min. The temperature at the chamber exit was
1173–1258 K. After stabilization of the catalyst package operation
regime CH, CO and NOx concentrations at the CCC outlet were
measured.

2.3. Mathematical modeling

Calculations of the kinetic parameters and the combustion
process simulation in the CCC were performed using software
developed at the Boreskov Institute of Catalysis.

For the methane oxidation reaction we assumed that only the
deep oxidation to CO2 and H2O takes place in the oxygen excess.
The reaction rate was calculated using Eqs. (1) and (2).

W ¼ kCCH4

P

P0

� �
(1)

k ¼ hk0ð1� eÞ exp �E=R

T

� �
(2)

where k is the kinetic constant (s�1), CCH4
��the methane

concentration (molar fraction), P—the operating pressure (bar),
P0—the pressure (bar) at which the reaction kinetics is studied
experimentally (in this case it is equal to 1 bar), h—efficiency factor
(dimensionless), k0—the pre-exponential factor of the kinetic
constant (s�1), E—the activation energy (J mol�1), R—the molar gas
constant (J mol�1 K�1), e—the void fraction of the catalyst bed
(dimensionless).

The values of kinetic parameters (k0, E) were earlier determined
in kinetic experiments on methane oxidation over IC-12-60, IC-12-
61 and IC-12-62 catalysts [12]. It was shown that the first-order
(with respect to methane concentration) kinetic equation with
linear dependence upon pressure provides good description of
experimental data in a wide range of methane concentrations and
a reasonable range of operation pressures.

The efficiency factor h, accounting for the internal mass transfer
limitations, was determined using the standard Thiele equation for
the first-order reaction [17].

A heat and mass transfer steady-state model of an ideal
displacement adiabatic reactor was used in the simulations of the



Fig. 1. Modeling of uniform (1) and structured (2–4) loading of the reactor and photo of granulated catalyst.
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catalyst bed:

u
@CCH4

@‘
¼ �W ¼ bðC�CH4

� CCH4
Þ (3)

u
@TG

@‘
¼ xCin

CH4
DTad ¼

a
c p
ðTC � TGÞ (4)

‘ ¼ 0)Ci ¼ Cin
i ; T ¼ Tin (5)

where u is the superficial linear gas velocity in the reactor reduced
to normal conditions and full reactor sequence (m s�1), ‘��the
coordinate along the reactor height (m), x—the methane conver-
sion, C* and C—methane concentrations at the surface of the
catalyst grain and in the gas flow respectively (molar fraction), b—
the mass transfer coefficient for methane (s�1), TG and TC—gas and
catalyst temperatures (K) accordingly, DTad—the adiabatic heat
rise of the reaction (K), a—the heat transfer coefficient
(W m�3 K�1), Fp—the gas heat capacity (J m�3 K�1), index in

corresponds to conditions at the reactor inlet.
The mass and heat transfer coefficients were calculated

according to the equations presented in [18] with representation
of different shapes of catalyst pellets by spheres of equivalent
diameter.

3. Results and discussions

3.1. Optimization of catalytic activity and high temperature stability

Earlier, we have developed two types of granulated catalysts for
methane combustion in CCC of regenerative low-power gas turbines
[12,13]. The first type is Pd catalyst on alumina modified by CeO2

(commercial trademark IC-12-60). This catalyst initiates the
methane ignition at low temperatures, and the combustion products
do not contain CO and NOx (Table 1, Samples 2 and 3). The active
component of IC-12-60 catalyst is highly dispersed PdO particles
which provides the high activity at low temperatures. The regulation
of palladium distribution across the catalyst granule from egg-yolk
to uniform and to egg-shell allowed us to decrease the Pd loading to
2 wt.% without loss of the catalyst activity. For example, the two Pd-
CeO2-Al2O3 catalysts have been prepared using tetrachloropalladic
acid and the palladium nitrate solutions. The former had an egg-yolk
Pd distribution with 40 nm Pd particles and initiated the methane
oxidation at 573 K (Table 1, IC-12-60/1) [12]. The latter had 20–
25 nm Pd particles distributed as an egg-shell, it initiated the
methane oxidation at 513 K (Table 1, IC-12-60/2) [12]. Our
experimental results correlate with the data of other scientific
groups. Palladium catalysts are well known to be most active in deep
oxidation of methane and CO [1,3,10,19,20], have a low light-off
temperature [1,10], and are stable to thermal sintering in the
oxidizing environment [7,21], but the upper temperature limit of
their use is about 1073–1173 K [10]. Therefore, we selected our Pd-
CeO2-Al2O3 catalysts for initiation of fuel combustion in the
upstream section of the combustion chamber.

The second type is the catalysts based on manganese
hexaaluminate and manganese hexaaluminate doped by small
amounts of Pd (0.5–0.8 wt.%). These catalysts are inexpensive in
comparison with the known Pd-Pt catalysts for gas turbines which
usually contain 5 wt.% noble metals [3,9,22,23]. The catalyst IC-12-
61 containing Mn hexaaluminate is less active in methane
oxidation at low temperatures than Pd-CeO2-Al2O3 catalysts
(Table 1, Samples 1 and 3), however it exhibits high stability at
high temperatures [12]. The doping of the Mn-hexaaluminate
catalyst with Pd to 0.8 wt.% from tetrachloropalladic acid (IC-12-
62/1) allows a decrease of the ignition temperature by 50 K [15]
while retaining high thermal stability of manganese hexaalumi-
nates (Table 1, Sample 4) [14,15]. The use of palladium nitrate (IC-
12-62/2) in place of tetrachloropalladic acid as a Pd precursor
allows a decrease of the ignition temperature by 90–100 K and a
decrease of CO content in the reaction products (Table 1, Sample 6)
due to a synergetic effect of Pd and MnOx on the catalytic activity.
The IC-12-62/1 catalyst has PdO particles with a size of 40 nm
(coherence area) uniformly distributed in the granule, whereas in
the IC-12-62/2 catalyst fine dispersed PdO particles (20–25 nm)
are located in the near-surface part of the granule similar to an egg-
shell. When the calcination temperature was increased from 1273
to 1373 K, we observed a decrease of the catalytic activity as a
result of the specific surface area reduction and transformation of
PdO to Pd0 (Table 1, Sample 5), although the catalyst thermal
stability increased due to the completion of manganese hexaalu-
minate formation. The catalysts IC-12-62/1 and IC-12-62/2 are
characterized by high thermal stability at 1173–1373 K and the
ability for stable oxidation of lean methane–air mixtures; therefore
they can be used in the downstream section of the combustion
chamber for high temperature fuel combustion.

Thus, catalysts of these two types can be used for development
of a combined catalytic package with a reduced Pd content for
small gas turbine power plants. The variation of Pd precursors and
modifying additives, Pd loading and calcination temperature
exercises control over Pd distribution, Pd particle size and Pd
electronic state, and thereby adjusts the catalytic properties and
thermal stability, optimizing them to operation conditions of a gas
turbine combustor.

3.2. Selection of shape and size of catalyst granules

The ultra-low emission characteristics of CCC are determined
not only by the catalyst activity but also by geometric parameters
of the catalyst package, such as the bed height and the shape and
size of catalyst granules, which are responsible for the efficiency of
mass and heat transfer in the fixed catalyst bed. Therefore, the
effects of the catalyst granule shape and size on characteristics of
the process of catalytic methane combustion: methane conversion,
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temperature in the bed and pressure drop were studied. Modeling
of the process was performed taking into account the influence of
the internal and external diffusion on the kinetic parameters (k0

and E) for the reaction CH4 + 2O2! CO2 + 2H2O proceeding on
each individual catalyst. The calculations were performed for
typical operation conditions of the CCC [11]: methane concentra-
tion in methane–air mixture 1.5 vol.%, GHSV = 5000–40,000 h�1

and inlet temperature 723–873 K. The model CCC was represented
by a tubular reactor with 80 mm inner diameter and 300 mm
catalyst bed height.

The methane combustion modeling shows that the shape of the
catalyst granules has a substantial effect on methane conversion,
and hence on the residual methane content and the temperature in
the catalyst bed. This effect increases with a decrease of the inlet
temperature and an increase of the space velocity, being most
marked for catalysts with lower activity. Fig. 2 shows simulated
profiles of the residual methane content upon methane oxidation
in uniform beds of the IC-12-61 catalysts with different shape: ring
(7.5 mm � 7.5 mm � 2.5 mm), cylinder (4.5 mm � 5.0 mm) and
sphere (5.0 mm). At 723 K and 10,000 h�1

, the residual methane
contents attained in the beds of spherical and ring-shaped granules
of IC-12-61 catalyst are different by a factor of 4.5, but neither of
the catalyst shapes provides the required methane emission level
Fig. 2. Simulated profiles of residual methane concentration (A) and inlet pressures (B) vs

(Curve 4) for uniform catalyst package loaded with Mn-La-Al2O3 catalyst (IC-12-61) as rin

and 4.5 mm � 5 mm, respectively. The CCC diameter is 80 mm and the height is 300 mm

comparison: 773 K (&) and 873 K (*).
(not exceeding 10 ppm) at GHSV higher than 5000 h�1. At higher
GHSV, the required methane residual concentration is attained
only at the increase of the inlet temperature with a similar effect of
the granule shape. For instance, at GHSV below 20,000 h�1 the
residual methane content less than 10 ppm is observed at the inlet
temperature of 823 K for the beds of both ring-shaped and
spherical granules, while at 35,000 h�1 this methane concentration
is attained only on the spherical granules and at a higher
temperature of 873 K.

According to modeling, the methane conversion increases with
the change of granule shape in the sequence: ring < cylinder < -
sphere. However, the use of cylindrical and spherical catalyst for
the entire reactor is impossible due to a high pressure drop
(Fig. 2B). As shown in Fig. 2B, catalytic packages with a height of
300 mm containing ring-shaped and spherical granules give the
pressure loss of up to 0.5 and 1.2 bar, respectively.

Thus, in the loading of the CCC with granulated catalysts, the
attention should be paid not only to the ultra-low emission
characteristics, but also to the minimization of the pressure drop in
the catalyst bed. The structured combined catalytic package
containing two or three catalysts with optimal catalytic properties
and geometrical parameters seems to be promising to meet these
two requirements. In design of a combined catalytic package with a
. GHSV at temperatures: 723 K (Curve 1), 773 K (Curve 2), 823 K (Curve 3) and 873 K

g, spherical, and cylindrical granules with size 7.5 mm � 7.5 mm � 2.5 mm, 5.0 mm,

. Methane concentration is 1.5 vol.%, a = 6.9. Experimental data are presented for
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high efficiency and a long lifetime, first of all, the light-off
temperature and the operation temperature limit of the catalysts
should be taken into account, because the CCC having a low light-
off temperature of lean methane–air mixtures and high thermal
stability provides stable combustion of methane–air mixtures and
low emission characteristics. It should be noted that at high inlet
temperatures and high methane concentrations the maximum
temperature in the catalyst bed can be as high as 1373–1473 K,
which can result in the reduction of the catalyst lifetime. Further,
three types of catalyst packages complying with the above
requirements are examined.

3.3. Variation of the structure of combined catalyst loading in the CCC

3.3.1. Two high temperature catalysts with different granule shapes

The reactor consists of two sections: the first one with the ring
shaped oxide catalyst Mn-La-Al2O3 or this catalyst modified by Pd
(0.5–0.8 wt.%), and the second downstream section with the
spherical catalyst having lower fractional void volume. This
combination with a shorter bed of spherical catalyst (about 20%)
provides rather high methane combustion efficiency at a minor
increase of pressure drop (not exceeding 20%) in comparison with
the uniform catalytic package. For example, at 40,000 h�1 and
873 K, the residual CH4 content decreased twice and the pressure
drop increased only by 18%, when 20% of the ring-shaped Mn-La-
Al2O3 catalyst was replaced by the spherical granules (Figs. 2A
and 3A).

The simulation of methane combustion process shows that the
catalytic package with Pd-Mn-La-Al2O3 (Fig. 3B) is more effective
than the one with Mn-La-Al2O3 (Fig. 3A). At similar conditions, the
former provides the residual methane concentration 10 times
lower than the latter, methane content being below 10 ppm at
25,000 h�1 and a temperature as low as 773 K. This catalytic
package has also high efficiency at 40,000 h�1, although at a higher
inlet temperature (873 K). The catalytic packages with both Pd-
Mn-La-Al2O3 and Mn-La-Al2O3 have a similar thermal stability at
temperatures up to 1373 K.

3.3.2. Two ring shaped catalysts with different catalytic activity

In this case, a short ignition bed (ca. 10%) of the highly active Pd
catalyst is located in the upstream section with a lower
temperature. The larger bed of high temperature tolerant Mn-
Fig. 3. Simulated profiles of residual methane concentration vs. GHSV at temperatures:

catalyst package loaded with Mn-La-Al2O3 (A) and Pd-Mn-La-Al2O3 (B) catalysts in acco

(5.0 mm), L = 60 mm}. Methane concentration is 1.5 vol.%, a = 6.9. Experimental data a
La-Al2O3 or Pd-Mn-La-Al2O3 catalyst in the downstream section
provides practically total methane combustion. This design of the
catalyst package allows a reduction of the total Pd loading and an
increase of methane combustion efficiency at low inlet tempera-
tures.

Modeling of methane combustion process shows that the use of
Pd-CeO2-Al2O3 catalyst is more preferable; however the catalyst
package formed from Pd-Mn-La-Al2O3 is also rather efficient. The
location of a more active catalyst in the upstream section is more
advantageous in comparison with a variant of its downstream
location (Fig. 4). For example, at the same conditions of 40,000 h�1

and 873 K, the simulated residual methane content achieved over
the former package does not exceed 10 ppm, while with the latter
it is as high as 125 ppm. The effect of the variation of the length of
the two sections and space velocity on the process parameters was
also studied and showed that the optimal loading of highly active
Pd catalyst is close to 10% of the total catalyst loading of the CCC.

3.3.3. Three catalysts with different catalytic activity and

fractional void volume

The highly active Pd catalyst in the upstream section initiates
methane oxidation, the high temperature tolerant catalyst in the
larger middle section provides stable methane combustion. The
bicomponent Pd-Mn-La-Al2O3 catalyst with a low Pd content and
low fractional void volume in the downstream section improves
the efficiency by removal of methane residual traces.

The modeling showed that the substitution of 10% of Mn-La-
Al2O3 catalyst (Fig. 3A) for Pd-CeO2-Al2O3 in the upstream section
and the introduction of spherical Pd-Mn-La-Al2O3 catalyst in the
downstream section of the catalytic package (Fig. 4C) allow a
decrease of the inlet temperature and an increase of GHSV. For
example, at 20,000 h�1 the inlet temperature can be reduced from
873 to 723 K. For the package operation at a higher GHSV
(30,000 h�1), an increase of the inlet temperature to 773 K is
required. It should be noted that the cost of the combined catalyst
package is not significantly higher than that of the uniform Mn-La-
Al2O3 catalyst bed.

3.4. Comparison of simulated and experimental data

Experimental runs with a model reactor (1.3 l catalyst)
demonstrated very good correlation with the results of the
723 K (Curve 1), 773 K (Curve 2), 823 K (Curve 3) and 873 K (Curve 4) for combined

rdance with Scheme 2 {ring (7.5 mm � 7.5 mm � 2.5 mm), L = 280 mm} + {sphere

re presented for comparison: 743 K (&) and 853 K (*).



Fig. 5. Residual methane concentration (A) and CO concentration (B) vs. inlet temperature of CCC at GHSV = 24,000 h�1 and a = 6.8. Uniform catalyst package loaded with Mn-

La-Al2O3 catalyst (IC-12-61) as rings (&, Curve 1) and spheres (*, Curve 2), having size 7.5 mm � 7.5 mm � 2.5 mm and 5 mm, respectively, and Pd-Mn-La-Al2O3 catalyst (IC-

12-62/2) as rings (~, Curve 3) with size 7.5 mm � 7.5 mm � 2.5 mm. The symbols are experimental data, the lines are calculated data.

Fig. 6. Profiles of methane (&) and CO (*) concentrations and temperatures along the CCC length during combustion of natural gas in a combined catalyst package: (A)

Scheme 1: Pd-Mn-La-Al2O3 (ring, 340 mm) at Tin = 575 8C, GHSV = 15,000 h�1
, a = 6.8; (B) Scheme 2: Pd-Mn-La-Al2O3 (ring, 280 mm)/Pd-Mn-La-Al2O3 (sphere, 60 mm) at

Tin = 580 8C, GHSV = 15,000 h�1, a = 6.9.

Fig. 4. Simulated profiles of residual methane concentration vs. GHSV at temperatures: 723 K (Curve 1), 773 K (Curve 2), 823 K (Curve 3) and 873 K (Curve 4) for combined

catalyst packages in accordance with Scheme 3 (A and B) and Scheme 4 (C). Methane concentration is 1.5 vol.%, a = 6.9. Experimental data are presented for comparison:

743 K (&) and 853 K (*). (A) Mn-La-Al2O3 {ring 7.5 mm � 7.5 mm � 2.5 mm, L = 260 mm} + Pd-Mn-La-Al2O3 {ring 7.5 mm � 7.5 mm � 2.5 mm, L = 40 mm}, (B) Pd-Mn-La-

Al2O3 {ring 7.5 mm � 7.5 mm � 2.5 mm, L = 260 mm} + Mn-La-Al2O3 {ring 7.5 mm � 7.5 mm � 2.5 mm, L = 40 mm}, (C) Pd-CeO2-Al2O3 {ring 7.5 mm � 7.5 mm � 2.5 mm,

L = 40 mm} + Mn-La-Al2O3 {ring 7.5 mm � 7.5 mm � 2.5 mm, L = 240 mm} + Pd-Mn-La-Al2O3 {sphere 5.0 mm, L = 60 mm}.
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modeling (Figs. 2A, 3B and 4C). The catalytic package with the
spherical or ring-shaped granules of the IC-12-61 catalyst provided
methane combustion to 1 ppm and 15 ppm residual methane
concentration, respectively, in the pilot test installation at
15,000 h�1 and 773 K and to 2 ppm at 24,000 h�1 and 873 K (Fig. 2).

Fig. 5 shows the correlation between the simulated and
experimental data for the residual methane concentrations in a
uniform catalytic package with the ring-shaped Mn-La-Al2O3 and
Pd-Mn-La-Al2O3 catalysts at 24,000 h�1 as a function of the inlet
temperature. The observed deviation of the experimental data on
residual methane content from the simulated curves can be
explained by two causes. The excess of the experimental values
over the simulated ones can be caused by the heat loss. Lower
experimental values of the residual methane content in compar-
ison with the calculated ones for the catalyst Pd-Mn-La-Al2O3 in
the range of the inlet temperatures 773–823 K are probably due to
the contribution of other heterogeneous reactions (different from
deep oxidation) and gas-phase homogeneous methane oxidation.
The carbon dioxide reforming and the partial methane oxidation as
well as gas phase reactions have not been incorporated into our
simulation yet, because we have not observed CO and H2 formation
in the kinetic experiments [12]. Noticeable amount of CO (10–
14 ppm, Fig. 5 B) was observed in the pilot test installation when
the CCC was loaded by ring-shaped and/or spherical catalyst
granules with a size 7.5 mm � 7.5 mm � 2.5 mm and 5 mm,
respectively. Carbon monoxide can be formed as an intermediate
product of homogeneous methane oxidation, which has been
shown in the study of methane oxidation in lean mixtures at 900–
1400 K [5]. Our assumption about the contribution of gas phase
methane oxidation agrees with a decrease of the CO concentration
when the ring-shaped granules are totally (Fig. 5B) or partially
substituted (Fig. 6B) for spherical granules. The ring-shaped and
spherical granules are different by the specific external surface
(593 and 693 m�1, respectively) and the void fraction in the
catalyst bed (e = 0.5 and 0.42, respectively). It is well known that
the increase of the surface and the reduction of the void fraction
lead to an increase of free radical decay.

On the other hand, there is strong evidence that the catalyst
surface affects the gas-phase chemistry [24–28]. The hexaalumi-
nate catalyst surface is assumed to act as a sink for methyl radicals,
suppressing gas-phase reactions [24]. The authors of [24] made
this assumption from comparison of the experimental data with
numerical models that include both surface and gas phase
chemistry. We also observed that the CO concentration changes
along the catalyst bed increasing with the temperature increase up
to 1173 K but decreasing at the further rise of the temperature
(Fig. 6). The arched profile of the formed CO can be evidence that
CO is the intermediate in the multi-step surface reactions
mechanism proposed by Deutschmann and coworkers [25,28],
Chou et al. [26] and Aghalayam [27] for the oxidation of lean
methane–air mixtures.

4. Conclusions

Modeling of methane combustion in several types of catalyst
packages composed of 2 or 3 beds of granulated catalysts different
by chemical composition and the shape and/or the size of granules
has been performed. It has been shown that the high efficiency of
methane combustion (>99.97%) and low emission of HC < 10 ppm
can be achieved for all models of catalytic package at variation of
the inlet temperature.

The highly active Pd-CeO2-Al2O3 and Pd-Mn-La-Al2O3 catalysts
should be used in the CCC upstream section for the initiation of
methane oxidation. The Mn-La-Al2O3 and Pd-Mn-La-Al2O3 cata-
lysts with hexaaluminate structure exhibiting good high-tem-
perature activity and high thermal stability can be recommended
for the stable methane combustion at a high combustion efficiency
in the CCC downstream section. The replacement of 20% of the
ring-shaped Mn-La-Al2O3 catalyst by the spherical low-percentage
Pd-hexaaluminate catalyst in the exit part of the CCC downstream
section results in improvement of methane combustion efficiency
at a minor increase of the pressure drop (not exceeding 20%). The
addition of 10% of the highly active Pd-CeO2-Al2O3 and Pd-Mn-La-
Al2O3 catalysts with ring shape in the CCC upstream section of such
catalytic package provides the required emission characteristics
(CH < 10 ppm) at the low inlet temperature (about 723 K) and the
high GHSV of lean methane–air mixtures (>20,000 h�1). Experi-
mental runs in the pilot reactor (1.3 kg catalyst) demonstrated very
good correlation with the results of the modeling.
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Свойства катализаторов для сжи-
гания топлив в наибольшей сте-
пени определяются нанострук-

турными особенностями носителей 
и наноразмерностью частиц активного 
компонента.

Каталитическое сжигание прин-
ципиально отличается от факельного 
сжигания, протекает без образования 
пламени на поверхности твердых ката-
лизаторов при сравнительно невысо-
ких температурах (500−900 °С) и имеет 
следующие преимущества: нет ток-
сичных выбросов углеводородов, СО, 
NOx; высокая эффективность сжига-
ния; низкая температура, позволяющая 
использовать нежаростойкие материа-
лы [1, 2]. 

Существует множество устройств 
каталитического сжигания: реакто-
ры с псевдоожиженным слоем грану-
лированных катализаторов; реакторы 
с неподвижным слоем гранулирован-
ных, сотовых, ячеистых и волокнистых 
катализаторов [1–4]. Основой всех 
этих катализаторов являются пори-
стые оксидные носители, на кото-
рые наносятся активные компоненты, 
содержащие благородные металлы, 
главным образом платину и палла-
дий. Каталитические реакции про-
текают при взаимодействии молекул 
газообразных веществ на поверхности 
активного компонента катализатора, 
т.е. необходимо создать максимальную 
реакционную способность поверхности 

активного компонента в единице веса, 
что достигается в первую очередь уве-
личением удельной поверхности (м2/г) 
оксидного носителя и уменьшением 
размера единичных частиц активного 
компонента.

В качестве носителей катализаторов 
широко применяются многочисленные 
кристаллические модификации оксида 
алюминия, которые определяют конеч-
ные свойства: микропористость, рас-
пределение пор по размерам и удельную 
поверхность. 

По классификации UPAC поры 
с эффективным размером H < 2 нм 
называют микропорами, в диапазо-
не 2 нм ≤ H ≤ 50 нм – мезопорами 
и при H > 50 – макропорами.

Рисунок 1 | Иерархия текстуры катализатора, приготовленного на ВПЯМ и сотовых блоках. Показана организация макро-, мезо- и микропористой 
структуры носителя, размер и морфология частиц Pt, локализованных на поверхности кристаллитов цеолита и в каналах цеолита
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В практике обычно используют-
ся гранулированные носители в виде 
экструдатов и шариков, целиком при-
готовленные из данного оксидного 
материала, например, оксида алю-
миния для катализаторов сжигания 
топлив в неподвижном насыпном 
слое или в псевдоожиженном слое 
катализатора. 

Важным направлением является 
приготовление структурированных 
носителей с так называемой «двой-
ной пористостью». Для этого на внеш-
нюю поверхность и в поры керами-
ческого материала (сотового блока 
или высокопроницаемого ячеистого 
материала – ВПЯМ) с диаметрами пор 
от 500 нм до нескольких микрон нано-
сят или выращивают оксиды с разви-
той удельной поверхностью и с мезо- 
или микропористой структурой [5] 
(рис. 1). Оксиды алюминия можно 
нанести простыми методами в виде 
суспензии или золь-гель методами, 
а примерами выращиваемых мезопо-
ристых структур являются нанострук-
турированные оксиды алюминия, тита-
на, кремния и других со структурой 
типа МСМ-41 с каналами размером 
40–60 нм. На рис.1 в качестве примера 
показана схема метода выращивания 
микропористых структур цеолитов, 
характеризующихся упорядоченной 

системой каналов с размером до 1 нм. 
Нанесение слоя мезо- и микропори-
стого материала в количестве 5–25 % 
на макропористый носитель позволяет 
развить удельную поверхность носите-
ля до 25–100 м2/г. Подобное сочетание 
макро-/мезо/микропористых структур 
в одном объекте позволяет создавать 
уникальные каталитические систе-
мы, в которых состояние нанесенного 
нанопористого слоя стабилизируется 
текстурой, т.е. макро- и мезопористой 
структурой исходного носителя.

Далее на керамический материал 
с «двойной пористостью» наносит-
ся каталитически активный компо-
нент, обеспечивающий эффективное 
окисление органических соединений 
топлива до СО2 и Н2О. Для большин-
ства каталитических реакций актив-
ный компонент должен быть диспер-
гирован на поверхности оксидного 
носителя в виде нанометровых частиц 
для увеличения удельной поверхности 
самого активного компонента, одна-
ко для некоторых реакций существу-
ет структурная чувствительность, т.е. 
скорость реакции зависит от разме-
ра частиц в области среднего размера 
2–5 нм.

В катализаторах, разработанных 
в Институте катализа СО РАН для сжи-
гания топлив, используются как благо-

родные металлы, так и оксиды переход-
ных металлов.

Благородные металлы наиболее 
активны в реакциях окисления топлив 
[6], однако их использование ограниче-
но высокой стоимостью и склонностью 
к дезактивации при высоких темпера-
турах. Использование как платиновых, 
так и палладиевых катализаторов огра-
ничивается температурой 700–800 °С 
в силу высокой летучести оксидных сое-
динений платины и фазового перехода 
PdO в малоактивный металлический 
палладий. 

Оксиды переходных металлов (Сu, 
Cr, Mn, Co и др.) являются более эко-
номичной альтернативой благородным 
металлам в качестве катализаторов сжи-
гания топлив. Однако простые оксиды 
переходных металлов также подверже-
ны спеканию при высоких температурах 
и взаимодействию с материалом носите-
ля с образованием новых малоактивных 
фаз. Поэтому часто используют высо-
котемпературные фазы, такие как гек-
саалюминаты, получаемые в результате 
высокотемпературного взаимодействия 
оксидов марганца и оксида алюминия, 
модифицированного добавками La2O3, 
CeO2 и MgO, обеспечивающие высо-
кую стабильность, например, марганец-
алюмооксидных катализаторов вплоть 
до 1000–1100 оС.

Рисунок 2 | Каталитические воздухонагреватели (КВН) седьмой сезон в эксплуатации в десяти теплицах. Экономия энергии 50–60 %  
(ЗАО «ПРИОБСКОЕ», Новосибирская обл.)
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В Институте катализа СО РАН раз-
работан ряд высокоэффективных ката-
лизаторов сжигания топлив [4]. Также 
разработаны и запатентованы методы 
нанесения оксидных покрытий на кера-
мические и металлические носители 
в виде сотовых блоков и ВПЯМ, методы 
стабилизации наночастиц Pt- и Pt-Pd-
на оксидных носителях. 

Активные компоненты в катали-
заторах сжигания топлив представ-
лены благородными металлами – Pt, 
Pd, Rh c размером наночастиц 1–5 нм 
или оксидами переходных металлов – 
меди, хрома, марганца, кобальта и др. 
в виде наночастиц размером порядка 
25–50 нм и меньше, причем, как пра-
вило, чем меньше размер частиц, тем 
выше активность.

Модифицированный платино-
алюмооксидный катализатор, нане-
сенный на кордиеритовые блоки 
сотовой структуры, показал высокую 
эффективность в глубоком окисле-
нии СО и углеводородов. Катализатор 
обеспечивает конверсию на уров-
не 99.8–99.9 % и 98 %, соответствен-
но, при температуре 400 оС и высо-
кой объемной скорости 67 000  ч-1. 
Максимальной каталитической актив-
ностью обладал катализатор с раз-
мером частиц Pt около 1.5–2.0 нм. 
Уменьшение среднего размера частиц 
платины до 1 нм приводило к сниже-
нию активности и уменьшению тер-
мической стабильности катализатора, 
с другой стороны, увеличение размера 
частиц Pt до 10–15 нм также вызывало 
снижение каталитической активности 
в низкотемпературной области. 

Высокотемпературные катализа-
торы для каталитических камер сго-
рания газовых турбин [4] содержат 
активный компонент, представленный 
наночастицами Pd или Pt-Pd размером 
20−25 нм, специальным образом стаби-
лизированными в нанопористой струк-
туре носителя. Катализатор с частица-
ми палладия размером 20−25 нм обе-
спечивает полноту сжигания топлива 
на уровне 99.9 % и удаление вредных 
веществ до уровня мирового стандар-
та: NOx – 0–1 ppm, CO – 1–5 ppm, 
CH – 1–10 ppm. Увеличение размера 
частиц до 50 нм приводит к снижению 
активности.

Для обогрева бытовых и производ-
ственных помещений в Институте 
катализа разработана серия каталити-
ческих воздухонагревателей, работаю-
щих на газообразном углеводородном 
топливе [1]. В этих аппаратах с тепло-
вой мощностью 2.5–3 кВт использу-
ются катализаторы на волокнистом 
алюмосиликатном носителе (камин 
Термокат-1), либо оксидные ката-
лизаторы на многоканальном кера-
мическом носителе (Термокат-2 и 3). 
Оригинальной конструкцией с исполь-
зованием высокоэффективных катали-
заторов достигается полное сжигание 
топлива (КПИ – 100 %) и обеспечива-
ется содержание примесей (СО, NОx, 
СхНу) в дымовых газах ниже санитар-
ных норм. 

Разработаны технология и установки 
двухстадийного каталитического сжи-
гания углеводородных топлив – ката-
литические воздухонагреватели (КВН) 
мощностью 90–500 кВт [1]. На пер-
вой стадии производится сжигание 
топлива в пламени горелки в услови-
ях небольшого недостатка кислорода 
близко к стехиометрии для подавления 
образования токсичных оксидов азота. 
На второй стадии продукты сгорания 
разбавляются воздухом, и горячий газ 
с температурой 500–650 °С подается 
на каталитическую кассету из кера-
мических блоков сотовой структуры 
с нанесенным нанооксидным катали-
затором, где происходит дожигание 
возможных продуктов неполного сго-
рания и нейтрализация микроприме-
сей оксидов азота до санитарных норм 
рабочих помещений. После кассеты 
очищенные продукты сгорания допол-
нительно разбавляются воздухом, 
и полученный газ с температурой 100–
120 °С используется непосредственно 
в качестве теплоносителя для отопле-
ния помещений.

Каталитические воздухонагре-
ватели имеют следующие преиму-
щества по сравнению с традици-
онными факельными топочными 
устройствами: 

высокий коэффициент полезного  ■
использования топлива (около 100 %) 
за счет высокой эффективности сжига-
ния топлива и полной передачи тепло-
вой энергии потребителю; 

полная санитарно-гигиеническая без- ■
опасность, обеспечиваемая использова-
нием нанооксидных катализаторов; 

повышение урожайности сельскохо- ■
зяйственной продукции при использо-
вании теплогенераторов для отопления 
теплиц за счет углекислотной подкорм-
ки (известный агротехнический прием 
при выращивании растений в закрытом 
грунте). 

Эти преимущества подтверждены 
успешной эксплуатацией опытной 
серии КВН при обогреве теплиц в ЗАО 
«Приобское», Новосибирская обл. 
(рис. 2) Применение каталитических 
воздухонагревателей позволило хозяй-
ству вдвое снизить расход топлива 
на обогрев теплиц. Нанооксидные ката-
лизаторы в составе воздухонагревателей 
работают стабильно и не заменялись 
в течение 6 сезонов эксплуатации. 

Потенциальными потребителями 
разработанных воздухонагревателей 
являются: 

сельскохозяйственные предприятия  ■
(отопление теплиц, коровников, птич-
ников и т.д.); 

строительные организации, которые  ■
будут использовать теплогенераторы 
для локального теплоснабжения строя-
щихся жилых зданий и промышленных 
сооружений;

торгово-закупочные фирмы, имеющие  ■
отапливаемые складские помещения; 

промышленные предприятия, име- ■
ющие большие производственные 
здания;

компании, ведущие разведку, добы- ■
чу и транспортировку углеводородного 
сырья. 

Автономные каталитические гене-
раторы могут решить проблему тепло-
снабжения удаленных объектов, кото-
рым не экономично строительство ста-
ционарных теплоцентралей и проклад-
ка сетей. Средства, вложенные в альтер-
нативную энергетику, позволят снизить 
значительную часть себестоимости про-
дукции и услуг, приходящуюся на энер-
гетические расходы.  

Работа поддержана Программами 
Президиума РАН № 27 «Основы 
фундаментальных исследований 

нанотехнологий и наноматериалов», 
раздел «Наноматериалы» и № 19 

«Химические аспекты энергетики».
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a b s t r a c t

The technology of methane combustion in small gas turbine catalytic combustors on alternative gran-
ulated catalysts with a low content of noble metals has been developed and studied. The operations of
catalyst packages for environmentally clean combustion consisting of one-, two- or three catalysts with
different chemical composition, shape and size of granules have been analyzed. The optimized design of
as turbine power plant
d–ceria catalyst
d–hexaaluminate catalyst

a three-stage catalyst package with total height of 340 mm includes 40 mm of highly active Pd–Ce–Al2O3

at the entrance of the combustion chamber in the form of 7.5 mm × 7.5 mm × 2.5 mm rings; 240 mm of
a basic catalyst based on Mn–hexaaluminate with the granules of the same form and size; and 60 mm
of Pd–Mn–La–Al2O3 catalyst as 4–5 mm spherical granules at the exit of the combustion chamber. Such
optimal design yielded methane combustion over 99.97% at Tinlet = 470–580 ◦C and oxygen excess coeffi-
cient 5.2–7.0. The emission levels were NOx < 1 ppm, CO < 10 ppm, HC < 10 ppm. The pressure drop across

less t
the catalyst package was

. Introduction

Gas turbine power plants (GTPPs) of low power (tens of kW
o 1.5–2 MW) are promising autonomous sources of energy and
eat. The application of gas turbine technologies saves fuel, solves
eat supply and water shortage problems. The nominal efficiency
f GTTPs belonging to different generations varies from 24% to 38%
average weighted efficiency – 29.0%). This is 1.5 times higher than
hat of combined heat power plants.

The main GTPP drawback is significant emission of toxic nitro-
en oxides due to high-temperature combustion of the gas fuel.
he main approach used today to decrease the emission of nitro-
en oxides from GTPPs is based on the use of the so-called
omogeneous combustion chambers. They are based on feeding
pecially prepared fuel–air mixture with 2-fold excess of air (“lean”
uel–air mixture). This technology makes it possible to decrease
ignificantly the temperature in the combustion zone relative to
Please cite this article in press as: Z.R. Ismagilov, et al., Technology of meth
gas turbine power plants, Catal. Today (2010), doi:10.1016/j.cattod.2010.0

raditional GTPP combustion chambers with separate supply of fuel
nd air to the combustion zone. As a result, the concentration of
itrogen oxides in the flue gases decreases from 100 to 10–20 ppm.

∗ Corresponding author. Tel.: +7 383 3306219; fax: +7 383 3306219.
E-mail address: zri@catalysis.ru (Z.R. Ismagilov).

920-5861/$ – see front matter © 2010 Elsevier B.V. All rights reserved.
oi:10.1016/j.cattod.2010.04.008
han 4% of the total pressure (1 bar).
© 2010 Elsevier B.V. All rights reserved.

However, the most efficient way to decrease emissions of
nitrogen oxides in GTPPs is to use catalytic combustion of
fuel [1–4]. In the catalytic chamber efficient combustion of
homogeneous fuel–air mixture is achieved at larger excess of
air and much lower temperatures in the zone of chemical
reactions compared to modern homogeneous combustion cham-
bers.

In the last decade, the obvious advantages of the catalytic cham-
bers in GTPPs initiated intense scientific and applied studies in
the USA (Catalytica) and Japan (Kawasaki Heavy Industries) which
are aimed at development of such chambers for GTPPs for various
applications [5–8].

Today catalysts for gas turbines are prepared in the form of
monoliths from foil made of special corrosion-resistant alloys with
deposited porous support and the active component based on
platinum and/or palladium [5,9,10]. However, application of such
catalysts requires many problems to be solved. The main prob-
lems are related to the high temperature of gas typical for modern
gas turbines that requires the catalyst to operate at temperatures
exceeding 1200 K for prolonged periods of time (total operation
ane combustion on granulated catalysts for environmentally friendly
4.008

time of modern GTPPs reaches 100,000 h) [11]. The use of metal
supports at temperatures above 900 ◦C is limited due to possible
thermal corrosion, especially in the presence of water vapor. It
results in the catalyst destruction, peeling of the support and loss
of noble metals decreasing the catalytic activity and shortening the

dx.doi.org/10.1016/j.cattod.2010.04.008
http://www.sciencedirect.com/science/journal/09205861
http://www.elsevier.com/locate/cattod
mailto:zri@catalysis.ru
dx.doi.org/10.1016/j.cattod.2010.04.008


 IN PRESSG

C

2 lysis Today xxx (2010) xxx–xxx

c
u

t
o
w
a
M
l
a
n
9
c
1
o
c
o
c
-
6
r
t
t
p
t
p

p
t
c
c
a
v
a
i
o

2

2

1
P
e
c

2

(
m
c

H
I

w
o

2

r
a

ARTICLEModel

ATTOD-6722; No. of Pages 10

Z.R. Ismagilov et al. / Cata

atalyst lifetime. So, the improvement of the catalyst stability is an
rgent problem to be solved.

One of the approaches to solve this problem is based on
he development of catalysts on granulated supports and design
f a catalytic package for GTPP combustion chamber, which
ould have good ecological parameters at moderate temper-

tures (930–950 ◦C). We developed granulated oxide catalysts
n–Al2O3 [12,13], Mn–La–Al2O3 [12–14,16] and palladium cata-

ysts with low palladium concentrations Pd–CeO2–Al2O3 [14,15]
nd Pd–Mn–La–Al2O3 [16]. It is important that the active compo-
ent phases in the catalysts are formed at high temperatures –
00–1000 ◦C. Earlier we studied the catalytic properties of these
atalysts in methane oxidation and their thermal stability up to
000 ◦C as a function of preparation method, phase composition
f the support, precursors, active component concentration and
alcination temperature. The catalyst preparation method was
ptimized based on the obtained results. Pilot batches of several
atalysts were synthesized: Mn/Al2O3 - ICT-12-40A, Mn–La–Al2O3
IC-12-61, Pd/Ce/Al2O3 - IC-12-60, and Pd–Mn–La–Al2O3 - IC-12-
2. The batches were tested in a model experimental installation
eproducing with reasonable precision the operating conditions of
he catalysts in gas turbine power plants in all process parame-
ers, except for the pressure in the GTPP combustion chamber. The
reliminary tests in the model GTPP combustion chamber showed
hat methane combustion with good emission characteristics was
ossible using the developed catalysts [17].

This study was devoted to the design of a catalytic package
roviding low emissions of NOx, CO and HC under testing condi-
ions simulating the operation conditions of a catalytic combustion
hamber in a low-power (300–600 kW) GTPP with regeneration
ycle. The paper reports the results of tests carried out in the cat-
lytic combustion chamber (CCC) of a pilot testing installation with
aried composition of the catalytic package and testing conditions
nd mathematical simulation of the catalytic combustion processes
n the catalytic combustion chamber. A catalytic package design
ptimized on the basis of the experimental studies is suggested.

. Experimental

.1. Catalyst preparation

Pilot batches of the following catalysts: Mn/Al2O3 - ICT-
2-40A, Mn–La–Al2O3 - IC-12-61, Pd–Ce–Al2O3 - IC-12-60, and
d–Mn–La–Al2O3 - IC-12-62 were synthesized according to the
arlier reported procedures [15]. Their main physicochemical and
atalytic properties are given in Table 1.

.2. Catalyst characterization

The textural properties of the samples (specific surface area, SBET
m2/g); pore volume Vmeso (cm3/g)) were studied by adsorption

ethods using ASAP-2400 instrument. The total pore volume (V˙ ,
m3/g) was estimated from incipient wetness.

The phase composition of the samples was studied by XRD using
ZG-4 diffractometer with monochromatic Co K� irradiation. The

CPDS XRD database was used for the phase identification.
The mechanical crushing strength of the samples (P, kg/cm2)

as measured using MP-9C instrument designed for determination
f the strength of porous solids under static conditions.
Please cite this article in press as: Z.R. Ismagilov, et al., Technology of meth
gas turbine power plants, Catal. Today (2010), doi:10.1016/j.cattod.2010.0

.3. Catalytic activity tests

The catalysts were tested in methane combustion using a labo-
atory installation and in combustion of natural gas using a CCC of
pilot test installation.
Fig. 1. Schematic view of a catalytic combustion chamber: T-1 to T-4: thermocou-
ples, sampling 1–5: samplers.

The catalyst tests in methane oxidation in the laboratory instal-
lation were carried out using a quartz flow reactor, 0.5–1.0 mm
catalyst fraction at GHSV = 1000–48,000 h−1 and gas phase com-
position 1 vol.% CH4 in air. The coefficient of oxygen excess over
the stoichiometric value (˛) was 10.4. It was calculated using Eq.
(1):

˛ = (100 − CCH4 ) × 0.21
2CCH4

(1)

Here CCH4 is the methane concentration in the feed (vol.%), 0.21 is
the volume fraction of O2 in air, 2 is the stoichiometric coefficient
for O2 according to Eq. (2):

CH4 + 2O2 = CO2 + 2H2O (2)

The reaction products were analyzed by gas chromatography.
The CH4 conversion (XCH4 ) was calculated from the experimental
concentrations of the reagents and products using Eq. (3):

XCH4 =
C0

CH4
− CCH4

C0
CH4

× 100% (3)

Here C0
CH4

and CCH4 are methane concentrations (vol.%) in the feed
and reaction products, respectively. The experimental data were
presented as dependences of methane conversion on temperature.

The catalysts tests in CCC was carried out in a stainless-steel
ane combustion on granulated catalysts for environmentally friendly
4.008

tubular vertical reactor with internal diameter Ø = 80 mm. The CCC
is schematically shown in Fig. 1. The volume of the catalytic package
was 1.3 L.

In the experiments, natural gas containing 97 vol.% methane,
2 vol.% ethane and 0.5 vol.% nitrogen and carbon dioxide was used.

dx.doi.org/10.1016/j.cattod.2010.04.008
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Table 1
Physicochemical properties of the catalysts before and after CCC tests.

Catalyst Tcal (◦C) Physicochemical and catalytic properties

Chem. compos. wt.% XRD phase composition SBET (m2/g) Vmeso/V˙ (cm3/g) P (kg/cm2) T50% CH4, (◦C)

Pd–Ce–Al2O3 -
IC-12-60 rings, initial

1000 Pd – 2.1
Ce – 10.1

�-Al2O3

CeO2 (Da ∼ 200 Å, S33 = 1100)b

PdO (D ∼ 180 and 250 Å, S39 = 480)

74 0.25/0.37 22 330

After 72 h tests at Tin –
470 ◦C

(� + �)-Al2O3

CeO2 (D ∼ 200 Å, S33 = 1100)
PdO(D > 170 Å, S39 = 480)

68 0.28/0.40 25 290

Mn-Al2O3 - ICT-12-40A
rings, initial

900 Mn – 6.9 (� + �)-Al2O3

�-Al2O3

Mn2O3

80 0.23/0.40 23 400

After 80 h tests at Tin –
600 ◦C

�-Al2O3

Mn2O3

(Mn, Al)Al2O4
c

10 0.01/0.38 12 460

Mn–La–Al2O3 -
IC-12-61 rings, initial

1000 Mn – 6.9
La – 10.1

�*-Al2O3 (a = 7.925 Å)
MnLaAl11O19 (S37 = tr)

43 0.23/0.33 34 420

After 72 h tests at Tin –
600 ◦C

�*-Al2O3 (a = 7.942 Å)
Disorderd MnLaAl11O19 (S37 = tr)

32 0.21/0.35 27 420

Pd–Mn–La–Al2O3 -
IC-12-62 rings, initial

1000 Pd – 0.65
Mn – 7.1
La – 9.4

MnLaAl11O19 (S37 = tr)
�*-Al2O3 (a = 7.937 Å)
PdO (D ∼ 300 Å, S39 = 70)

46 0.21/0.36 25 385

After 124 h tests at Tin

– 575 ◦C
MnLaAl11O19 (S37 = tr)
�*-Al2O3 (а = 7.937 Å)
�*-Al2O3 (a = 7.942 Å)

36 0.21/0.36 27 340

Pd–Mn–La–Al2O3 -
IC-12-62 spheres,
initial

1000 Pd – 0.5
Mn – 6.1
La – 10.2

MnLaAl11O19 (S37 = tr)
�*-Al2O3 (a = 7.925 Å)
PdO (D < 150 Å)

50 0.24/0.30 70 380

After 50 h tests MnLaAl11O19 (S37 = tr)
�*-Al2O3 (a = 7.937 Å)
�-Al O

37 0.24/0.30 95 350

the areas of peaks in the diffraction pattern in arbitrary units.
n �-Al2O3.
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Table 2
Kinetic parameters (see Eq. (4)) for methane combustion reaction for different
catalysts.

Catalyst ko (s−1) E (kJ/mol)

7

2 3

a Particle size was determined from the coherent scattering area.
b Relative concentrations of phases present in the samples were determined from
c Solid solution based on (Mn, Al)Al2O4 spinel, �*-Al2O3: a solid solution based o

he air excess coefficient (˛) was selected to be close to the mini-
um value of this parameter in the operating regime of full-power
TPP CCC (˛ = 6.4–6.8). The inlet temperature of the fuel–air mix-

ure T0 was varied between 470 and 600 ◦C, the temperature at the
hamber exit Tex was 900–985 ◦C, the GHSV of the fuel–air mixture
as 8500–15,000 h−1.

Natural gas was introduced into the combustion chamber after
eaching the light-off temperature. Due to the natural gas combus-
ion, the temperature in the catalyst bed increased and reached
he values close to the desired ones in 30–40 min. The temperature

ode was corrected by smooth variation of the air and natural gas
ows.

When the desired temperature regime was reached, temper-
tures along the length of the catalytic chamber were measured.
he radial temperature profile was measured before and after the
ilot-plant tests. A reference manometer was used to measure the
ressures in the catalyst bed. The gas phase composition at the CCC
utlet was analyzed using a “Kristall-2000 M” gas chromatograph.
he gas probes were also analyzed in parallel using ECOM-AC gas
nalyzer.

.4. Mathematical model analysis

For the methane oxidation reaction we assumed that only deep
xidation to CO2 and H2O takes place in the oxygen excess. The
eaction rate was calculated using Eq. (4):

= k (1 − ε)exp

(
−E/R

)
C

(
P

)
(4)
Please cite this article in press as: Z.R. Ismagilov, et al., Technology of meth
gas turbine power plants, Catal. Today (2010), doi:10.1016/j.cattod.2010.0

0 T CH4 P0

ere k0 is the pre-exponential factor of the kinetic constant (s−1),
is the activation energy (J/mol), R is the universal gas constant

J mol−1 K−1), ε is the fractional void volume in the catalyst bed,
Pd–Ce–Al2O3 4.36 × 10 81.4
Mn–Al2O3 1.09 × 105 71.2
Mn–La–Al2O3 1.09 × 105 71.2
Pd–Mn–La–Al2O3 3.29 × 105 63.8

CCH4 is the methane concentration (molar fraction), P is the oper-
ating pressure (atm), P0 is the basis pressure (bar) at which the
reaction kinetics was studied experimentally, here it is equal to
1 bar.

The values of kinetic parameters (k0 and E) determined earlier
in kinetic experiments over these catalysts [15] (see Table 2) were
used in the calculations.

A heat and mass steady-state model of an ideal displacement
adiabatic reactor was used in the simulations of the catalyst bed:

u
∂CCH4

∂�
= −W = ˇ(C∗

CH4
− CCH4 ) (5)

u
∂TG

∂�
= xCin

CH4
�TAD = ˛HE

cp
(TC − TG) (6)

� = 0 ⇒ Ci = Cin
i ; T = Tin (7)

Here u is the linear gas flow rate in the reactor reduced to standard
conditions and full reactor cross-section area (m/s), l is the coor-
dinate along the reactor height (m), x is the methane conversion,
ane combustion on granulated catalysts for environmentally friendly
4.008

C* and C are methane concentrations at the surface of the cata-
lyst grain and in the gas flow, respectively, ˇ is the mass exchange
coefficient for methane (s−1), TG and TC are gas and catalyst tem-
peratures (K), correspondingly, �TAD is the adiabatic heating of the
reaction (K), ˛HE is the heat exchange coefficient (W m−3 K−1), cp

dx.doi.org/10.1016/j.cattod.2010.04.008
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s the gas thermal capacity (J m−3 K−1), index in corresponds to the
onditions at the reactor inlet.

The reaction rate in the kinetic region was determined using
q. (4) taking into account the kinetic parameters described above.
nternal and external diffusion limitations were taken into account
uring calculation of the apparent reaction rate. Due to the oxygen
xcess the limitations were considered only for methane diffusion.

The internal diffusion limitation was taken into account using
he Thiele modulus approach for the first-order reaction. It is known
18] that the efficiency factor of the catalyst grain � can be found
sing Eq. (8):

= 3
ϕ

(
cthϕ − 1

ϕ

)
(8)

The Thiele modulus ϕ, characterizing the influence of the inter-
al diffusion limitations, can be determined using Eq. (9):

= r

3

√
K

Deff
(9)

ere r is the equivalent radius of the catalyst grain (m), K is the
eaction rate constant in the kinetic region (s−1), Deff is the effec-
ive methane diffusion coefficient in the catalyst pores (m2/s). The
ffective diffusion coefficient was calculated using Eq. (10) [18]:

eff = ˘
(

1
(1/D) + (1/DK )

)
(10)

ere � is the permeability coefficient that was taken as 0.2 [18], D
nd DK are the coefficients of molecular and Knudsen diffusion of
ethane calculated using Eqs. (11) [19] and (12) [18]:

= 4.3 × 10−7T3/2
C

P(v1/3
CH4

+ v1/3
N2

)
2

√
1

MCH4

+ 1
MN2

(m2/s) (11)

K = 97rp

√
TC

MCH4

(m2/s) (12)

ere v is specific molar volume of methane and nitrogen, which
s the main component of the gas mixture (cm3/atom), M is the

olecular mass of methane and nitrogen (carbon units), rp is the
verage catalyst pore radius (m). For this catalyst the average pore
adius was determined by mercury porosimetry and was equal to
70 Å.

To describe the apparent reaction rate taking into account the
xternal diffusion limitations we used the apparent rate constant
′ calculated for pseudo-first reaction order:

′ = 1
(1/�K) + (1/ˇ)

(13)

ere ˇ is the mass exchange coefficient for methane (s−1) deter-
ined from known criteria equations [20]:

= ShDSspP

deq
(14)

h = AReBSc0.33 (15)

e = urdeq	



(16)

c = 
	

D
(17)

ere Sh, Re, Sc are dimensionless Sherwood, Reynolds and Schmidt
riteria, respectively, D is the coefficient of methane molecular dif-
Please cite this article in press as: Z.R. Ismagilov, et al., Technology of meth
gas turbine power plants, Catal. Today (2010), doi:10.1016/j.cattod.2010.0

usion in air (m2/s), Ssp is the specific surface area of the catalyst
ranules in unit volume of the catalyst bed (m−1), deq is the equiva-
ent (hydraulic) diameter of the pass in the bed (m), ur is the actual
inear gas flow rate in the bed (m/s), 	 is the gas density (kg/m3), 

s the gas viscosity (N s m−2).
 PRESS
oday xxx (2010) xxx–xxx

The actual gas flow rate ur was calculated with corrections for
temperature, pressure and porosity of the catalyst bed:

ur = u
TG

273
1
ε

1
P

(18)

The heat exchange coefficient was calculated similarly:

˛HE = Nu�Ssp

deq
(19)

Nu = AReBPr0.33 (20)

Here Nu and Pr are Nusselt and Prandtl criteria, correspondingly, �
is the thermal conductivity of the reaction gas.

Empirical parameters A and B in Eqs. (15) and (20) were chosen
based on the literature recommendations [20] depending on the
type of the hydraulic regime. The modified values of the parame-
ters for Eq. (20) providing the cumulative account for both the heat
exchange between gas and catalyst and the effective heat conduc-
tivity of the catalyst bed [20] were used.

The pressure drop in the catalyst bed was calculated using Eq.
(21).

�P = �
L

deq

	u2
r

2
(21)

Here L is the total height of the catalyst bed (m). The resistance
coefficient � was calculated using Eq. (22):

� = F

Rep
(22)

where parameters F and p were selected depending on the Reynolds
number value (e.g., F = 16.5 and p = 0.2 for turbulent regime at
Re > 400).

3. Results and discussion

3.1. Physicochemical properties of the catalysts

The composition, calcination temperature, physicochemical
properties (specific surface area SBET (m2/g), volume of meso-
pores Vmeso (cm3/g), total pore volume V˙ (cm3/g), and mechanical
crushing strength P (kg/cm2) and catalytic properties (temperature
of 50% methane conversion T50% CH4, (◦C), are reported in Table 1.

The investigation of the physicochemical properties of the ini-
tial catalyst samples showed that the active component in the initial
Pd–Ce–Al2O3 was in the form of finely dispersed PdO. This active
form initiates combustion of the methane–air mixture at low tem-
peratures. In the Mn/Al2O3 catalyst the active phase considered to
be Mn2O3 initially was converted to a solid solution (Mn, Al)Al2O4
with the spinel structure after prolonged thermal treatment at
900 ◦C. This conversion results from the interaction of Mn2O3 with
�-Al2O3. This phase is stable up to 1000 ◦C [21]. The initial cata-
lysts based on Mn and La oxides were characterized by crystallized
hexaaluminate phase which is known to be stable at high tem-
peratures [16,22,23]. All the catalysts had average specific surface
areas (50–95 m2/g), pore volumes (0.3–0.4 cm3/g) and mechanical
strengths sufficient for use in high-temperature methane combus-
tion process.

3.2. Tests of CCC with uniform catalyst package

First we tested CCC loaded with one catalyst. Such loading will be
ane combustion on granulated catalysts for environmentally friendly
4.008

hereafter denoted as “uniform” and provides for one-stage combus-
tion of the natural gas–air mixture. Such experiments allowed us
to analyze the perspectives of using manganese–alumina catalysts
and evaluate their catalytic properties in natural gas combus-
tion by such parameters as outlet temperature and emission of

dx.doi.org/10.1016/j.cattod.2010.04.008


ARTICLE IN PRESSG Model

CATTOD-6722; No. of Pages 10

Z.R. Ismagilov et al. / Catalysis Today xxx (2010) xxx–xxx 5

F
a
(

h
a
c
o
c
G
˛
w
c

M
a
l
m
c
5
c
o
3

a
w
I
c
E
c
o
i
w
o
I
T
(
l
e
t
r
s
t
t
o
s
t
[
t

fm
et

h
an

e
co

m
bu

st
io

n
ov

er
M

n
–A

l 2
O

3
ca

ta
ly

st
s

w
it

h
d

if
fe

re
n

t
fr

ac
ti

on
al

co
m

p
os

it
io

n
s.

G
ai

r
(m

3
/h

)
G

N
G

(l
/h

)
G

H
SV

(h
−1

)
˛

T i
n

le
t

(◦ C
)

T 1
a

(◦ C
)

T 2
a

(◦ C
)

T 3
a

(◦ C
)

T 4
a

(◦ C
)

C
C

H
4

(p
p

m
)

C C
O

(p
p

m
)

N
O

x
(p

p
m

)
X

C
H

4
(%

)

19
.4

30
9

14
,9

00
6.

78
57

7
65

9
86

7
92

0
91

7
32

8
10

2
1

97
.8

9
15

.0
24

3
11

,5
00

6.
70

56
7

67
7

90
3

92
6

90
5

16
4

41
2

98
.6

8
11

.1
18

0
85

00
6.

67
57

1
72

8
92

3
92

5
89

6
48

9
1

99
.6

9
19

.2
32

4
14

,8
00

6.
41

59
0

62
3

76
3

89
8

91
8

98
7

94
3

1
93

.8
7

15
.0

26
7

11
,5

00
6.

10
57

0
60

4
78

3
90

9
91

9
63

0
61

6
2

96
.2

8
11

.1
20

4
85

00
5.

90
56

2
59

1
79

0
90

3
89

7
50

4
34

4
2

97
.1

3

ou
p

le
p

la
ce

s
al

on
g

th
e

ca
ta

ly
st

be
d

at
d

if
fe

re
n

t
d

is
ta

n
ce

s
fr

om
th

e
C

C
C

in
le

t:
T 1

–
25

m
m

;
T 2

–
11

0
m

m
;

T 3
–

19
5

m
m

;
T 4

–
28

0
m

m
.

ig. 2. Methane conversion vs. operation time in CCC at GHSV: 14,900–15,100 h−1

nd ˛: 6.7–6.8. Uniform catalyst package loaded with: (1) Mn–Al2O3 (Tin – 600 ◦C);
2) Mn–La–Al2O3 (Tin – 600 ◦C); (3) Pd–Mn–La–Al2O3 (Tin – 575–580 ◦C).

ydrocarbons. Mn–Al2O3, Mn–La–Al2O3 and Pd–Mn–La–Al2O3 cat-
lysts shaped as rings were tested for 72–120 h in a temperature
ycle mode. The temperature cycle mode consisted of four cycles
f gas combustion, catalyst cooling and repeated start of the
ombustion process. The combustion process was carried out at
HSV = 15,000 h−1 and inlet temperature 580–600 ◦C. The value of
was maintained at 6.8–6.9. The height of the catalytic package
as 300 mm. The dynamics of changes in the activity of different

atalysts are presented in Fig. 2.
The data presented in Fig. 2 indicate that the catalysts Mn–Al2O3,

n–La–Al2O3 and Pd–Mn–La–Al2O3 differ both by their activity
nd stability. For example, the activity of the Mn–Al2O3 cata-
yst gradually decreased as evidenced by gradual increase of the

ethane and CO concentration at the CCC outlet. The methane
onversion degree decreased from 99.6% to 97.9% during the first
0–54 h on stream. Then the catalyst activity stabilized and did not
hange in the following 80 h on stream (Fig. 2, curve 1). At the end
f the experiment the methane and CO concentrations stabilized at
30 and 110 ppm, respectively (Table 3).

Table 3 compares the outlet temperatures and emissions of CH4
nd CO during natural gas combustion over Mn–Al2O3 catalysts
ith different fractional compositions at GHSV = 8500–15,000 h−1.

t was shown that the methane combustion efficiency over large
atalyst granules with the external ring diameter 15 mm was low.
ven at a low load on the catalyst (GHSV = 8500 h−1) the methane
onversion was 97% whereas the methane and CO emissions at the
utlet were 500 and 300 ppm, respectively. Note that under sim-
lar CCC operation conditions the application of catalyst granules

ith the external diameter 7.5 mm allowed for a 10-fold decrease
f the methane emission and 30-fold decrease of the CO emission.
n both cases the CCC efficiency also depended on contact time.
he contact time increase from 0.24 s (GHSV = 15,000 h−1) to 0.42 s
GHSV = 8500 h−1) affected more significantly the efficiency of CCC
oaded with the catalyst with smaller internal and external diam-
ters of the granules (7.5 mm), i.e. lower fractional void volume of
he catalyst bed. These data indicate that the mass transfer of the
eagents and reaction products to/from the catalyst surface sub-
tantially affects the total CCC efficiency in methane combustion at
he inlet temperature 600 ◦C. At this temperature methane oxida-
ion proceeds mainly on the catalyst surface and the contribution
f homogeneous reactions is negligible, which is confirmed by sub-
Please cite this article in press as: Z.R. Ismagilov, et al., Technology of methane combustion on granulated catalysts for environmentally friendly
gas turbine power plants, Catal. Today (2010), doi:10.1016/j.cattod.2010.04.008

tantial improvement of methane conversion with the increase of
he catalysts geometrical surface. These data agree with the work
24] where the authors showed the dependences of relative con-
ributions of heterogeneous and homogeneous methane oxidation Ta
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ig. 3. Dependence of methane conversion (filled symbols) and catalyst tempera-
ure at the CCC outlet (open symbols) during methane combustion in CCC loaded
ith Mn–La–Al2O3 catalyst on ˛. GHSV = 15,000 h−1, Tin = 600 ◦C.

eactions on the monolithic Pt–Pd catalyst on the inlet temperature,
ressure and the catalyst channel density. Placing the catalysts with
mall cells (200 cpsi) in the front part of the reactor allowed the
ncrease of heat release there at 600 ◦C [24], at the same time in the

onolith with larger channels (100 cpsi), especially at temperature
00 ◦C the homogeneous oxidation reaction was prevailing.

The activity of Mn–La–Al2O3 and Pd–Mn–La–Al2O3 catalysts
lso decreased in the first 30–40 h on stream. However, the
ctivity decrease was less dramatic compared to the Mn–Al2O3
atalyst (Fig. 2). The methane conversion over Mn–La–Al2O3 and
d–Mn–La–Al2O3 catalysts decreased from 99.5% to 99.3% (Fig. 2,
urve 2) and from 99.7% to 99.4% (Fig. 2, curve 3), respectively.
he concentrations of methane and CO stabilized at 100 and
5 ppm, correspondingly. Note that the Pd–Mn–La–Al2O3 catalyst
howed these values of the residual CH4 and CO concentrations at a
ower inlet temperature 575 ◦C than the Mn–La–Al2O3 catalyst that
howed similar values at 600 ◦C inlet temperature. The NOx concen-
ration at the outlet of the catalyst package did not exceed 0–2 ppm
n all the catalysts. Thus, the obtained results demonstrate that the
ctivity of the Pd–Mn–La–Al2O3 catalyst was higher than that of
he catalysts without Pd. Meanwhile, the stability of this catalyst
as comparable to that of Mn–La–Al2O3 being determined by the
n–hexaaluminate phase. The stability of these catalysts was much

igher than that of the catalyst based on Mn oxide. These results
f the catalysts testing under the above conditions are in good
greement with our results on the study of the catalysts activity in
ethane oxidation in a laboratory reactor [12–14,16]. It was shown

hat modification of Mn-alumina catalysts with oxides of rare earth
etals allowed a considerable increase of thermal stability of the

atalysts due to the formation of manganese–hexaaluminate phase
12,16]. Introduction of 0.5 wt.% Pd into Mn–La–Al2O3 resulted in a
ubstantial decrease of the light-off temperature of the air–natural
as mixture [16].

The pressure drop on the full height of the catalyst
ed for uniform loading of the catalysts in the form of
.5 mm × 7.5 mm × 2.5 mm rings for the catalysts Mn–Al2O3,
n–La–Al2O3 and Pd–Mn–La–Al2O3 was 35, 23 and 14 mbar at
HSV = 14,900, 11,500 and 8500 h−1, respectively. These values are

ess 4% of the total pressure which was 1 bar.
Fig. 3 shows the effect of the oxygen excess coefficient on

he outlet temperature and methane conversion over the catalyst
Please cite this article in press as: Z.R. Ismagilov, et al., Technology of meth
gas turbine power plants, Catal. Today (2010), doi:10.1016/j.cattod.2010.0

ackage loaded with the Mn–La–Al2O3 catalyst. The variation of
between 6.2 and 7.2 showed that its decrease (enrichment of

he fuel–air mixture with methane) resulted in a growth of the
emperature at the outlet of the catalyst bed and, consequently,
ncrease of the methane conversion. For instance, when ˛ was
 PRESS
oday xxx (2010) xxx–xxx

decreased from 7 to 6.2, the methane conversion increased from
99.3% to 99.93% and the temperature grew from 937 to 992 ◦C
at GHSV = 15,000 h−1. However, Fig. 3 shows that methane con-
version above 99.9% was observed when the temperature in the
catalyst bed exceeded 980 ◦C. So high temperature is undesirable
because the catalyst overheating during prolonged operation will
inevitably lead to its deactivation. Therefore, alternative methods
of increasing the methane conversion degree are required.

As it is known from the literature, one of the ways to increase
the CCC efficiency is to use multistage (multizone) combustion. This
method allows one to control the temperature profile by varying
the catalyst activity in different zones of the catalytic combustion
chamber. Several methods for stepwise combustion of hydrocarbon
fuels in the GTPP CCC have been implemented.

American companies Catalytica [25] and Westinghouse Electric
Corp. [26] suggested feeding the fuel–air mixture to a monolith
catalyst consisting of alternating channels with an active compo-
nent and without it. If the surface reaction in the channel with a
catalyst takes place in the diffusion-controlled regime, adiabatic
heating to the flame temperature does not occur because the heat
is transferred to the inert channel of the monolith. The fuel–air mix-
ture exiting the inert channels is burnt at the exit of the monolith
catalyst.

In patents [25,27] it was suggested to use multisection cata-
lysts with different levels of activity to carry out combustion in the
kinetically controlled regime. The catalytic activity is regulated by
varying the concentration of the noble metal (most often Pd) in the
range of 5–20 wt.% or the nature of the active component (noble
metal, transition metal oxides). It was also suggested [8] to use
a two-stage monolithic catalyst combined from catalytic systems
with different thermal stabilities. A catalyst with low ignition tem-
perature requiring minimal heating is placed at the entrance zone
whereas a catalyst resistant to the action of high temperatures is
placed at the exit.

3.3. Tests of CCC with combined two-stage catalyst package

We suggested a design of a two-stage catalyst package consist-
ing of catalysts with the same chemical composition but different
fractional compositions. Using the Pd–Mn–La–Al2O3 catalyst as an
example we studied the effect of the catalyst bed fractional void
volume on the methane conversion degree in CCC. The main part
of the catalyst package was loaded with the catalyst formed as
7.5 mm × 7.5 mm × 2.5 mm rings having the fractional void volume
(ε) 0.52. A catalyst layer with 60 mm height consisting of 4–5 mm
spherical granules with fractional void volume 0.42 was placed near
the outlet of the package. The total Pd concentration in the catalyst
package was 0.6 wt.%.

The application of the spherical catalyst at the CCC outlet made
it possible to achieve over 99.9% combustion efficiency (Fig. 4) and
decrease the methane concentration from 85 ppm to 0–5 mm and
the CO concentration to 4–8 ppm at inlet temperature 580 ◦C and
˛ in the range of 6.7–7.1. Fig. 5 presents the methane and CO pro-
files along the reactor length. One can see that more than 90% of
methane is oxidized at the distance ca. 200 mm from the inlet.
The maximum CO concentration is observed in this region. Further
combustion of methane and CO to concentrations below 10 ppm
is observed mostly at 280–340 mm from the inlet of the catalyst
package, i.e. in the area where the spherical catalyst is loaded. The
layer of this catalyst has a higher density and higher geometrical
area, which provides more efficient use of the catalyst, and thus
ane combustion on granulated catalysts for environmentally friendly
4.008

increases the CCC efficiency.
Then, we determined the role of catalyst activity in the total

CCC efficiency. We carried out tests on a combined catalyst package
consisting on Mn–La–Al2O3 (rings) and Pd–Mn–La–Al2O3 (spheres)
and compared the methane conversion with the results of the pre-

dx.doi.org/10.1016/j.cattod.2010.04.008
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Fig. 4. Methane conversion vs. operation time in CCC for different catalyst
packages: (1) uniform catalyst package Pd–Mn–La–Al2O3, rings (Tin = 575–580 ◦C,
GHSV = 15,100 h−1, ˛ = 6.8–6.9); (2) combined catalyst package: Pd–Mn–La–Al2O3,
rings and spheres (Tin = 575–580 ◦C, GHSV = 12,500 h−1, ˛ = 6.7–6.8); (3) com-
bined catalyst package: Mn–La–Al2O3, rings, and Pd–Mn–La–Al2O3, spheres (Tin –
575–580 ◦C, GHSV = 12,500 h−1, ˛ = 6.7–6.8).
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Fig. 6. Profiles of temperature (a) and methane and CO concentrations (b) along
ig. 5. Profiles of methane and CO concentrations along the reactor length dur-
ng combustion of natural gas on a combined catalyst package Pd–Mn–La–Al2O3:
80 mm of rings and 60 mm of spherical granules (Tin = 580 ◦C, GHSV = 12,500 h−1).

ious test. The ratio of the layer heights was similar to that used
n the previous test – 280/60 mm. The total Pd content in CCC was

uch lower about 0.1 wt.% because most of the catalyst package
onsisted of the Mn–La–Al2O3 catalyst. The activity of this catalyst
T50% CH4 ) is lower than that of Pd–Mn–La–Al2O3 (Table 1). How-
ver, the substitution of the more active catalyst with a less active
nd a 6-fold decrease of the total Pd content (Fig. 4, curve 3) did not
ecrease the methane combustion efficiency compared to the pre-
ious test (Fig. 4, curve 2) where the total Pd content was 0.6 wt.%.
hus, increase of the efficiency of the use of the catalyst granules
ven at a relatively short length of the CCC results in a noticeable
mprovement of the overall CCC efficiency at a low total Pd loading.

However, such CCC design produced a larger pressure drop
han the uniform catalyst package with ring-shaped catalysts. The
ressure drop in the two-stage catalyst package was 48 mbar at
HSV = 12,500 h−1 and 30 mbar at GHSV = 10,000 h−1. The pressure
rop in the layer of the spherical Pd–Mn–La–Al2O3 catalyst was 20
nd 13 mbar, respectively.
Please cite this article in press as: Z.R. Ismagilov, et al., Technology of meth
gas turbine power plants, Catal. Today (2010), doi:10.1016/j.cattod.2010.0

The tests of CCC with a combined two-stage catalyst pack-
ge at lower inlet temperature showed that the inlet temperature
ecrease from 580 to 470 ◦C decreased the methane combus-
ion efficiency. The methane conversion over the catalyst package
d–Mn–La–Al2O3 (rings)/Pd–Mn–La–Al2O3 (spheres) decreased
the reactor length during combustion of natural gas on a combined catalyst pack-
age Pd–Mn–La–Al2O3/Mn–La–Al2O3/Pd–Ce–Al2O3 (Tin = 470 ◦C, GHSV = 10,000 h−1,
˛ = 5.2).

from 99.93% to 99.7% with methane and CO concentrations 37 and
150 ppm, respectively. The methane conversion over the catalyst
package Mn–La–Al2O3 (rings)/Pd–Mn–La–Al2O3 (spheres) at the
inlet temperature 470 ◦C was only 99.4% with methane and CO
concentrations 90 and 220 ppm, respectively. The increase of the
methane combustion efficiency at low inlet temperature was made
possible by organizing a three-stage catalyst package.

3.4. Tests of CCC with combined three-stage catalyst package

In the three-stage catalyst package we placed a highly active
Pd–Ce–Al2O3 catalyst with 2 wt.% Pd at the entrance zone. Most
of the package consisted of Mn–La–Al2O3 catalyst. Both catalysts
were shaped as 7.5 mm × 7.5 mm × 2.5 mm rings. Pd–Mn–La–Al2O3
catalyst in the form of 4–5 mm spherical granules was placed in the
downstream part of the catalyst package. The ratio of the catalyst
layer heights was 40/240/60 mm. Similarly to the tests of two-stage
packages, the ratio of the heights of ring and spherical granules was
280/60 mm. The tests were carried out at the inlet temperature
470 ◦C, GHSV = 10,000 h−1 and ˛ = 5.2. Under such conditions the
temperature at the outlet zone of the catalyst package remained at
about 950 ◦C.

Fig. 6a shows the temperature profile along the CCC length. In
the inlet zone filled with the Pd–Ce–Al2O3 catalyst at 25 mm from
the inlet the feed is heated from 470 to 580 ◦C due to catalytic com-
ane combustion on granulated catalysts for environmentally friendly
4.008

bustion of methane. The latter temperature is sufficiently high for
effective functioning of the main Mn–La–Al2O3 catalyst bed. Fur-
ther temperature growth from 580 to 950 ◦C takes place on this
catalyst.

dx.doi.org/10.1016/j.cattod.2010.04.008
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Fig. 8. Calculated dependence of methane conversion over Mn–Al O catalyst on

ig. 7. Calculated dependence of methane conversion over Mn–Al2O3 catalyst
7.5 mm rings) at the initial methane concentration 1.5 vol.% on GHSV at inlet
emperatures: (1) 600 ◦C; (2) 575 ◦C; 3–550 ◦C; (4) experimental dependence at
in = 580 ◦C.

The profiles of the methane and CO concentrations along the
CC length are shown in Fig. 6b. The methane concentration pro-
le shows a sharp concentration fall in the inlet zone where
he Pd–Ce–Al2O3 catalyst is located. The main decrease of the
oncentration from 1.4% to 170 ppm takes place in the zone of
he main catalyst Mn–La–Al2O3 (40–280 mm). Then at the CCC
xit in the layer of the spherical Pd–Mn–La–Al2O3 catalyst the
esidual amounts of methane burn from 170 to 0–10 ppm concen-
rations. The concentration of the CO intermediate initially grows.
hen, when most methane is oxidized, the CO concentration also
ecreases from 300 to 40 ppm in the Mn–La–Al2O3 bed. Finally,
esidual CO is burned in the spherical Pd–Mn–La–Al2O3 catalyst to
0 ppm concentrations. The pressure drop in the catalyst package
as 29–30 mbar.

Thus, the use of the three-stage combined catalyst package
ncluding a thin layer of the active palladium–ceria catalyst located
t the CCC entrance before the main oxide catalyst bed allows us
o increase the CCC efficiency for methane combustion and obtain
equired low methane emission value of 10 ppm at low inlet tem-
erature 470 ◦C. This additional catalyst layer provides the initial
ethane conversion and temperature increase before the main cat-

lyst bed.

.5. Comparison of calculated and experimental data on the
atalyst efficiency

Fig. 7 presents the calculated dependence of methane conver-
ion on Mn–Al2O3 (7.5 mm × 7.5 mm × 2.5 mm) catalyst on the flow
ate and inlet temperature at methane concentration 1.5%. The effi-
iency of Mn–La–Al2O3 catalyst is described by a similar curve
ecause the kinetic parameters of methane oxidation over these
wo catalysts are similar [15]. At inlet temperature 575–600 ◦C
Fig. 7, curves 1 and 2) high methane conversions are obtained at
HSV = 10,000 h−1. Note that there is a very good correlation of the
alculated data (curve 2) with the experimental results obtained
nder the same conditions over the Mn–Al2O3 catalyst (curve 4).

At lower temperatures of the natural gas–air mixture at the CCC
nlet ≤500 ◦C (Fig. 7, curve 3) manganese-oxide catalysts function

−1
Please cite this article in press as: Z.R. Ismagilov, et al., Technology of meth
gas turbine power plants, Catal. Today (2010), doi:10.1016/j.cattod.2010.0

fficiently only at low GHSV below 10,000 h . So, the use of a uni-
orm layer of these catalysts is undesirable because it would require
oo large catalyst loading.

The results of calculations on the effect of the size and shape
f catalyst granules on the efficiency of methane combustion are
2 3

GHSV at the initial methane concentration 1.5 vol.% and Tin = 600 ◦C for catalyst
granules of different sizes and shapes: (1) rings 15 mm × 15 mm × 15 mm; (2) rings
7.5 mm × 7.5 mm × 2.5 mm; (3) sphere 5 mm.

shown in Fig. 8. It was found that the increase of the ring diameter
from 7.5 to 15 mm (Fig. 8, curves 2 and 1) resulted in a significant
decrease of the combustion efficiency in good agreement with the
results obtained using the large fraction of the Mn–Al2O3 catalyst
(Table 3). The spherical catalyst with the granule size 5 mm (Fig. 8,
curve 3) has higher methane combustion efficiency than the 7.5 mm
ring catalyst.

The calculated pressure drops in the 300 mm catalyst bed during
natural gas combustion at GHSV = 15,000 h−1 and inlet tempera-
ture 580 ◦C are 6, 25 and 80 mbar for 15 mm rings, 7.5 mm rings
and 5 mm spheres, correspondingly. The experimental results are in
good agreement with the calculations (6, 36 and 100 mbar, respec-
tively). According to these data, the use of spherical granules in
CCC is undesirable due to high pressure loss. However, the use of
a thin layer of such granules can be very efficient for afterburning
residual fuel and CO at the CCC outlet. Thus, based on the results
of our experimental studies and mathematical calculations on the
effect of granule size and shape on the parameters of the catalytic
methane combustion process, the use of the catalyst shaped as
7.5 mm × 7.5 mm × 2.5 mm rings appears to be optimal for CCC of
gas turbines.

The results of the mathematical calculations are in satisfactory
agreement with the results of the tests. The developed approximate
calculation methods can be used during development of realistic
catalytic combustion chambers.

3.6. Investigation of catalysts after tests in CCC

We studied physicochemical and catalytic properties of the cat-
alysts subjected to the tests in CCC (Table 1). For investigation
we took samples from three zones of the combustion cham-
ber at different distances from the inlet of the catalyst package:
entrance zone (20–30 mm), middle zone (120–140 mm) and exit
zone (200–280 mm). As the methane burning intensity was differ-
ent in different zones of the catalyst package depending on the
parameters of the combustion process (catalyst activity, inlet tem-
perature, ˛), the temperature profile along the catalyst package
changed, and the catalyst was subjected to different thermal loads.
The temperature at the entrance zone was mostly 600–700 ◦C.
ane combustion on granulated catalysts for environmentally friendly
4.008

In the middle zone it reached 800–900 ◦C, increasing further to
900–950 ◦C in the exit zone. Table 1 reports the characteristics
of the catalysts sampled from the hottest exit zone because they
reflect the most significant changes of their properties.

dx.doi.org/10.1016/j.cattod.2010.04.008
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zirconia support and a process for using it, US patent 5,405,260 (1995).
ig. 9. Methane conversion on catalysts samples Mn–La–Al2O3 (�, �) and
d–Mn–La–Al2O3 (�, ©): as-prepared (�, �) and taken from the CCC hot zone after
peration in tests 2 (�) and 3 (©).

Changes in the physicochemical and catalytic properties of the
n–Al2O3 catalyst after 72 h on stream were observed in the sam-

les taken from the middle and exit zones of the catalyst package.
he surface area, pore volume and mechanical strength of these
amples were much lower than those of the initial catalyst. Accord-
ng to the XRD data, the active phase of these samples Mn2O3 was
onverted to a solid solution based on (Mn, Al)Al2O4 spinel. Also the
ow-temperature alumina modification started to transform to the
-Al2O3 phase. The activity of the catalyst significantly decreased.
he temperatures of 50% methane conversion over the samples
aken from the middle and exit zones of the catalyst package were
50 and 460 ◦C, respectively. This is 50–60 ◦C higher than that of
he initial catalyst. Note that the 50% methane conversion tem-
erature equal to 450–460 ◦C is close to those observed over the
n–Al2O3 catalysts calcined at 950 ◦C (T50% = 435 ◦C) and 1000 ◦C

T50% = 475 ◦C). After complete Mn2O3 transformation into the solid
olution, the phase composition stabilized and the catalyst activity
id not change in the following 250 h on stream.

Only minor changes were observed for the catalysts based on
anganese–hexaaluminate (Mn–La–Al2O3 and Pd–Mn–La–Al2O3,

able 1). After 120 h of CCC tests the surface areas and pore volumes
f the samples decreased by 10–20%. Minor structural changes
bserved for these samples consisted of the hexaaluminate phase
rdering and appearance of trace amount of the �-Al2O3 phase
n the samples taken from the middle and exit zones and orig-
nated from the effect of high temperatures on the catalysts. It

as difficult to identify the PdO phase in the XRD patterns of the
d–Mn–La–Al2O3 catalyst with 0.65 wt.% Pd due to overlapping
f the lines attributed to the hexaaluminate phase. The catalytic
haracteristics of the Mn–La–Al2O3 catalyst did not change after
he extended tests, the T50% remained the same equal to 420 ◦C
Fig. 9). Meanwhile, the activity of the Pd–Mn–La–Al2O3 samples
aken from the CCC hot zone even increased, the T50% decreasing
rom 385 to 340 ◦C after the test (Fig. 9).

The palladium–ceria catalyst was used only in the entrance zone
f the catalyst package in experiments with low Tinlet (470 ◦C). So,
he temperature in the catalyst layer did not exceed 600 ◦C and its
roperties did not change (Table 1). Additional experiments on pro-

onged overheating of this catalyst above 750–800 ◦C showed that
nder these conditions the PdO particles were sintered to dimen-
ions exceeding 300 Å and the catalyst partially deactivated (these
Please cite this article in press as: Z.R. Ismagilov, et al., Technology of meth
gas turbine power plants, Catal. Today (2010), doi:10.1016/j.cattod.2010.0

ata are not presented in the paper).
Thus, according to the XRD and BET data, and catalytic activity

n methane oxidation the catalysts based on hexaaluminates are
ost thermally stable.
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4. Conclusion

The catalytic combustion of natural gas over uniform and
combined loadings of granulated manganese-oxide and palladium-
containing catalysts was studied for optimization of the design
of a catalytic package for use in CCC. The catalysts based on
manganese–hexaaluminate showed high efficiency and thermal
stability during combustion of natural gas for more than 120 h at
the temperature in the catalyst bed as high as 950–985 ◦C.

Computer calculations of the catalyst efficiency depending on
the reaction conditions (inlet temperature, flow rate) as well as
the size and shape of granules were performed. The results of the
calculations are in satisfactory agreement with the results of the
experimental tests.

Granules in the form of rings with dimensions
7.5 mm× 7.5 mm× 2.5 mm were shown to be the optimal form
of the catalysts. At the catalyst package height 300 mm and
GHSV = 8500–15,000 h−1 the pressure drop in the catalyst pack-
age was lower than 40 mbar. This is less than 4% of the total
pressure in CCC (1 bar). The use of 4-5 mm spherical granules in
the combined loading increased the pressure drop to 48 mbar at
GHSV = 12,500 h−1 and 30 mbar at GHSV = 10,000 h−1. However,
the use of a thin layer of such granules (less than 17.5%) is accept-
able for afterburning residual unburned fuel and CO at the CCC
exit.

The optimal design of the catalyst package for efficient
combustion of lean methane-air mixture (1.5 vol.% CH4) in
CCC which is based on the obtained experimental and cal-
culation data includes combined loading of the catalysts
Mn–La–Al2O3 or Pd–Mn–La–Al2O3 (280 mm) in the form
of 7.5 mm × 7.5 mm × 2.5 mm rings at the CCC inlet and
Pd–Mn–La–Al2O3 catalyst in the forms of 4–5 mm spheres at
the outlet. Such design of the catalyst package provides for the
most efficient and stable natural gas combustion at the inlet
temperature 570–580 ◦C and GHSV as high as 13,000 h−1 with low
emission characteristics – outlet concentrations of CH4 < 10 ppm,
CO < 10 ppm, NOx ≤ 2 ppm.

A combined catalyst package including a 40 mm layer of an
active palladium–ceria catalyst located at the CCC entrance before
the main catalyst layer was shown to be efficient for natural gas
combustion with similar emission characteristics and low inlet
temperature 470 ◦C. This additional catalyst layer provides for the
initial methane conversion and temperature increase before the
main catalyst bed.
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Synthesis of alumina-supported uranium oxide catalysts and their characterization in methane oxidation
have been performed. The catalysts containing 5% U were prepared by impregnation, solid-phase synthe-
sis and mechanical mixing techniques. Samples were studied using BET, XRD, HRTEM and XPS methods.
eywords:
ranium oxides
anoparticles
ranyl nitrate
upported catalyst
PS

It was shown that physicochemical properties and activity of the catalysts depend on the preparation
procedure and calcination temperature and are determined by the extent of the interaction between
active component and support. Most active are the catalysts prepared by impregnation of alumina with
an aqueous solution of uranyl nitrate. It was found that the 5%U/Al2O3 catalyst calcined at 1000 ◦C has
the highest catalytic activity, and it is explained by the formation of highly active nanodispersed state of

f the
RTEM
ethane oxidation

uranium on the surface o

. Introduction

Uranium oxides are rather attractive for catalysis as their sto-
chiometry can be varied in a wide range, and valence state of
ranium can be changed depending on temperature and oxygen
o uranium ratio (O/U) [1,2]. G.J. Hutchings showed that uranium
xide catalysts are active at low temperatures in the reactions of
eep oxidation of hydrocarbons, in particular chlorine-containing
nes, and resistant to such catalytic poisons as sulfur, water and
alogens [3,4]. Uranium oxide catalysts are successfully employed

n partial oxidation processes [5,6]. Mixed Ni–U oxide compositions
re efficient in methane conversion to syngas [7,8]. Our analysis
ver the last years revealed more than 70 patents which show
hat many industrial processes can be efficiently performed with
pplication of uranium oxide catalysts [9]. Earlier we prepared
ariety of bulk uranium oxide catalysts by precipitation and ther-
al decomposition of uranyl salts (nitrate, acetate and oxalate)

nd studied their physicochemical and catalytic properties in rela-
ion to the nature of a precursor and preparation procedure [10].

e have shown that uranium oxides obtained by precipitation of
Please cite this article in press as: Z.R. Ismagilov, et al., Characterization o
Catal. Today (2010), doi:10.1016/j.cattod.2010.02.020

ranyl nitrate and by direct thermal decomposition of the salt dif-
er in their porous structure, morphology, phase composition and
ctivity in TPR with hydrogen and complete oxidation of butane.
ollected experience with bulk uranium oxides having low specific

∗ Corresponding author. Tel.: +7 383 3306219; fax: +7 383 3306219.
E-mail address: zri@catalysis.ru (Z.R. Ismagilov).

920-5861/$ – see front matter © 2010 Elsevier B.V. All rights reserved.
oi:10.1016/j.cattod.2010.02.020
support.
© 2010 Elsevier B.V. All rights reserved.

surface area stimulated us to synthesize and study uranium cata-
lysts on supports with high surface area, aiming at their prospective
advanced performance.

This paper is focused on the preparation and study of supported
catalysts—uranium oxide on alumina containing 5 wt% U.

Samples were studied using BET, XRD, HRTEM and XPS methods
to reveal information on the interaction between active component
and support and to establish the dependences of physicochemical
properties and activity of the catalysts on the preparation proce-
dure and calcination temperature.

2. Experimental

Three techniques were used for the preparation of uranium
oxide catalysts supported on �-Al2O3 and containing 5 wt% U:

(1) Impregnated catalysts were prepared via incipient wet-
ness impregnation of support with aqueous solutions of
uranyl nitrate UO2(NO3)2·6H2O. Spherical �-Al2O3 (grain size
0.5–1.0 mm or 1.0–1.6 mm) was obtained by the method
reported elsewhere [11]. After impregnation, the samples were
dried at 100 ◦C and then calcined at 500, 600 or 900 ◦C for 4 h
and at 1000 or 1100 ◦C for 3 h. One of the samples was calcined
f alumina-supported uranium oxide catalysts in methane oxidation,

at 1000 ◦C for 18 h.
(2) Solid-phase catalysts containing 5 wt% U were prepared by mix-

ing UO3 with the �-Al2O3 support powder [11]. The UO3 powder
was obtained by precipitation from aqueous solution of uranyl
nitrate with 25% aqueous ammonia and subsequent calcination

dx.doi.org/10.1016/j.cattod.2010.02.020
http://www.sciencedirect.com/science/journal/09205861
http://www.elsevier.com/locate/cattod
mailto:zri@catalysis.ru
dx.doi.org/10.1016/j.cattod.2010.02.020
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of the sediment at 500 ◦C [10]. A mixture of the powders was
pounded in an agate mortar for 10 min, and then the resulting
powder was pressed into pellets and calcined at 500, 600 or
900 ◦C for 4 h and at 1000 ◦C for 3 h. A 0.5–1.0 mm fraction was
used for the determination of specific surface area and catalytic
activity.

3) Mixed catalysts were prepared by intensive mixing of the �-
Al2O3 powder preliminarily calcined at 500, 600, 900 or 1000 ◦C,
with uranium oxide powders obtained by precipitation from
aqueous solution of uranyl nitrate with 25% aqueous ammonia
and calcined at 500, 600, 900 or 1000 ◦C corresponding to the
alumina calcination temperatures. Two powders of the same
calcination temperature were mixed and pressed into pellets. A
0.5–1.0 mm fraction was used for the determination of specific
surface area and catalytic activity.

pecific surface area of the catalysts (SBET, m2/g) was determined
y thermal desorption of argon using a SORBIN.4.1 instrument.

XRD analysis of the samples was made in a HZG-4C (Freiberger
razisionsmechanik) diffractometer with monochromatic cobalt
adiation in the 2� angle range of 20–80◦ at a scan rate of 1◦/min.
hases were identified using the JCPDS database. The content of
3O8 phase in the catalyst samples was found from the calibration
lots obtained for mechanical mixtures of Al2O3 and U3O8 pow-
ers, each of them being calcined at a temperature corresponding
o the studied catalyst calcination temperature.

Mean particle size was evaluated by Sherrer equation:

= n × �

ˇ × cos �

here D is coherence diffraction area size, � is radiation wave
ength, � is diffraction angle; ˇ is line broadening on diffraction
icture, n is coefficient dependent on particle size.

The high-resolution transmission electron microscopy (HRTEM)
tudy was performed in a JEM-2010 electron microscope (accel-
rating voltage 200 kV, resolution 1.4 Å). Energy Dispersive X-ray
nalysis (EDX) of the samples element composition was carried out
sing a Phoenix EDAX spectrometer with Si(Li) detector, energy res-
lution not exceeding 130 eV, and diameter of the electron probe
p to 100 Å. The composition is expressed as atomic percent of Al
nd U calculated from the signal intensity ratio AlK:UM. Diameter
f the analyzed region was up to ca. 100 Å, detection sensitivity for
eavy atoms was ca. 0.1 at.%. Catalyst particles were deposited on
holey carbon film supported on a copper grid.

The X-ray photoelectron spectroscopy (XPS) study was carried
ut with an ES-300 (KRATOS Analytical) photoelectron spectrom-
ter at constant analyzer pass energy. The X-ray tube equipped
ith two anodes, Mg and Al, served as a source of photons. The
orking regime of the X-ray tube operation was as follows: the

node potential 15 kV and emission current 13 mA. The energy scale
as calibrated against the binding energies of Au4f7/2 and Cu2p3/2,
hich were equal to 84.0 and 932.7 eV, respectively. The qualitative

nalysis was made using a survey scan with high sensitivity.
Experiments on temperature-programmed reduction with

ydrogen (TPR) were carried out in a flow reactor loaded with ca.
00 mg of the catalyst under study. The reaction mixture consisting
f hydrogen (10 vol.%) and argon was fed into the reactor. Temper-
ture was raised from 40 to 900 ◦C at a rate of 10 ◦C/min. Activity of
atalysts supported on �-Al2O3 was tested in the reaction of deep
Please cite this article in press as: Z.R. Ismagilov, et al., Characterization o
Catal. Today (2010), doi:10.1016/j.cattod.2010.02.020

xidation of methane in a flow tubular quartz reactor under varia-
ion of the reactor temperature from 200 to 500 ◦C. Catalyst loading
as 1 cm3. The initial reaction mixture containing 1 vol.% CH4 in air
as fed into the reactor at GHSV equal to 1000 h−1. Composition

f the reaction mixture before and after the reactor was analyzed
sing gas chromatographic analysis.
 PRESS
oday xxx (2010) xxx–xxx

3. Results and discussion

Specific surface area (SBET) and phase composition of the cata-
lysts prepared by different techniques and containing 5% U on Al2O3
are presented in Table 1.

Phase composition of uranium oxides in the solid-phase cata-
lyst at respective calcination temperatures is similar to that in the
mixed catalyst. In the samples calcined at low temperature (500 ◦C)
the active component consists of �-UO3 phase, which transforms to
�-U3O8 during calcination at a higher temperature (600–1000 ◦C).
In case of impregnated catalysts the uranium oxide phase U3O8
appears in the diffraction pattern only after calcining at 1000 ◦C.
The absence of uranium oxide phases in the diffraction pattern of
impregnated samples calcined at temperatures below 1000 ◦C can
be attributed either to high dispersion of uranium oxides, which
does not allow the XRD identification of the phase, or to the for-
mation of an interaction phase, which is also not identified by XRD.
In the case of existence of the interaction phase, it can be destruc-
ted at the rise of the calcination temperature with high-dispersed
oxides formation. The active component is sintered to roughly dis-
persed particles with a size more than 400 Å at an increase of the
calcination temperature up to 1100 ◦C or an increase of calcina-
tion duration at 1000 ◦C. The amount of observable coarse U3O8
phase, as determined by XRD analysis from the calibration plots
of the prepared mixtures, varies with the type of catalyst cal-
cined at 1000 ◦C: in the impregnated catalyst, the amount of this
phase constitutes 20%; in the solid-phase catalyst 30%; and in the
mixed catalyst it attains 100% of the actually introduced uranium
amount.

Easier polymorphous transformation of impregnated catalyst
support (�-Al2O3 → �-Al2O3) and the faster dynamics of specific
surface area decrease in comparison with solid-phase and mixed
samples are other factors that indirectly point to the existence
of the interaction phase. This behavior of the impregnated cata-
lysts at the rise of the calcination temperature is similar to that of
aluminum–manganese catalysts. Previous study [12] of a genesis
of aluminum–manganese catalysts calcined at temperatures up to
1100 ◦C established that their activity in the hydrocarbon oxidation
reactions sharply increased after calcination at 900–1000 ◦C. The
thermal activation of the catalyst is explained by destruction of a
manganese ions solid solution in the structure of alumina at these
temperatures with the formation of corundum and emergence of
X-ray amorphous highly dispersed manganese oxide clusters on
the support surface.

The HRTEM study of impregnated 5%U/Al2O3 catalysts showed
different states of uranium on the surface of Al2O3 support for the
samples calcined at different temperatures.

According to Fig. 1a, morphology of the sample calcined at
600 ◦C is represented by �-Al2O3 acicular particles with the typ-
ical size 50 Å × 500 Å. In HRTEM images one can see the interplanar
distances, dn: 4.5, 2.8, 2.4 Å, etc. corresponding to the �-Al2O3
lattice. The structure of this phase has some defects: numerous
interblock boundaries and a stepwise relief of the crystal surface.
Phase transition �-Al2O3 → �-Al2O3 (see Table 1), which occurred
after calcining the catalyst up to 1000 ◦C, resulted in considerable
changes of the support morphology. The nascent �-Al2O3 particles
have a more isometric shape and sizes of 300 Å × 1000 Å (Fig. 1b).
HRTEM images show the lattice planes with interplanar distances
4.5 and 5.4 Å corresponding to �-Al2O3 [13,14]. The structure of
these particles is less defective compared to �-Al2O3, although sur-
face steps are also observed here.
f alumina-supported uranium oxide catalysts in methane oxidation,

Uranium oxide particles were not detected by HRTEM in
the aggregates of catalyst particles calcined at 600 and 1000 ◦C.
Although XRD data indicate the presence of uranium oxide phase
in the sample calcined at 1000 ◦C (Table 1), its amount is low and
this phase is not seen in HRTEM images.

dx.doi.org/10.1016/j.cattod.2010.02.020
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Table 1
Phase composition and specific surface area of 5%U-Al2O3 catalysts prepared by impregnation, solid-phase synthesis and mixing.

Catalysts Tcalc, ◦C Phase composition Specific surface area, m2/g

Impregnated 500 �-Al2O3 160
600 �-Al2O3 167
900 �- and �-Al2O3 78
1000 �-Al2O3 40

�-U3O8

The presence of �-UO3.01 or �-UO2.92 is possible
1000 �-Al2O3 32
18 h Trace amounts of �-Al2O3

�-U3O8 with particle size exceeding 400 Å
1100 �-Al2O3 33

Trace amounts of �-Al2O3

�-U3O8

The presence of �-UO3.01 or �-UO2.92 is possible

Solid-phase 500 �-Al2O3 156
�-UO3 with particle size exceeding 400 Å

600 �-Al2O3 140
Trace amounts of �-UO3 with particle size exceeding 400 Å
�-U3O8 with particle size exceeding 400 Å

900 �+�-Al2O3 95
�-U3O8 with particle size exceeding 400 Å

1000 �+�-Al2O3 70
�-U3O8 with particle size exceeding 400 Å

Mixed 500 �-Al2O3 156
�-UO3 with particle size exceeding 400 Å

600 �-Al2O3 163
�-U3O8 with particle size exceeding 500 Å

e size

e size

t
(
D
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900 �+�-Al2O3

�-U3O8 with particl
1000 �+�-Al2O3

�-U3O8 with particl

Nevertheless, a noticeable signal of U is present in the EDX spec-
ra obtained from individual �-Al2O3 (600 ◦C) and �-Al2O3 particles
1000 ◦C), the amount of U in atomic ratio to Al comprising 3–5%.
ark contrasting points on the surface of alumina particles are
bserved in HRTEM images for the samples calcined at 600 and
000 ◦C (Fig. 1a and b). Note that in the images of pure alumina
without uranium) this effect is not observed, hence the contrast-
ng dark points are related to electron scattering on heavy U atoms
hat decorate the aluminum oxide particles. In combination with
DX data, this gives ground to conclude that in these cases ura-
ium is in the ultimately dispersed-ionic state on the surface or

ncorporated into alumina particles.
Please cite this article in press as: Z.R. Ismagilov, et al., Characterization o
Catal. Today (2010), doi:10.1016/j.cattod.2010.02.020

The HRTEM study of the impregnated 5%U/Al2O3 catalyst
evealed also an unusual behavior of �-Al2O3 and �-Al2O3 supports
ontaining the surface U ions. Radiation-thermal effect of high-
ntensity electron beam changes the morphology of Al2O3 particles.
lectron beam appears to create hollow regions in alumina parti-

ig. 1. HRTEM images of catalyst 5%U-Al2O3 prepared by impregnation calcined at: (a) 6
ormed at the site of focusing an electron beam when taking the EDX spectrum, black ar
ith emerging spherical bumps.
104
exceeding 500 Å

75
exceeding 500 Å

cles (shown by white arrows in Fig. 1a). At the same time spherical
bumps (up to 50 Å in size) emerge nearby on the surface (shown
by black arrows in Fig. 1a). The high energy of electron beam also
causes phase transformation of some of alumina, because the EDX
study shows the presence of �-Al2O3 or �-Al2O3 in the formed
bumps, as opposed to the rest of the particle represented by �-
Al2O3. The similar phenomenon was found for the uranium catalyst
supported on �-Al2O3 (see Fig. 1b) with the exception that the same
high-temperature �-modification of alumina was observed both on
the original particle surface and the formed bumps.

Such changes are not observed in the case of Al2O3 support with-
out uranium, although electron beam has the same intensity. In this
f alumina-supported uranium oxide catalysts in methane oxidation,

work we did not investigate in detail the observed phenomenon;
however, it is evident that the enhanced rearrangement of sup-
port material initiated by electron beam is caused primarily by the
presence of U ions in the crystal lattice of alumina. It is not improb-
able that U ions penetrate into the lattice, filling the vacant cationic

00 ◦C; (b) 800 ◦C; (c) 1100 ◦C; in (a) and (b), a white arrow shows a hollow region
rows show areas of the Al2O3 surface changed under the action of electron beam

dx.doi.org/10.1016/j.cattod.2010.02.020
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ig. 2. Decomposition of XPS spectra of U4f into individual doublets after approxim
%U/Al2O3 catalysts calcined for 3 h at 600 ◦C, 1000 ◦C and 1100 ◦C.

ositions in �-Al2O3 or substituting for aluminum ions in �-Al2O3,
hich destabilizes the crystal lattice of alumina and increases the
iffusive mass transfer.

It is worth to note that such modification of support may under-
ie the observed effect of decreasing temperature of polymorphous
hase transitions of alumina in the catalysts being studied.

At the next calcination temperature of the samples 1100 ◦C,
ccording to HRTEM data the support comprises not only �-Al2O3
articles, but also spherical �-Al2O3 particles of size 500–1000 Å

ndicated by arrows on the left in Fig. 1c. Hollow regions also do not
orm in �-Al2O3 crystals subjected to the action of electron beam.
he uranium oxide is present in this sample as coarse particles of
-U3O8 indicated by an arrow on the right in Fig. 1c, with the size

anging from 200 nm to 2–3 �m. HRTEM images did not show the
resence of U ions on the surface of alumina particles. Thus, cal-
ination at 1100 ◦C leads to abrupt transition of U from ionic state
n alumina (�-Al2O3) to the state of macrocrystalline oxide phases,
ith the �-U3O8 species being predominant (Table 1).

XPS data for the impregnated 5%U/Al2O3 catalyst calcined at
ifferent temperatures are given in Fig. 2 and Table 2. As calcina-
ion temperature is raised from 600 to 1000 ◦C, intensity of U4f
ines strongly increases, decreasing upon further heat treatment
t 1100 ◦C (Table 2). This indicates a sharp increase of the sur-
ace uranium concentration that occurs at elevation of calcination
emperature to 1000 ◦C, which is basically related to dispersion
f uranium oxide. Further elevation of calcination temperature to
100 ◦C results, on the contrary, in sintering of the active compo-
ent.

Comparing our U4f spectra with literature data [15], one can see
hat although these spectra are more diffused, they are quite sim-
Please cite this article in press as: Z.R. Ismagilov, et al., Characterization o
Catal. Today (2010), doi:10.1016/j.cattod.2010.02.020

lar to that of a binary UO2 oxide with strongly defected structure
O2−x. The contribution of metallic uranium is absent. A peak at
98-400 eV is a satellite. More detailed analysis of presented differ-
nt states of uranium, in particular U6+, requires fitting of spectra
o individual components (Fig. 2).

able 2
PS data for samples of the impregnated 5%U/Al2O3 catalyst calcined at different temper

5%U/Al2O3 sample Binding energy of U4f7/2, eV

UIV UVI UIV UVI

600 ◦C 380.3 382.0 385.1 388.1
1000 ◦C 380.9 382.6 385.0 388.5
1100 ◦C 380.8 382.4 385.1 388.3
of inelastic electrons scattering using the Shirley-type background for impregnated

Approximation of the spectra depicted in Fig. 2 was carried out
in accordance with the literature data reported in [16]. In contrast
to that work where only one component of spin-orbit doublet was
described, we approximated full region of U4f. To get a satisfac-
tory description of the entire experimental spectra in full region
we had to initialize two doublets to describe valence states 4
and 6 of uranium atoms (doublets with Eb(U4f7/2) = 380.3–380.9 eV
and 382.0–382.6 eV, respectively) and additional satellite struc-
ture in the form of two doublets with Eb(U4f7/2) ∼385 eV and
∼388.5 eV. According to recent publications on uranium oxides
mixtures, the positions of U4f7/2 component are at 380.7 and
382 eV for U4f(4+) and U4f(6+), respectively [16]. The experimen-
tal values obtained in our work coincide well with these literature
data.

According to curve fitting (Fig. 2) and the data in Table 2, the
contribution of U4+ and U6+ is different for these samples and the
temperature dependence of the ratio of low oxidation state (U4+) to
high oxidation state (U6+) follows the total uranium concentration
in the surface layer.

Fig. 3 shows hydrogen TPR data obtained for the catalysts. The
TPR curves for impregnated catalyst, characterizing the ability of
samples to be reduced by hydrogen as a function of calcination
temperature, strongly differ from the TPR curves for solid-phase
and mixed catalysts. As the calcination temperature of impreg-
nated catalysts increases, hydrogen consumption peaks shift to the
low-temperature region (Fig. 3a), thus indicating the appearance
of more reactive species of the active component. We attribute the
thermal activation effect of impregnated catalysts to an increase
of dispersion at raising the calcination temperature from 600 to
1000 ◦C and its decrease at 1100 ◦C, as it was shown previously. An
f alumina-supported uranium oxide catalysts in methane oxidation,

additional effect may occur because the amount of U4+ in the sam-
ple calcined at 1000 ◦C is higher (according to XPS data) compared
to the samples calcined at 600 and 1100 ◦C. During the long-term
(18 h) calcining of the catalyst at 1000 ◦C its reactivity decreases due
to sintering; TPR peak of this sample shifts to the high-temperature

atures.

Area of the doublet UIV/UVI Ratio of surface
concentrations

S (UIV) S (UVI) U/Al

6462 2778 2.33 0.007
35322 9272 3.81 0.040
19350 7025 2.75 0.029

dx.doi.org/10.1016/j.cattod.2010.02.020
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ig. 3. TPR curves of 5%U-Al2O3 catalysts synthesized by various techniques and calc
3) 900 ◦C; (4) 1000 ◦C; (5) 1000 ◦C for 18 h; (b) solid-phase catalyst calcined at (1)
00 ◦C; (3) 900 ◦C; (4) 1000 ◦C.

egion with respect to the TPR peak of sample calcined at the same
emperature for 3 h.
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Behavior of the solid-phase catalysts in the TPR reaction is
imilar to that of mixed catalysts (Fig. 3b and c). As calcination
emperature of these samples increases, TPR peaks shift to the
igh-temperature region, which is quite expectable and caused
y decreasing dispersion of uranium oxide particles that compose

ig. 4. Temperature dependences of methane conversion on 5%U-Al2O3 catalysts prepare
atalyst calcined at (�) 600 ◦C; (©) 900 ◦C; (�) 1000 ◦C for 3 h; (♦) 1000 ◦C for 18 h; (b) s
ixed catalyst calcined at (×) 500 ◦C; (�) 600 ◦C; (©) 900 ◦C; (�) 1000 ◦C.
t different temperatures: (a) impregnated catalyst calcined at (1) 500 ◦C; (2) 600 ◦C;
C; (2) 600 ◦C; (3) 900 ◦C; (4) 1000 ◦C; (c) mixed catalyst calcined at (1) 500 ◦C; (2)

these samples. However, when calcination is performed at 900 and
especially at 1000 ◦C, effect of support shows up in the solid-phase
f alumina-supported uranium oxide catalysts in methane oxidation,

samples: they are reduced at lower temperatures (some analogy
with impregnated catalysts) as compared to the samples of mixed
catalysts calcined at respective temperatures. Unlike the impreg-
nated catalyst, whose samples are reduced by hydrogen in a wide
range of temperatures with the peak maxima varying from 280

d by different techniques and calcined at different temperatures: (a) impregnated
olid-phase catalyst calcined at (×) 500 ◦C; (�) 600 ◦C; (©) 900 ◦C; (�) 1000 ◦C; (c)
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o 450 ◦C in dependence on calcination temperature, all samples of
he solid-phase catalyst are reduced in a narrow temperature range
ith the peak maxima at 550–580 ◦C.

The indicated differences in the 5%U-Al2O3 catalyst activity in
PR manifest themselves also in the experimental data on catalytic
ctivity in deep oxidation of methane presented in Fig. 4. The effect
f impregnated catalyst thermal activation in TPR is observed also
n the reaction of methane oxidation (Fig. 4a). Activity of the cat-
lysts increases when calcination temperature is raised from 600
o 1000 ◦C. Calcination at 1100 ◦C as well as a long-term calcina-
ion at 1000 ◦C results in sintering of the active component phase,
eading to a decrease of the catalytic activity. Samples of the solid-
hase catalyst, irrespective of calcination temperature, show very
lose activity in methane oxidation (Fig. 4b), which resembles the
ehavior of these samples in the TPR reaction. The activity of mixed
atalysts is dependent on the calcination temperature, and the cat-
lysts calcined at low temperature are more active in methane
xidation (Fig. 4c).

Thus, properties of the catalysts prepared by different tech-
iques were found to depend on the preparation procedure and
re determined by different extent of the interaction between
ctive component and support. This interaction is evidently absent
n the mixed catalyst, the catalyst properties being determined
y the properties of individual components of oxides mixture.
he impregnated catalyst shows a pronounced mutual effect of
ranium compounds and alumina. Probably, an interaction phase
etween active component and support is formed, where uranium

s mostly in the highly dispersed ionic state. As the calcination
emperature increases to 1000 ◦C, the interaction phase is destruc-
ed to form high dispersed and reactive uranium oxides. During a
ong-term calcination at 1000 ◦C or after calcination at 1100 ◦C the
igh-dispersed species are sintered. Ultimately, the catalyst activ-

ty is determined by a ratio of phases composing the catalyst: the
nteraction phase, fine and coarse uranium oxides.

. Conclusions

The effects of preparation procedure and heat treatment on
hysicochemical properties of supported uranium oxide catalysts
nd their catalytic activity in deep oxidation of methane have been
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tudied.
It was found that properties of the catalysts prepared by var-

ous techniques depend on the preparation procedure and are
etermined by different extent of the interaction between active
omponent and support. In the mixed catalysts this interaction is
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evidently absent, and catalytic properties are determined by the
properties of individual components of the mixture. In the impreg-
nated catalyst, as compared with solid-phase and mixed catalysts,
mutual effect of uranium compounds and alumina is quite pro-
nounced: at the rise of calcination temperature there occur intense
sintering of the porous structure, substantial decrease of specific
surface area and transition of �-Al2O3 to the high-temperature
modification �-Al2O3. In the solid-phase catalyst, mutual effect of
uranium and aluminum oxides shows up to a smaller extent com-
pared to the impregnated catalyst.

The study of the catalytic activity shows that the catalysts pre-
pared by the impregnation method are more active. It was found
that the optimum calcination temperature to obtain the most effi-
cient 5%U/Al2O3 catalyst was 1000 ◦C. The high activity of this
catalyst is explained by the formation of highly active nanodis-
persed state of uranium on the support surface.

HRTEM and XPS study confirmed the formation of highly dis-
persed state of uranium on the support surface upon elevation of
calcination temperature of the impregnated catalyst to 1000 ◦C, and
sintering of the active component when the catalyst is calcined at
a higher temperature (1100 ◦C).

It is concluded that the catalytic activity of 5%U/Al2O3 cata-
lysts is determined by a ratio of phases composing the catalyst:
the interaction phase, fine and coarse uranium oxides.
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Detoxication of water containing 1,1-dimethylhydrazine by
catalytic oxidation with dioxygen and hydrogen peroxide

over Cu- and Fe-containing catalysts
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Mikhail A. Kerzhentsev, Valentin N. Parmon

Boreskov Institute of Catalysis, Prosp. Akad. Lavrentieva 5, Novosibirsk 630090, Russia

Abstract

A number of Cu- and Fe-hydroxide containing catalysts, supported on oxide carriers, were prepared to provide the removal
of 1,1-dimethylhydrazine from aqueous solutions via its oxidation by hydrogen peroxide and air oxygen. The Cu-containing
samples as well as Fe/ZSM-5 are the most active catalysts in this reaction. The reaction products were analyzed by gas
chromatography and UV–Vis spectroscopy. The effect of nature of the oxidizer and catalyst, pH and temperature on both the
reaction rate and product composition was studied. © 2002 Elsevier Science B.V. All rights reserved.

Keywords:1,1-Dimethylhydrazine; Hydrogen peroxide; Catalyst; Oxidation; Wastewater treatment

1. Introduction

For the last decade, neutralization of highly toxic
propellants in waste waters and spills has become
a problem of great concern. 1,1-Dimethylhydrazine
(unsymmetrical dimethylhydrazine, UDMH), which
is the main propellant for space rockets and mis-
siles, is a highly toxic substance whose maximum
allowable concentration in water is 0.01 ppm. Unfor-
tunately, to date there were no methods providing
an efficient removal of UDMH from diluted aqueous
solutions. At the UDMH detoxication via direct ox-
idation with Cl-containing oxidants, radiolysis, etc.,
the main problem is a lot of parallel oxidation pro-
cesses, involving participation of free radicals. This
results in the transformation of ca. 10% of UDMH

∗ Corresponding author. Tel.:+7-3832-342563;
fax: +7-3832-343056.
E-mail address:oxanap@catalysis.nsk.su (O.P. Pestunova).

into 1,1-dimethylnitrosoamine (DMNA). The latter is
more stable and toxic than UDMH.

In our recent works we proposed to use Cu, Fe, Mn
and Co hydroxides of transition metals as catalysts for
oxidation of UDMH with air oxygen [1,2] and hydro-
gen peroxide [3] in aqueous solutions. In the present
study we investigated more closely the influence of
both the oxidant and catalyst nature, as well as of
reaction pH (7–11) and temperature (298–348 K) on
the rate of UDMH oxidation and yields of the main
products.

2. Experimental

2.1. Catalyst preparation

In this study, Cu- and Fe-hydroxide compounds sup-
ported on SiO2, TiO2, Al2O3 or NaX, NaA and ZSM-5
zeolites as well as bulk iron oxide�-Fe2O3 were used
as catalysts. The active metal content was not higher
than 2 wt.% for supported catalysts.

0920-5861/02/$ – see front matter © 2002 Elsevier Science B.V. All rights reserved.
PII: S0920-5861(02)00072-X
                                                                          256  
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We used commercial SiO2 (SBET = 300 m2 g−1),
TiO2 (10 m2 g−1) and zeolites NaX (600 m2 g−1),
NaA (400 m2 g−1) and ZSM-5 (280 m2 g−1). �-Al2O3
(SBET = 10 m2 g−1) and�-Al2O3 (230 m2 g−1) were
prepared at the Boreskov Institute of Catalysis [4]. To
prepare the supported catalysts, NaOH was added to
suspension of a carrier in aqueous solutions of either
nitrate or chloride of the active metal. After that the
suspension was vigorously stirred to attain pH 7–8
[5,6]. The procedure provides the rapid quantitative
deposition of hydroxide on the support. The catalyst
was dried and calcinated at 573 K.�-Fe2O3 was pre-
pared from commercial Fe3O4 by heating at 573 K in
air for 4 h [7].

2.2. Catalysts testing

UDMH was oxidized in a batch reactor with a reflux
condenser at atmospheric pressure, various pH and
temperatures ranging from 298 to 323 K. The solu-
tions to be oxidized contained 1.5 wt.% (0.25 mol l−1)
of UDMH. Hydrogen peroxide in concentration
ranging from 1.6 to 6.8 wt.% (0.5–1 mol l−1) or air
oxygen were used as the oxidizers. A known reac-
tion between UDMH and formaldehyde was used for
the spectrophotometric analysis of UDMH [1]. The
final solutions were analyzed with a Kristall-2000M
gas–liquid chromatograph (Russia) equipped with a
flame ionization detector and a stainless steel column
1.5 m × 2 mm with Hayesep C modified with 1%
KOH. To monitor the reaction products by absorption
in the UV–Vis region, a Shimadzu UV-300 (Japan)
spectrometer was used. The absorption bands were
identified basing on data from literature sources. Also
a number of probable products were prepared and
their spectra were recorded.

The concentrations of Cu and Fe in solution after
reaction were determined using standard spectropho-
tometric methods with biquinoline and phenantroline
[8], respectively.

3. Results and discussion

3.1. The influence of the reaction conditions
on the rate and selectivity of the UDMH oxidation

Table 1 presents the half-time of the UDMH con-
version in the presence of different catalysts. The

half-times of the UDMH oxidation without catalysts
are more than 24 h if air is used as the oxidizer and
about 600 min if hydrogen peroxide is used. Thus
all tested catalysts are active at the oxidation of
1,1-dimethylhydrazine with oxygen and hydrogen
peroxide, but their activities are different. Note that
the reaction rate is much lower if air is used as the oxi-
dizer (compare nos. 1 and 2, and 9 and 10). According
to Table 1, the sample 2% Cu/SiO2 (nos. 1 and 2) is
the most active catalyst, and all other Cu-containing
catalysts have nearly the same activity. In contrast to
the Cu-containing catalysts, the Fe-based catalysts are
less active. However, the Fe-based catalysts are more
environmentally benign. The Fe-containing catalysts
based on ZSM-5 and NaA (Table 1, nos. 14–16) ex-
hibit the highest activity. The initial zeolite ZSM-5
contains 0.55 wt.% of iron and it is also active in the
UDMH oxidation. It should be noted that the bulk
iron oxide�-Fe2O3 is less active than the supported
iron catalysts, though the concentration of the active
component in it is much higher (Table 1, no. 11).

The active metal leaching measured at basic pH is
negligible—less than 0.5%. As pH is raised to 7, iron
leaching remains insignificant, while that of copper
increases up to 30%. Therefore, it can be concluded
that the contribution of homogeneous catalysis is neg-
ligible when Fe-containing catalysts are used, but it is
possible with Cu-containing catalysts at pH 7.

Undoubtedly, the support essentially affects the cat-
alyst activity. However, its influence is not directly re-
lated to the support surface area. Thus, the catalysts
based on�-Al2O3 and�-Al2O3 (nos. 3, 4 and 12, 13)
have almost equal activity, in spite of a great difference
in their surface areasSBET (10 and 230 m2 g−1, respec-
tively). On the other hand, the catalysts 2% Fe/ZSM-5
and 2% Fe/SiO2 have approximately equal specific
surface areas of supports but they essentially differ in
their catalytic activity.

Table 1 suggests that pH of the UDMH solutions
does not significantly affect the rate of the UDMH
oxidation and influences mostly the amount and
composition of the oxidation products. The compo-
sition and yields of the intermediate reaction prod-
ucts, which are detected by UV–Vis spectroscopy,
depend significantly on pH. Fig. 1 shows the evo-
lution of UV–Vis spectra of the UDMH solutions
during the oxidation with H2O2. Thus, in the neu-
tral medium, formaldehyde 1,1-dimethylhydrazone
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Table 1
Half-times of the 1,1-dimethylhydrazine decomposition (τ1/2) in the presence of various catalystsa

No. Catalysts Oxidizer pH Catalyst load (g) τ1/2 (min)

1 2% Cu/SiO2 Air 7 0.5 81
Air 9 0.5 88

2 2% Cu/SiO2 H2O2 7 0.25 1
H2O2 9 0.25 1

3 2% Cu/�-Al2O3 H2O2 7 0.25 4
4 2% Cu/�-Al2O3 H2O2 7 0.25 2
5 2% Cu/TiO2 H2O2 7 0.25 4
6 2% Cu/zeolite (NaA) H2O2 7 0.25 4
7 2% Cu/zeolite (NaX) H2O2 7 0.25 6
8 1% Cu/zeolite (ZSM-5b) H2O2 7 0.25 4
9 2% Fe/SiO2 Air 7 1.5 110

Air 9 1.5 >300
10 2% Fe/SiO2 H2O2 7 1 120

H2O2 9 1 28
11 �-Fe2O3 H2O2 7 1 38

H2O2 9 1 25
12 2% Fe/�-Al2O3 H2O2 9 1 31
13 2% Fe/�-Al2O3 H2O2 7 1 25

H2O2 9 1 24
14 2% Fe/ZSM-5b H2O2 7 1 3

H2O2 9 1 6
15 1% Fe/ZSM-5b H2O2 9 1 3
16 2% Fe/NaA H2O2 7 1 6

H2O2 9 1 16
17 ZSM-5b H2O2 9 1 5

a Reaction conditions:T = 297 K; [UDMH] = 0.25 mol l−1; [H2O2] = 0.4 mol l−1.
b Zeolite ZSM-5 contains 0.55 wt.% of iron.

and sym-tetrazine were the intermediate products
(Fig. 1, curve a), with absorption bands at 235 and
500 nm, respectively. The intensity of these absorp-
tion bands increases initially during the reaction and
then decrease. The spectrum of the final solution
exhibits only the absorption band of the cation of
1,1,5,5-tetramethylformazanium (360 nm) (Fig. 1,
curve b). For pH 9–11, the following intermediate
products are observed: formaldehyde monomethyl-
hydrazone (235 nm), 1,1,4,4-tetramethyltetrazene
(280 nm), sym-tetrazine (500 nm) (Fig. 1, curve c).
At the reaction completion, the absorption bands
of 1,1,5-trimethylformazane (320 nm) and DMNA
(230 nm) are observed (Fig. 1, curve d). If oxy-
gen provides the oxidation at ambient tempera-
ture, the evolution of the spectra is approximately
the same, but at pH 7 the yield of the cation of
1,1,5,5-tetramethylformazane (360 nm) is smaller,
and sym-tetrazine (500 nm) is not observed.

Table 2 presents the yields of the main final prod-
ucts of the UDMH oxidation detected by gas chro-
matography for a number of catalysts under different
reaction conditions. At 348 K, the rate of the UDMH
oxidation with hydrogen peroxide is rather high even
in the absence of a catalyst. In this case, more than 10
products are simultaneously formed irrespective of the
solution pH. DMNA and dimethylformamide (DMFA)
are the main products (see Table 2; nos. 1 and 2). For
pH 9–11, the catalytic oxidation with oxygen and hy-
drogen peroxide yields 10–15% of DMNA (Table 2;
nos. 4, 6 and 11).

If the catalytic oxidation with hydrogen peroxide is
performed at pH 7 and lower, the yields of DMNA are
from 0.1 to 3% (Table 2). At ambient temperature, the
main product is the 1,1,5,5-tetramethylformazanium
cation (∼20–30%), which is not toxic (Table 2; nos.
5, 8 and 12). At 348 K, the yield of the tetramethyl-
formazanium cation significantly decreases while the
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Fig. 1. Time evolution of the UV–Vis absorption spectra of the UDMH solutions during the oxidation with H2O2. Catalyst: 0.2 g 2%
Cu/SiO2; [UDMH] = 0.25 mol l−1; [H2O2] = 1 mol l−1. The spectra are recorded at the 100-fold dilution, optical length= 1 cm. (a) pH
7, 1 min; (b) pH 7, 60 min; (c) pH 9, 1 min; (d) pH 9, 60 min.

yield of methanol increases (Table 2, nos. 3 and 10).
For the ZSM-5 based catalysts, the final solution con-
tains less amount of the reaction products (Table 2,
nos. 8 and 13). That can be probably associated with
the higher activity of these catalysts in comparison

Table 2
The main products of the UDMH oxidation without catalysts and in the presence of the Cu- and Fe-containing catalysts

No. Catalyst Oxidizer T (K) pH Products yield (%)

CH3OH DMNAa DMFAa F+ or F0b

1 None H2O2 348 7 16 4 4 6
2 None H2O2 348 9 7 13 3 4
3 2% Cu/SiO2 H2O2 348 7 10 0.7 2 0.4
4 2% Cu/SiO2 H2O2 348 9 3 13 6 0.1
5 2% Cu/SiO2 H2O2 298 7 1 0.9 6 31
6 2% Cu/SiO2 H2O2 298 9 3 10 13 11
7 2% Cu/SiO2 Air 298 7 1 0.03 0.04 30
8 1% Cu/ZSM-5 H2O2 298 7 3 0.4 1.8 18
9c 1% Cu/ZSM-5 H2O2 298 7 2.3 0.1 0.01 0.2

10 2% Fe/�-Al2O3 H2O2 348 7 11 3 None 16
11 2% Fe/�-Al2O3 H2O2 348 9 4 12 None 10
12 2% Fe/�-Al2O3 H2O2 298 7 4 2 None 25
13 1% Fe/ZSM-5 H2O2 298 7 1.3 1 1.1 0.2
14c 1% Fe/ZSM-5 H2O2 298 7 3.6 0.3 0.8 0.1
15 1% Fe/ZSM-5 Air 298 7 3.2 0.07 None 1

a DMNA: dimethylnitrosoamine, DMFA: dimethylformamide.
b F+: 1,1,5,5-tetramethylformazanium cation (under pH 7), F0: 1,1,5-trimethylformazane (under pH 9).
c New portion of the H2O2 was added when UDMH had been consumed.

with the other ones. A two-fold increase in the initial
concentration of hydrogen peroxide does not result
in a considerable decrease in the product yield. This
is probably associated with the fact that the major
part of hydrogen peroxide is consumed for the side
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reaction of its catalytic decomposition. However, if a
fresh portion of hydrogen peroxide is added to the final
solution, the reaction product concentration decreases
(nos. 9 and 14). Particularly remarkable is the decrease
in the concentrations of formazane and DMFA, which
is undoubtedly associated with their easy oxidation.

If oxygen provides the oxidation at ambient temper-
ature in the presence of Cu-containing catalysts, the
main product is the 1,1,5,5-tetramethylformazanium
cation, which is not toxic. The yields of DMNA,
DMFA and methanol are, respectively, 0.03, 0.04
and 1% (Table 2, no. 7). We found much less final
product 1,1,5,5-tetramethylformazanium cation with
Fe-containing catalysts (Table 2, no. 15), but the rate
of the UDMH oxidation was much slower.

In the gas phase, methane and nitrogen were
detected in the all cases.

3.2. The proposed mechanism of the UDMH
oxidation

Production of the tetramethylformazanium cation
from 1,1-dimethylhydrazine using a copper(II) halo-
genide as an oxidizer in acid solutions was described
elsewhere [9]. We propose the following mechanism
of the UDMH oxidation at pH 7: UDMH interacts
with the copper(II) (iron(III)) cations of the hydrox-
ide catalyst to yield copper(I) (iron(II)) and a tetram-
ethylformazanium cation; then low-valent copper (Fe)
is re-oxidized with air oxygen (hydrogen peroxide) to
give the high valent state:

5(CH3)2NNH2+16 Cuhydr
2+→2(CH3)2NN==CH–N

==N(CH3)2
+ + N2 + 16 Cuhydr

+ + 14H+

16Cuhydr
+ + 4O2 + 16H+ → 16Cuhydr

2+ + 8H2O

5(CH3)2NNH2+4O2 + 2H+ → 2(CH3)2NN==CH–N

==N(CH3)2
+ + N2 + 8 H2O

Note, that the complex tetramethylformazanium
cation cannot be formed in one step. We propose that
this cation is formed through formaldehyde dimethyl-
hydrazone, since the concentration of the latter in-
creases and then decreases in the course of the
reaction (as evidenced by spectrophotometric mea-
surements). Formaldehyde dimethylhydrazone inter-
acts with UDMH in the presence of catalysts, as we

observed in Ref. [1], to produce a cation of tetram-
ethylformazanium:

(CH3)2NNH2 + (CH3)2NN==CH2 + O2 + H+
cat→(CH3)2NN==CH–N==N(CH3)2

+ + 2H2O

Formaldehyde dimethylhydrazone can result from the
reaction between UDMH and formaldehyde:

3(CH3)2NNH2+CH2O → (CH3)2NN==CH2 + H2O

One may assume that formaldehyde is formed by the
oxidation of some part of UDMH via the reaction:

(CH3)2NNH2 + 2O2 → 2CH2O + N2 + 2H2O

Both in alkaline and neutral media, the oxidation of
UDMH starts from its interaction with the metal ions
on the catalyst surface to produce low-valent metal.
However, the reaction of the copper(I) (or Fe(II))
re-oxidation slows down in the alkaline medium be-
cause of a deficiency of protons, but Cu(I) (or Fe(II))
can interact under these conditions with oxygen or
hydrogen peroxide in the hydroxide polymer to yield
a peroxide complex. A molecule of UDMH may be
coordinated at the same active center. Then the coor-
dinated oxygen is transferred to the UDMH molecule
to form 1,1-dimethylhydrazine hydroperoxide (Fig. 2,
reaction 1) [10,11]. Hydrazine hydroperoxide can
convert into dimethyldiazene (Fig. 2, reaction 2) or
N,N-DMNA (Fig. 2, reaction 3) [10,11].

Dimethyldiazene is known to be a highly active
compound with the propensity for different transfor-
mations such as decomposition to hydrocarbons and
nitrogen, isomerization to formaldehyde monomethyl-
hydrazone (reaction 4), and dimerization yielding
1,1,4,4-tetramethyltetrazene (reaction 5) [11]. The
appearance of tetrazenes in the reaction mixture
proves that unsymmetrical hydrazines are oxidized to
diazenes acting as intermediates [11].

In its turn, formaldehyde monomethylhydrazone
may be subjected to the oxidative coupling with
UDMH in the presence of the catalyst to yield
1,1,5-trimethylformazane (reaction 6) [1].

In the alkaline medium, formaldehyde monomethyl-
hydrazone can be also dimerized to 1,4-dimethylhexa-
hydrotetrazine (reaction 7), which may be further
oxidized to sym-tetrazine (reaction 8) [12].

According to the literature data, 1,1-dimethylhydra-
zine can be also subjected to a number of other
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Fig. 2. Possible pathways of the products formation under catalytic UDMH oxidation in alkaline media.

transformations. Thus, ethanol, dimethyl ether [13]
and gaseous hydrocarbons [14] were observed in the
products of its non-catalytic and catalytic oxidation
at pH 9–11.

4. Conclusion

The experimental results give evidence that UDMH
can be efficiently oxidized in aqueous solutions both
by hydrogen peroxide and oxygen in the presence
of metal hydroxide catalysts. The process can pro-
ceed via different mechanisms depending on the pH
of the solution. In the neutral medium the non-toxic
1,1,5,5-tetramethylformazanium cation is predomi-
nantly formed (up to 30% yield), further decomposing
to other products with low toxicity. In the alkaline
medium the reaction is not selective. In this case toxic
and stable products, such as DMNA and DMFA are
formed with rather high yields (up to 15%).

It is shown that iron-containing catalysts are more
resistant to the action of the reaction medium because
during the UDMH oxidation less than 0.5% of the

active metal are washed from the catalyst, whereas in
the course of Cu-containing catalysts up to 30% of
copper can be leached from the catalyst at pH 7.

Thus, the detoxication of aqueous UDMH solutions
should be carried out in neutral media in the presence
of iron-containing catalysts.

This process will be used for UDMH removal from
the scrubbing liquids in the technology for UDMH
oxidative destruction in a fluidized bed of catalyst
followed by the off gas treatment system, developed
under project #959 of the International Science and
Technology Center (ISTC).
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Abstract

The catalytic oxidation of unsymmetrical dimethylhydrazine (UDMH) by air has been studied in a vibro-fluidized catalyst
bed laboratory kinetic setup over catalysts CuxMg1−xCr2O4/�-Al 2O3, 32.9%Ir/�-Al2O3 and�-Si3N4 in a temperature range
150–400◦C. The catalyst CuxMg1−xCr2O4/�-Al 2O3 was found to be optimal regarding high yields of CO2 and low yields of
NOx . A probable mechanism of UDMH heterogeneous catalytic oxidation is proposed. Catalyst CuxMg1−xCr2O4/�-Al 2O3

has been further used in the pilot plant specially designed for the destruction of UDMH. Results of testing the main fluidized bed
catalytic reactor for UDMH oxidation and the reactor for selective catalytic reduction of NOx with NH3 are presented. These
results prove that the developed UDMH destruction technology is highly efficient and environmentally safe. © 2002 Elsevier
Science B.V. All rights reserved.

Keywords: Rocket fuels; Unsymmetrical dimethylhydrazine; Catalytic oxidation; Oxide catalysts; Noble metal catalysts; Nitride catalysts;
Fluidized bed reactor; NOx reduction

1. Introduction

Reduction and conversion of the weapons produc-
tion in Russia have made extremely topical finding
solution of the problems of development and im-
plementation of environmentally safe and efficient
processes for the disposal of rocket fuel components

∗ Corresponding author. Tel.:+7-3832-341219;
fax: +7-3832-397352.
E-mail address: zri@catalysis.nsk.su (Z.R. Ismagilov).

(RFCs). One of the most pressing problems is de-
velopment of the destruction process for extremely
toxic 1,1-dimethylhydrazine (CH3)2N–NH2 (unsym-
metrical dimethylhydrazine-UDMH, technical name-
“heptyl”). There are no industrial facilities for the
UDMH treatment in Russia and CIS, as well as no
reliable treatment technologies that meet economical
and environmental requirements. Therefore, the solu-
tion of the problems of destruction of the sub-standard
UDMH and other RFCs, industrial wastes containing
RFC, spills of RFC on soil, etc., is a very urgent task.

0920-5861/02/$ – see front matter © 2002 Elsevier Science B.V. All rights reserved.
PII: S0920-5861(02)00080-9
                                                                          263  
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Conventional thermal methods of the RFC destruc-
tion, such as the incineration in flame and the plasma
method, consume much energy and lead to the for-
mation of large amounts of secondary pollutants. The
need of additional purification of the exhaust gas from
NOx and other pollutants makes these methods com-
plicated for practical application.

Methods of processing UDMH and other toxic
RFCs into useful products are not yet promoted to
the state of industrial application, and cannot solve
the problem of UDMH utilization due to the lack of
interest of enterprises to work with such flammable
and toxic chemicals.

At the same time, the problem of UDMH destruc-
tion can be solved by creation of a treatment plant
based on UDMH oxidation in a fluidized catalyst bed
reactor [1,2]. The unique feature of this method is the
possibility of flameless total oxidation of organic com-
pounds in a near stoichiometric ratio with oxygen at
relatively low temperatures (500–750◦C), which sup-
presses the formation of “thermal” and “fuel” nitrogen
oxides. This is achieved by the use of highly active
catalysts in a fluidized bed, having rather high heat
transfer coefficients and providing an efficient removal
of reaction heat. Pilot and industrial plant tests on the
combustion and processing of different types of orga-
nic wastes have shown high efficiency and environ-
mental safety of this technology [1–6].

An important advantage of the catalytic fluidized
bed waste destruction technology is a small size of
the apparatus. A compact installation designed as a
mobile unit will allow treatment of UDMH at distant
locations, Navy bases, etc., and thus will exclude haz-
ardous (and sometimes impossible) transportation of
rockets or RFC to the centralized treatment facilities.

2. Experimental

In order to select the optimal catalyst and process
parameters for UDMH catalytic oxidation, the exper-
iments were first conducted in the laboratory setup,
and then technology was tested in the pilot plant.

2.1. Laboratory setup

The laboratory setup for the study of UDMH cat-
alytic oxidation reaction consists of the following

principal units: systems of compressed gas (N2 as a
UDMH carrier, air as an oxidizer) and UDMH supply,
a flow mixer for combining the air flow with the flow
of N2 saturated with UDMH vapor, a gradientless
quartz catalytic reactor with a vibro-fluidized catalyst
bed, and a system for the reaction mixture analysis
based on a gas chromatograph Kristall 2000M. Sep-
aration and analysis of UDMH and organic reaction
products were carried out in a Teflon column (1.5 m
long, 2 mm in diameter) with a polymer sorbent
HayeSep C modified by 5% KOH, using FID and He
as carrier gas (30 ml/min) at a temperature of 155◦C.
Air, CO2 and N2O were separated and analyzed in a
stainless steel column (1.5 m long, 3 mm in diameter)
with a carbon sorbent SKT, using TCD and He as
carrier gas (30 ml/min) at a temperature of 155◦C.
An ECOM SG Plus automatic gas analyzer was used
to measureC(NO) andC(NO2).

The experiments in the reactor with vibro-fluidized
catalyst bed can be conducted under the following con-
ditions: catalyst temperature, 20–500◦C; C(UDMH)
in the initial reaction mixture, 0.1–2 mmol/l (0.2–
4 vol.%); reaction mixture flow rate, 10–100 l/h;
catalyst loading, 0.1–2 cm3; reaction mixture space
velocity, 5000–72 000 h−1.

Characteristics of the catalysts used in the labo-
ratory UDMH oxidation experiments are given in
Table 1. Catalysts CuxMg1−xCr2O4/�-Al 2O3 and
32.9%Ir/�-Al2O3 were developed at the Boreskov
Institute of Catalysis (BIC) and prepared using the
method of�-Al2O3 spherical support wet impregna-
tion with metal salts, followed by drying and calci-
nation. The catalyst�-Si3N4 was received from the
V.N. Bakul’ Institute of Superhard Materials (Kiev,
Ukraine) as a monolith support, and a part of it was
crushed and sieved to obtain granules.

2.2. Pilot plant

The schematic diagram of a pilot plant for fluidized
bed UDMH destruction is shown in Fig. 1. The mix-
ture to be treated (e.g. mixture of water and UDMH, or
sub-standard UDMH) is supplied from the tank (10)
to the catalytic fluidized bed reactor (1). Compressed
air is fed to the reactor in a quantity necessary for the
complete oxidation of UDMH in the catalyst bed at
500–700◦C. The electric heater, nichrome wire coil-
ing around the reactor wall, is used for pre-heating
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Table 1
Characteristics of the catalysts used in the laboratory experiments on UDMH oxidation

Catalyst Active components
loading (wt.%)

SBET

(m2 g−1)
Bulk density
(g cm−3)

Average mechanical
strength (MPa)

Granule
size (mm)

CuxMg1−xCr2O4/�-Al 2O3 Cr2O3-17.0;
MgO-3.6; CuO-1.7

130 1.1 49 0.25–0.5

32.9%Ir/�-Al2O3 Ir-32.9 – 0.9 – 0.5–1.0
�-Si3N4 Si3N4-100 0.4 1.0 26 0.5–1.0

the catalyst bed in order to start the process of cat-
alytic oxidation. Gas leaving the reactor may contain
small quantities of nitrogen oxides (NO and NO2),
trace amount of unreacted UDMH, and solid particles
of variable size resulting from the catalyst attrition and
the mineral part of treated wastes. Gas temperature at
the reactor outlet is lowered to 350–500◦C using the
heat exchanger immersed in the catalyst bed. From
the reactor, the gas enters the cyclone (3), where large
particles of the size >30�m are separated and the gas
temperature is decreased to 250–350◦C.

At the second stage, the gas passes through the re-
actor with two monolith catalysts (4), the first one

Fig. 1. Scheme of the pilot plant for the process of UDMH catalytic destruction: 1—catalytic-fluidized bed reactor; 2—water heat exchanger;
3—cyclone; 4—SCR reactor; 5 and 6—jet scrubbers; 7—absorber-condenser; 8—aerosol filter; 9—pumps; 10—tank for UDMH.

used for the selective catalytic reduction (SCR) of ni-
trogen oxides with ammonia, and the second one-for
the oxidation (afterburning) of excess NH3 and resid-
ual UDMH in the gas stream (for simplicity, we will
term this unit as “SCR reactor”). For the further gas
purification from UDMH and medium-size particles
(3–30�m), a foam jet scrubber No. 1 (5) is used,
which acts both as a gas and particle trap, and as a re-
generative heat exchanger. In this apparatus, a highly
turbulent foam layer with a constantly refreshed sur-
face provides the separation of medium-size particles
and toxic admixtures from the gas, with concomitant
gas cooling to 70–90◦C. For further treatment, the gas
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is directed to the jet scrubber No. 2 (6), where the
complete destruction of UDMH traces is conducted
over powder catalysts for the liquid-phase UDMH ox-
idation, which are added to the scrubber liquid [7]. If
necessary, additional air or hydrogen peroxide can be
fed into this scrubber.

Then the gas saturated with water vapor enters the
absorber-condenser (7), where its purification from
the small-size particles (0.1–3�m) takes place with
the final removal of the trace amounts of UDMH and
the gas cooling to 30–40◦C. UDMH accumulated in
the absorber-condenser will be oxidized in the scrub-
ber liquid using the above-mentioned liquid-phase
catalysts.

The fluidized bed reactor was loaded with the cat-
alyst CuxMg1−xCr2O4/�-Al 2O3 (6 dm3) in the form
of spherical 1.4–2.0 mm granules. The SCR catalyst
was prepared using the oxide-containing paste extru-
sion technique, while the afterburning catalyst was
prepared using the technique of aluminosilicate sup-
port wet impregnation with metal salts, both finished
by monolith drying and calcination. These two cata-
lysts have the following characteristics: active com-
ponent loadings (wt.%)-Fe2O3 + Cr2O3 + ZnO (total
of 30–50) and CuO 1.89, Co3O4 1.87, Cr2O3 6.74;
SBET (m2 g−1)-20 and 14; channel size (mm2)-4 ×
4 and 2× 2; wall thickness (mm)-0.8–1.2 and 0.3;
catalyst volume loaded in the SCR reactor (dm3)-10
and 5.

3. Results and discussion

3.1. Catalytic oxidation of UDMH in the
laboratory setup

The first series of experiments were carried out
using the CuxMg1−xCr2O4/�-Al 2O3 catalyst, which
was specially developed for catalytic combustion in
the fluidized bed reactors. In the temperature range
200–300◦C, in addition to the products of deep
UDMH oxidation (CO2, H2O, N2), 14 peaks corre-
sponding to various partial oxidation products were
revealed on the FID gas chromatograms. A typical
example of the GC analysis of UDMH oxidation prod-
ucts formed over the CuxMg1−xCr2O4/�-Al 2O3 cata-
lyst at 270◦C is given in Fig. 2. The main compounds
identified are: methane CH4 (17 s), dimethylamine

(CH3)2NH-DMA (2 min 40 s), formaldehyde dime-
thylhydrazone (CH3)2N–N=CH2 (alias methylene-
dimethylhydrazine-MDMH) (10 min 16 s), residual
UDMH (8 min 25 s). The remaining peaks correspond
to small quantities of ethane, methanol, formaldehyde
and traces of other organic compounds present among
the products.

The temperature dependence of UDMH oxidation
products concentrations presented in Fig. 3 shows that
a noticeable increase of conversion to CO2 begins at
200◦C, and at temperatures above 300◦C, practically
complete UDMH transformation into the deep oxida-
tion products CO2, H2O and N2 is observed.

The influence of the initialC(UDMH) on the com-
position of oxidation products at 300◦C is shown in
Fig. 4. It can be seen that in theC(UDMH) range
0–0.7 mmol/l practically complete UDMH conversion
following the deep oxidation route takes place, and
the C(CO2) grows proportionally to theC(UDMH).
Upon furtherC(UDMH) increase over 0.7 mmol/l, the
efficiency of UDMH transformation into the deep ox-
idation products decreases, and significant quantities
of the partial oxidation products appear in the exhaust
gas.

Methane and MDMH are present in the reaction
products in a wide temperature range (Figs. 3 and 4).
They are already formed in significant quantities at
150◦C. Based on the presence of these compounds at
the reactor outlet, it is possible to suggest a probable
mechanism of UDMH heterogeneous catalytic oxida-
tion, proceeding via the following principal steps:

(CH3)2N–NH2 + [ ] → [(CH3)2N–NH2]ads (1)

[(CH3)2N–NH2]ads+ [O]ads

→ [(CH3)2N==N]ads+ [H2O]ads (2)

[(CH3)2N==N]ads+ [(CH3)2N==N]ads

→ [(CH3)2N–N==CH2]ads+ [CH3N==NH]ads (3)

[(CH3)2N–N==CH2]ads

→ (CH3)2N–N==CH2 + [ ] (4)

[(CH3)2N–N==CH2] + [O]ads

→ (CH3)2NH + CO2 + H2O + N2 + NOx (5)

[CH3N==NH]ads→ CH4 + N2 (6)



Fig. 2. Chromatogram of the UDMH oxidation products formed over CuxMg1−xCr2O4/�-Al 2O3 catalyst at 270◦C.

Fig. 3. Temperature dependencies of the concentrations of UDMH oxidation products over CuxMg1−xCr2O4/�-Al 2O3 catalyst at the initial
C(UDMH) 0.26 ± 0.02 mmol/l and space velocity of 6000 h−1 (catalyst volume 1.0 cm3): 1—CO2; 2—MDMH; 3—CH4; 4—UDMH,
5—DMA.
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Fig. 4. Dependencies of concentrations of the UDMH oxidation products on the initialC(UDMH) over CuxMg1−xCr2O4/�-Al 2O3 catalyst
at 300◦C and space velocity of 6000 h−1 (catalyst volume 1.0 cm3): 1—UDMH; 2—CO2; 3—MDMH; 4—CH4; 5—DMA.

[CH3N==NH]ads+ [O]ads

→ CO2 + H2O + N2 + NOx (7)

The proof of this mechanism and its elucidation re-
quire additional research.

It is well known that iridium metal is a principal ac-
tive component of catalysts used in spacecraft engines
for the decomposition of a liquid propellant-hydrazine
(N2H4) [8,9]. There is also information in literature
that this type of catalysts is active in the reaction of
UDMH oxidation by ozone [10]. Therefore, it was
interesting to study the dependencies of UDMH ox-
idation by air over the iridium-containing catalyst
32.9%Ir/�-Al2O3 which had been previously pre-
pared and studied at BIC in the frame of a classified
aerospace propulsion research program. Recently it
was reported that the activity of nitrides and carbides
of some metals, e.g. Mo and W, in the hydrazine de-
composition reaction is comparable with the activity
of Ir/�-Al2O3 in the same reaction [11]. Because, in
addition to the reported high activity of Ir/�-Al2O3
in hydrazine decomposition, the 32.9%Ir/�-Al2O3
catalyst also proved to be very active in the UDMH
deep oxidation, by analogy it was decided to study
the possibility of UDMH oxidation over nitrides. The
�-Si3N4 catalyst was used for the experiments, since
there is information that the silicon nitride surface
is active in the UDMH decomposition [12]. Finally,

we will compare the results of UDMH oxidation
over 32.9%Ir/�-Al2O3 and �-Si3N4 catalysts with
some of our results obtained previously using the
0.64%Pt/�-Al2O3 catalyst [13].

Temperature dependencies of the concentrations of
various UDMH oxidation products formed over the
32.9%Ir/�-Al2O3 and�-Si3N4 catalysts are presented
in Figs. 5 and 6. Table 2 also gives the comparison of

Fig. 5. Temperature dependencies of the concentrations of
UDMH oxidation products over 32.9%Ir/�-Al2O3 catalyst at
the initial C(UDMH) 0.35 ± 0.03 mmol/l and space velocity
of 72 000 h−1 (catalyst volume 0.1 cm3): 1—CH4; 2—DMA;
3—MDMH; 4—CO2.
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Fig. 6. Temperature dependencies of the concentrations of UDMH
oxidation products over�-Si3N4 catalyst at the initialC(UDMH)
0.60 ± 0.05 mmol/l and space velocity of 7200 h−1 (catalyst vol-
ume 1.0 cm3): 1—CH4; 2—DMA; 3—MDMH; 4—CO2.

C(N2O) andC(NO), and corresponding selectivities
for these two catalysts.

It can be seen from Fig. 5 that in a wide tem-
perature range (340–400◦C) and at high space ve-
locity (72 000 h−1), practically total UDMH oxidation
to CO2 (curve 4) takes place over 32.9%Ir/�-Al2O3
(at the initialC(UDMH) of 0.35 mmol/l, the expected
C(CO2) is 0.7 mmol/l, and the experimental values are
0.68–0.70 mmol/l). Only one of the partial oxidation
products-MDMH is found in a significant concentra-
tion (curve 3) at temperatures below 280◦C.

As it follows from Fig. 6, over�-Si3N4 UDMH con-
version to CO2 (curve 4) attains only 70% at 400◦C
(0.60 mmol/l of UDMH gives 0.84 mmol/l of CO2,
compared to 1.2 mmol/l of CO2 calculated for the total
UDMH oxidation). MDMH (curve 3) prevails among
the partial oxidation products.

Table 2
Temperature dependencies of NO and N2O concentrations and selectivities of formation over 32.9%Ir/�-Al2O3 and �-Si3N4 catalysts

T (◦C) 32.9%Ir/�-Al2O3 �-Si3N4

C(NO)
(ppm)

S(NO)
(%)

C(N2O)
(ppm)

S(N2O)
(%)

C(NO)
(ppm)

S(NO)
(%)

C(N2O)
(ppm)

S(N2O)
(%)

400 2890 17.2 238 2.8 2263 8.4 303 2.2
370 2670 15.9 – – 170 0.6 142 1.0
340 1948 11.6 242 2.9 108 0.4 91 0.7
310 880 5.2 – – 153 0.6 33 0.2

It is interesting to note thatC(CH4) for both
32.9%Ir/�-Al2O3 and �-Si3N4 (curve 1 in Figs. 5
and 6, respectively) is ca. 0.005 mmol/l, which is no-
ticeably lower than the values found for CuxMg1−x

Cr2O4/�-Al 2O3 around 300◦C in this study, and for
the previously studied 0.64%Pt/�-Al2O3 catalyst [13].
In the case of 32.9%Ir/�-Al2O3, this can be explained
by its high activity, sufficient for CH4 oxidation in
the entire temperature range studied. In the case of
�-Si3N4, this may be interpreted in terms of the in-
creased selectivity of formation of partial oxidation
products, retaining two methyl groups at the nitrogen
atom-MDMH and DMA (curve 2 in Fig. 6), and, as a
consequence, decreased selectivity of CH4 formation.

Table 2 shows that the increase ofC(NO) and
C(N2O) with temperature correlates with the increase
of UDMH conversion to CO2 (curve 4 in Figs. 5
and 6).C(NO) values over 32.9%Ir/�-Al2O3 (2000–
3000 ppm) in the temperature range of total UDMH
oxidation are comparable with those obtained previ-
ously for the 0.64%Pt/�-Al2O3 (1600–2200 ppm), but
are significantly higher thanC(NO) values measured
over CuxMg1−xCr2O4/�-Al 2O3 (30–470 ppm) [13].

The catalyst CuxMg1−xCr2O4/�-Al 2O3 has been
extensively studied previously [1–5] and was found
to be one of the best for nitrogen-containing com-
pounds oxidation in the fluidized bed reactors. Re-
cently, we also determined that its performance in
UDMH oxidation is superior in comparison with
other catalysts, such as 0.64%Pt/�-Al2O3, Fe2O3/
�-Al2O3 and zeolite-supported catalysts [13] regarding
a high conversion of UDMH to deep oxidation
products and low yields of NOx . The results
of this study also demonstrate the advantage of
CuxMg1−xCr2O4/�-Al 2O3 in UDMH oxidation
when it is compared with 32.9%Ir/�-Al2O3 and�-Si3
N4. Thus, CuxMg1−xCr2O4/�-Al 2O3 was chosen
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Table 3
Results of testing the main reactor with fluidized catalyst bed

Experiment
no.

Main air
flow (m3/h)

Air flow through
injectors (m3/h)

UDMH flow
rate (l/h)

Oxygen excess
coefficient,α

T in the
reactor (◦C)

Gas composition at the main
reactor outlet (mg/m3)

NOx CO UDMH

1 16.2 1.6 1.08 2.7 630 6000 <5 <0.05
2 16.2 1.6 2.24 1.31 675 6000 <5 <0.05
3 16.2 1.6 2.56 1.14 735 6000 <5 0.075

Table 4
Results of the SCR reactor testing

Experi-
ment no.

Initial concentration
of UDMH (mg/m3)

Initial concentration
of NOx (mg/m3)

Initial concentration
of NH3 (g/m3)

NH3 flow
rate (m3/)h

T in the SCR
reactor (◦C)

Gas composition at the
SCR reactor outlet
(mg/m3)

UDMH NOx CO NH3

4 2.14 2000 7.86 0.20 420 0.095 80 <5 <5

for further studies in the pilot plant for UDMH
destruction.

3.2. Pilot plant testing of the UDMH destruction
technology

The series of pilot plant experiments were accom-
plished in two stages-testing of the main catalytic
reactor with a fluidized catalyst bed (Table 3, exper-
iments 1–3), and testing during the simultaneous op-
eration of the main reactor and the off-gas treatment
system: the SCR reactor and the wet gas cleaning
units (example-Table 4, experiment 4).

In experiments 1–3, process parameters providing
the most total UDMH oxidation were determined. In
experiment 4, the process parameters of the main re-
actor were specially chosen to provide the presence of
some residual UDMH at the reactor outlet. That was
done in order to study the efficiency of UDMH re-
moval from the gas stream by the units of the off-gas
treatment system.

Taking into account the data from [13,14], the
pilot plant testing results can be summarized as
follows:

• In a temperature range 600–720◦C, practically
complete UDMH catalytic oxidation takes place in

the fluidized catalyst bed.C(CO) at the main reactor
outlet does not exceed the detection limit-5 mg/m3.

• During the catalytic oxidation of UDMH at 630–
735◦C using an optimal regimes with oxygen
excess coefficientα > 1, C(UDMH) at the main
reactor outlet does not exceed 0.1 mg/m3, which
corresponds to the UDMH oxidation efficiency of
not less than 99.9998%.

• During the catalytic oxidation of UDMH, concen-
trations of nitrogen oxides at the main reactor outlet
are 2000–6000 mg/m3 with NO2 to NO ratio of ca.
2:1.

• Monolith SCR catalyst provides no less than 90%
efficiency of the gas purification from nitrogen ox-
ides in a temperature range 405–420◦C and in the
excess of NH3.

• Monolith afterburning catalyst, placed after the
SCR catalyst in the SCR reactor, provides oxidation
of excess NH3 with the efficiency of no less than
99.9% and UDMH oxidation at low concentrations
(2 mg/m3) with the efficiency of ca. 80%.

4. Conclusions

1The catalyst CuxMg1−xCr2O4/�-Al 2O3 is shown
to have a superior performance in UDMH deep oxi-
dation as compared to the catalysts 32.9%Ir/�-Al2O3
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and �-Si3N4. Both CuxMg1−xCr2O4/�-Al 2O3 and
32.9%Ir/�-Al2O3 exhibit high activity in UDMH deep
oxidation with minimal formation of the partial oxi-
dation products. But the oxide catalyst provides much
lower conversion of fixed nitrogen to nitrogen oxides.
The catalyst�-Si3N4 has a lower activity in the deep
oxidation of UDMH, and the reaction is accompanied
by the formation of DMA and MDMH at high concen-
trations in the low-temperature region. Besides, rather
high NO concentrations are observed over this cat-
alyst. Thus, the catalyst CuxMg1−xCr2O4/�-Al 2O3
has been chosen for further pilot plant studies.

Testing of the pilot plant for UDMH destruction has
shown high efficiency and environmental safety of the
developed UDMH destruction technology.
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Abstract
Processes and apparatuses for catalytic oxidation of VOCs in industrial off-gases are described, includ-

ing steady state and unsteady state processes, a combined adsorption-catalytic process and an advanced
method of ozone induced oxidation for low concentrated exhausts. On the basis of research and develop-
ment works a series of catalytic incinerators, operating in steady state and unsteady state mode, of various
capacity were designed, constructed and tested in the purification of ventilation air and off-gases from
VOCs. The principles of operation of different types of catalytic incinerators and possible areas of applica-
tion are discussed. For VOC concentrations 150-1000 mg/m3 unsteady state catalytic incinerators of KART
type should be used, for concentrations 1000-3000 mg/m3 steady state KROT apparatuses are recommended,
and for concentrations over 3000 mg/m3 up to 7000 mg/m3 installations TKM-250. It is shown that for the
purification of low concentrated gases with the content of organic vapors below 150 mg/m3 adsorption-
catalytic method or catalytic oxidation with ozone in the installation OKA-3000 are most effective. Main
kinetic dependencies of the ozone induced oxidation of toluene and acetone over copper oxide catalyst are
given and discussed. It is shown that the efficiency of this method of VOCs removal is based on low
operation temperature 313-343 K, by contrast to conventional catalytic incineration by air requiring pre-
liminary heating of the gases to 523-573 K. A special consideration is given to adsorptive damping as an
efficient method for leveling the VOCs concentrations in the real industrial exhausts directed to the catalytic
treatment. The use of adsorptive dampers filled with carbon allows elimination of large deviations of pollut-
ant concentrations in the gas entering the catalyst bed, thus increasing the VOCs removal efficiency from
average values. For calculations of adsorptive dampers, an equation describing the profiles of VOC
concentrations in gas phase along the length of the adsorbate bed in the damper was derived.
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Introduction

For the purification of off-gases from volatile
organic compounds (VOCs) thermal, catalytic, ad-
sorptive, combined and other methods can be used.
The choice of a particular method depends on the
volume of gaseous emissions, their qualitative and
quantitative composition, availability of free space
to install equipment, power supply, etc.

The methods of catalytic incineration can be
considered as most suitable for the purification of off-
gases from VOCs (especially multi-conponent VOC
containing gas streams) because of its versatility, sim-

plicity, equipment compactness, high cleaning effi-
ciency, continuous operation and the absence of waste
waters.

Conventional design steady state installations
UKD-250

As in the former USSR a serial production of stan-
dard equipment for VOC oxidation was not organized,
some enterprises chose the way to develop individual
methods and equipment suitable to their needs. In
1980-1981 the Laboratory of Environmental Catalysis
of the Boreskov Institute of Catalysis headed by Prof
V.V.Popovsky and the Research Laboratory of the

ChemTech
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Novosibirsk State Design-Exploratory Institute
“VNIPIET” developed a process [1] and equipment
for the installation for VOC catalytic incineration  -
UKD-250 (Fig. 1).

•  Capacity by the treated gas-250 nm3/h
•  Surface area of the heat recuperator-6.4 m2

•  Catalyst volume-70 dm3

•  Operating temperature-703-753 ��
•  Gas space velocity-3500 h-1

•  Degree of heat recuperation < 25%
•  Efficiency of VOC oxidation ∼  100%

The installation “UKD-250” was implemented at
the Production Association “Sever” in 1981 for the
purification of the technological off-gases and ex-
hausts from vacuum pumps at the Compound Pro-
duction Shop. The installation proved to be efficient,
simple in operation, reliable. It provided complete
removal of VOCs from the gas streams. The self-cost
of the purification of 1000 nm3 was 4.9 rubles in prices
of 1984.

During the operation of the installation “UKD-
250” it became clear that it has excessive metal weight
and a too high power of the electric heaters. Due to
these and other reasons the installations of this type
were not produced commercially.

After 1.5 years of UKD-250 continuous opera-
tion it was established that the copper oxide catalyst
IC-12-1 decreased in activity by 50-60% due to the
interaction of the active component with the Al2O3

support at high temperatures and the formation of
copper compounds (CuCl2, CuSO4) via reactions with
the oxidized oil additives [3].

For some of the reactions that can take place dur-
ing the poisoning of the copper oxide catalyst IC-12-
1 the changes in specific (per bond) standard Gibbs
energies were calculated and the quantities of newly
formed chemical bonds (p) were determined [3,4]. The
results of the calculations are given in Table 1.

A chemical-physical analysis of catalyst samples
was carried out, including X-ray phase analysis (in
Diffractometer DRON-1.5), and the measurement of
the catalytic activity and BET surface area. The pres-
ence of additional peaks in diffractograms in the spent
catalyst compared to the ones of the fresh catalyst

Fig. 1. Photograph of the installation for VOC catalytic
incineration UKD-250.

The composition of the mixture fed into the
installation was the following: styrene - up to 5000
mg/m3, toluene - up to 100 mg/m3, xylene - up to 100
mg/m3, epichlorohydrine - up to 30 mg/m3, hexa-
methylenediisocyanate - up to 0.2 mg/m3, vapors and
aerosols of vacuum oil (VM-4) - up to 40 mg/m3, and
also trace amounts of maleic anhydride, cyclohex-
anone dibutylphtalate and dimethylamine.

The catalyst used was IC-12-1 based on copper
oxide, developed at the Boreskov Institute of Catalysis
[2].

The installation UKD-250 has a classic flow dia-
gram. It consists of a catalytic reactor, an electric
heater, a recuperative heat exchanger and a water
cooler.

The installation UKD-250 has the following
characteristics:

Table 1
Changes in specific standard Gibbs energies for reactions proceeding during the poisoning of the catalyst IC-12-1.

oN noitcaeR ∆G0
892 lom/Jk, ∆G0

327 lom/Jk, sdnob,p
∆G0

327 ,p/
om/Jk l× dnob

1 OS+OuC 3 C= uSO4 30.951- 89.49- 2 94.74-

2 lCuC=lCH2+OuC 2 H+ 2O 38.34- 49.94- 4 84.21-

3 Al2O3 OS3+ 3 = Al2 OS( 4)3 96.015- 89.751- 6 33.62-

4 Al2O3 2=lCH6+ AlCl3 3+ H2O 18.175 75.573 21 03.13
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confirms the formation of new crystal structures dur-
ing catalyst operation.

The study of the catalyst samples revealed the in-
crease of the sulfur content from 0.0316 to 0.0560,
the decrease of the chlorine content from 0.0070 to
0.0043 g/g along the catalyst bed, which can be ex-
plained by different thermal stabilities of the com-
pounds formed. During the catalyst operation the BET
area decreased by 18-20%, also the reduced activity
of the spent catalyst in the CO oxidation was revealed
in comparison with the fresh catalyst.

For the elimination of the effects leading to the
catalyst poisoning it was recommended to install oil
traps at the outlet of the vacuum pumps. In addition,
it was recommended to replace the catalyst IC-12-1
by the copper-chromium catalyst ICT-12-8 that was
more resistant to catalyst poisons.

Studies of efficiency of VOC oxidation over
Cu-Cr catalyst ICT-12-8

The catalyst ICT-12-8 was developed in the
Boreskov Institute of Catalysis in cooperation with
the Catalyst Design Bureau “Katalizator” (Novo-
sibirsk). This catalyst is intended for the deep oxida-
tion of organic compounds, and it consists of the ac-
tive component copper chromite deposited on the γ-
alumina support.

The studies of the oxidation of a number of wide-
spread VOCs, e.g. toluene, xylene, ethylcellosolve,
cyclohexanone and white spirit over the ICT-12-8
catalyst showed that the oxidation reaction had first
order with respect to an organic substance and zero
order with respect to oxygen. For the above listed
compounds the pre-exponential factors and activa-
tion energies in the deep oxidation reactions were
calculated (Table 2).

At a temperature 700 K, space velocity 10000 h-1

and the concentration range 120-820 mg/m3 the oxi-
dation efficiency of the compounds over the indus-
trial size ICT-12-8 catalyst is 99.5-99.9%.

Steady-state thermocatalytic installations of
advanced design

For the purification of technological off-gases from
solvent vapors, in place of the apparatus UKD-250,
a series of apparatuses were developed, including a
thermocatalytic unit with a screw heat exchanger
TKM-250, a catalytic reactor with a slit heat ex-
changer and a catalytic reactor with a spiral heat ex-
changer “KROT” [5-7].

The thermocatalytic unit TKM-250 has a mono-
block design (Fig. 2) in the form of a column contain-
ing inside a single casing a catalytic reactor, a heat
recuperator and an electric heater [5].

The catalytic unit consists of a recuperative heat
exchanger, a chamber of secondary heating immersed
in the heat exchanger, a catalytic chamber and bas-

Table 2
The values of the activation energies and pre-exponential factors k0 for the reactions of deep oxidation of organic compounds.

oN oC mpo nu d arepmeT ut rer na K,eg
tcA vi renenoita yg ,)E(

lom/Jk
rotcaflaitnenopxe-erP

k( 0 s,) 1-

1 oT ul ene 678-638 5.3±4.97 787.1 × 01 8

2 enelyX-o 158-587 0.21±6.001 024.2 × 01 01

3 enotecA 358-357 6.4±8.26 029.8 × 01 6

4 E ht ecly ll oso vl e 647-646 5.2±8.85 680.1 × 01 8

5 eholcyC x na eno 108-627 2.3±1.54 093.5 × 01 5

6 W ih pset ir ti 638-367 5.6±2.84 838.2 × 01 5

Fig. 2. The design of the catalytic unit TKM-250.
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kets with the catalyst.
Due to more complete heat utilization in the

TKM-250 (the degree of recuperation is 70%) the
self-cost of the gas purification is reduced. The
thermocatalytic unit TKM-250 is most suitable for
the treatment of off-gases with VOC concentration
of 3-7 g/m3.

The thermocatalytic reactor with a slit counter-
current heat exchanger has a specific area of 400-
600 m2/m3. The contact zone is combined directly

with the heat exchanger and is located in the hot zone,
thus providing low outer surface of the apparatus si-
multaneously with high degree of heat recuperation
and low pressure drop [6]. Apparatuses of this type
with capacity 1000 and 3000 m3/h were designed.

The results of calculations of the parameters of
different apparatuses with slit heat exchanger and
capacity of 1000 and 3000 m3/h are presented in
Table 3. The self-cost of purification of 1000 m3 of
gases is 1.2 rubles in prices of 1984.

Table 3
Calculated characteristic of apparatuses with slit heat exchanger.

capaC ti my 3 h/ 0001 0003 0001 0001 0001 0003

Dimens oi ns m, 7.0 × 0.1 × 1.2 4.1 × 0.1 × 7.2 8.0 × 8.0 × 0.3 8.0 × 8.0 × 4.3 8.0 × 8.0 × 6.2 3.1 × 0.1 × 4.3

rA xetaehfoae c ah egn
su fr m,eca 2 405 4431 203 915 683 5501

aC ylat ovts lume m, 3 50.0 51.0 50.0 5.0 50.0 5.0

sserP ur aP,porde 051 013 58 57 06 061

I ln arepmetsagte tur K,e 392 392 392 392 392 392

sagteltuO arepmet tu er K, 243 243 263 263 253 253

tsylataC arepmet tu er 376-326 376-326 376-326 376-326 376-326 376-326

dA ia taehcitab i gn
arepmet tu er K,

323 323 343 323 333 333

P ti ebhc tw nee ht taehe
cxe ha gn pre al ,set mm

5.2 5.2 5.4 5.3 5.3 0.3

colevecapssaG ti ,y
ht o su hsdna 1- 02-01 02-01 02-01 02-01 02-01 02-01

Pur fi enoitaci ff %,ycneici 99-89 99-89 99-89 99-89 99-89 99-89

eW gi foth ht e ppa ara ut gk,s 0062 0006 0022 0003 0022 0055

aC lat y ts type oroP su em at pl al wset ti 1h mm ht wssenkci ti h soped it ocevitcade pm tneno

The catalytic reactor of the “KROT” type is de-
signed as a mono-block vertical construction with a
circular or oval cross section containing a compact
two-way heat exchanger with a horizontal axis of the
spiral, with a catalytic section and an electric heater
[7].

The two-way heat exchanger has a higher heat
transfer coefficient than the flat-parallel one due to
the centrifugal force of the gas stream, in addition, its
efficiency is increased with the increasing velocity of
the gas inside the heat exchanger spiral. The design
documentation for reactors with capacity of 150, 200,
800, 1800, 2500 nm3/h.

A reactor of the KROT type with a capacity of
2500 nm3/h was designed and constructed for the treat-
ment of the ventilation exhausts of the lithographic
section at the Novosibirsk Plant of Domestic
Chemicals (now “SIBIAR”) (Fig. 3). At the area of
the heat exchanging surface 180 m2 the calculated
efficiency of heat recuperation is equal to 80-85%.

Catalytic reactors of the KROT type are all-welded
that is advantageous for operation with hazardous and
radioactive gas streams. The reactor of this type can
be used for the oxidation of hydrogen evolved due to
water radiolysis in tanks with aqueous highly active
wastes formed at nuclear material processing plants.
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A scheme of the ventilation of the tanks was pro-
posed with catalytic oxidation of hydrogen and re-
version of the part of purified air to the tank. This
scheme allows the reduction of the oxygen concent-
ration in the air above the liquid in the tank, ensuring
the safety of radioactive solutions storage, and the
reduction of the volume of the gas directed for final
purification and emission to atmosphere.

Unsteady-state catalytic apparatuses

The Institute VNIPIET with participation of the
Laboratory of Mathematical Modeling of the Boreskov
Institute of Catalysis elaborated, designed and tested
a catalytic reactor KART-720 with regenerative heat
exchangers having a capacity of 720 m3 of gas treated
per hour. This apparatus works in an unsteady state
mode (reverse process) (Fig. 4). The apparatus is in-
tended for the oxidation of VOCs in ventilation gases.
The KART-720 consists of a head part and two sec-

tions – each containing a heat exchanger fabricated
from alternating flat and sinusoidally corrugated stain-
less steel plates and a catalyst bed. The head part
connected to the both sections contains electric heat-
ers. The plates of the heat exchangers are assembled
in batches with air gap between them.

Fig. 3. Photograph of the steady state catalytic reactor
with the spiral heat exchanger “KROT-2500”.

Fig. 4. Photograph of the unsteady state catalytic appara-
tus “KART-720”.

The total surface area of the heat exchangers is
1500 m2. The consumed power of electric heaters is
15 kW.

For the calculation of the VOC oxidation efficiency
in the apparatus “KART-720” we proposed a for-
mula that takes into account the catalyst activity, the
gas overflows inside the apparatus, the free volumes
of the heat exchangers and around the catalyst and
the time of the half-cycle.

αapp = αcat × (1−Π/W) × (1− τ  valve / τ1/2 cycle −

          − L×S×ε / W×τ1/2 cycle.)

where  αcat  is the catalyst efficiency, %; τvalve    - is the
time for the switching of the valves, s; τ1/2 cycle  is the
time of half-cycle of the valves switching, s; L is the
length of one half of the heat exchanger, m; S is the
area of the heat exchanger cross-section, m2; ε is the
fraction of the free volume of the heat exchanger (ε =
0.75); Π is the gas overflow inside the heat exchanger,
m3/s; W is the gas flow rate, m3/s.

In the equation (1) the second factor implies the
reduction in the purification efficiency due to the gas
overflow inside the apparatus, the third factor is
responsible for the effect of the gas slip during the
switching of the valves (second term in parenthesis)
and the blowing of the free volume around the catalyst
(third term in parenthesis).

(1)
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During the tests of the apparatus “KART-720”
under industrial conditions good agreement between
the experimental results and the efficiency calculated
by mathematical modeling was observed.

The apparatus “KART-720” was applied in in-
dustry for the purification of the ventilation air from
painting chambers and the technological off-gas of
the thermochemical destruction compound at the Pro-
duction Association “SEVER”. Using the catalyst
ICT12-8 at a temperature 723-773 K, gas space ve-
locity 10000 h-1, and the time of the half-cycle over
100 s values of the gas purification efficiencies were
obtained of 92-94% for toluene vapor oxidation, which
is close to the theoretically predicted values.

The apparatus “KART-720” operates under
autothermal regimes at VOC concentration of 2 g/m3.
At lower concentrations additional fuel is added at
the apparatus inlet. In this case the toluene removal
efficiency is decreased to 85-87% due to the emission
of the non-purified gas from the free volume around
the catalyst during the reverse of the gas flow.

The supply of the fuel (or gas-vapor mixture
containing the fuel at the 1-5% of the total gas sup-
ply) between the catalyst beds is more efficient [8].
In this case the purification efficiency of the venti-
lation gas containing 2.5-2.8 g/m3 of toluene at the
catalyst temperature 803 K is  99.1-99.7% (see
Table 4).

Table 4
The results of the industrial tests of the apparatus “KART-720”

oN
Pl oterehweca ul ene

ropav si def
arepmeT tu foer ht e

ac at l K,tsy
Inl otte ul ene
ecnoc tn oitar ,n gm m/ 3

O lu otte ul ene
ecnoc tn oitar ,n gm m/ 3

Pur fi enoitaci ff ,ycneici
%

1 tA ht arappae ut s i ln te

327 7981 543 8.18

827 8442 264 1.18

827 8442 543 9.58

337 5742 653 6.58

367 1012 871 5.19

808 9103 464 6.48

328 7392 372 7.09

368 9241 422 3.48

2
eB wt nee ht ace ylat ts

al srey

808 9182 50.9 7.99

538 9552 4.51 4.99

398 2382 9.42 1.99

398 1823 8.03 1.99

398 7962 3.31 5.99

During long-term testing the catalyst ICT-12-8
exhibited high activity in the reactions of deep oxida-
tion of organic compounds. Its initial activity was not
lost during numerous thermal and pneumatic shocks.

For half-cycle times less than 100 s the purifica-
tion efficiency is decreased due to the blowing out of
the non-purified gas from the free volume around the
catalyst. This drawback was eliminated in the appa-
ratus “KART-3000”. This apparatus is made in the
form of a vertical structure containing a catalyst bed

and an electric heater in its upper part [9]. This de-
sign provides the blowing and the purification of the
gas in the free volume, which results in a substantial
increase of the overall gas purification efficiency. The
self-cost of the purification of 1000 m3 of off-gases
in KART type apparatuses is 0.6 - 0.7 rubles in prices
of 1984.

As the gas purification by adsorption is carried
out at low temperatures the energy inputs at this stage
are minimal and they are determined mainly by the
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electric energy required for the gas transportation
through the adsorbent bed. The scheme of the realiza-
tion of this process is shown in Fig. 5.

oxidation, and a fan. The VOC catalytic oxidation
was carried out over the catalyst IC-12-1 at 450-
500°��

The purification of the ventilation gas from paint-
ing chambers was complicated by the presence of paint
aerosol particles at a concentration of tens of mg/m3.
To exclude the deactivation of the adsorbent a gravel
filter was installed before the adsorbent bed.

After 80 h operation of the installation the solvent
vapor slip was observed at the outlet of the adsorber
and the regeneration of the adsorbent was started. The
regeneration was carried out using hot air at the tem-
perature of 130°�������	
	���� by the mixture of air
with steam (steam conc. 60%) because of the carbon
flammability. The time for the adsorbent regeneration
was 3-4 h.

The supply of the regenerating agent was
conducted in the direction opposite to that of the flow
of the ventilation gases during their purification.

The capacity of the activated carbon AP-3 for the
adsorption from humid gases with VOC concentration
350 mg/m3 was 7-8 wt.%. The maximum outlet tolu-
ene concentration was in the range of 10-18 mg/m3.
To prevent the catalyst overheating the desorbed gas
was diluted by air.

The concentration of solvent vapors at the outlet
of the adsorption-catalytic installation did not exceed
6 mg/m3 – the value consistent with the emission stan-
dards.

The results obtained were used for the prepara-
tion of Technical Specifications for the Design of an
industrial installation with a capacity of 30000 m3/h
[11,12].  The self-cost of the purification of 1000 m3

of gas did not exceed 0.35 rubles in prices of 1984.

Ozone induced catalytic oxidation of organic
compounds in off-gases

Some approaches for the solution of the problem
of purification of ventilation gases from VOCs (with
VOC concentrations below 150 mg/m3) are presented
above.

However, it is not always economically expedient
to heat the gas to high temperature or to use flam-
mable adsorbents. Therefore the search for economic
gas purification methods – simple in operation and
fabrication is an urgent task.
One of methods meeting these requirements is ozone
induced VOC catalytic oxidation [13-15].

All known deep oxidation catalysts exhibit suffi-
ciently high activity at temperatures 523-573 K, there-
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Fig. 5. The block diagram of the adsorption-catalytic
method of off-gas treatment.

Adsorption-catalytic method of VOC removal
from gas streams

The analysis of various methods for the purifica-
tion of low concentrated VOC containing gases (VOC
concentration below 150 mg/m3) shows that the de-
crease of the energy consumption at the high purifi-
cation efficiency can be realized by the adsorption-
catalytic method based on the purification of the gas
by adsorption followed by catalytic oxidation of the
products obtained in the process of thermal desorp-
tion [10].

Out of numerous adsorbents studied, such as acti-
vated carbons, silica gels, zeolites, coked alumina,
activated carbons are the most suitable ones for the
adsorption-catalytic method because they have high
adsorption capacity for organic compounds (5-10%)
even in humid gases.

Based on the results of laboratory studies, a pilot
adsorption-catalytic installation for the purification
of the ventilation gas from painting chambers with a
capacity of 75 m3/h was created at the Production
Association “SEVER”. The installation consists of
an adsorber of 0.16 m height filled with activated
carbon AP-3, a heater, UKD-250 installation for VOC



Fig. 7. Temperature dependence of the degree of toluene
oxidation by ozone over the catalyst ICT-12-9 at W =
10000 h-1���tol. = 0.11 g/m3; Coz.= 0.35 g/m3; PH2O������� 	
�
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fore the catalytic incineration process consume much
energy to heat the gas before the treatment. In this
connection, the development of methods of deep
catalytic oxidation permitting the decrease in opera-
tion temperature is of great scientific and practical
importance.

Thermodynamic analysis of the reactions of total
oxidation of different hydrocarbons by ozone using
specific (per bond) change in standard Gibbs energies
- ∆G0

298/p was performed. The comparative analysis
shows that the oxidized compounds can be arranged
in the following sequence according to the increasing
thermodynamic preference for the process occurrence:
dimethylphtalate, styrene (acetone), o-xylene, toluene,
butylacetate, cyclohexanone.

The equilibrium concentrations of hydrocarbons
subjected to oxidation are much lower than their maxi-
mum allowable concentrations in air because of very
large values of the equilibrium co�������� �
� ��	
�	���������
�����������������������	���������  !�

The study of ozone induced catalytic oxidation of
organic compounds (toluene, o-xylene and acetone)
over the catalyst ICT-12-9 with 0.40-0.63 mm gran-
ule size was conducted at T = 313-388 K, gas space
velocity W= 3000-50000 h-1 and gas humidity PH2O =
1600 Pa. Catalyst steady state in the flow reactor was
attained in 1.5-2 h for toluene and in 3.5-4 h for o-
xylene and acetone.

In the range of 313-343 K the temperature has no
substantial effect on the degree of toluene oxidation
by ozone over ICT-12-9 catalyst, therefore the ex-
perimental points for different temperatures lie on the
same curve (Fig. 6).

In a wider temperature range 303-388 K, the tem-
perature dependence exhibit a more complex behav-
ior (Fig. 7). At temperatures below 333 K the raising
of the temperature results in the increase of the
conversion, but at higher temperatures the decrease of
the toluene conversion is observed, probably, due to
the prevailing of the process of ozone decomposition.

An adverse effect of humidity on the efficiency of
the ICT-12-9 catalyst in the ozone induced VOC oxi-
dation was established. The observed decrease in the
oxidation efficiency is explained by the adsorption of
water vapor on the catalyst surface.

The rate of toluene oxidation is proportional to
the ozone concentration; i.e. the order of the reaction
over copper oxide ICT-12-9 catalyst with respect to
ozone is equal to 1 [16].

The obtained experimental data on the effects of
temperature and residence time on the toluene degree

of conversion upon oxidation with ozone showed that
the order of the reaction with respect to toluene is
zero, which is explained by strong toluene adsorption
on the catalyst surface at low temperatures.

Ozone induced oxidation of the mixture of acetone
and toluene vapors was carried out at T = 333 K,
space velocity W = 10000 h-1����������"#��������$ 

%&��'������������

	�	��	��	�(		����	�reactivity of these
organic compounds in the reaction with ozone was
found both in experiments with mixtures and with the
individual compounds. The reaction of toluene oxi-
dation proceeded at much higher rate than that ac-
etone oxidation. The competition of toluene and ac-
etone for catalyst active sites was established.

The more reactive toluene occupied the catalyst
surface hindering acetone oxidation by ozone. As a

COz, g/m3

Fig. 6. Toluene degree of conversion during oxidation by
ozone over ICT-12-9 catalyst versus ozone at tempera-
tures:  - 313K,  ∆ – 323 K, × -333 K, W =10000 h-1, P =
990 Pa.
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result, the rate of acetone oxidation by ozone decreased
in the presence of toluene. The effect of the adsorp-
tive inhibition of the reaction rate explains the contra-
diction between the thermodynamic analysis of the
process and the experimentally obtained results.

It should be noted that selective ozone induced
oxidation can be used for the separation of mixtures
in case when one or several components should be
removed from a mixture.

The chromato-mass-spectroscopy technique
showed the absence of products of partial oxidation
during oxidation of mixtures of toluene and acetone
over ICT-12-9 catalyst.

During long exploitation of the catalyst ICT-12-9
in the process of ozone induced oxidation of VOCs in
humid gases the catalyst deactivation was observed.
This was displayed by the decrease of the VOC
conversion, and the change of the color of the frontal
part of the catalyst bed from black to light blue. The
cause of the catalyst deactivation is probably the for-
mation of copper carboxylates and hydrocarbonates
on the catalyst surface. For the elimination of these
compounds and reclamation of the catalyst activity
the samples of partly deactivated ICT-12-9 catalyst
were calcined in airflow at temperatures 373, 413,
478 and 523 K. The catalyst calcination was found
to increase the efficiency of toluene oxidation with
ozone by 10-15%. The temperature of regeneration
should be above 413 K.

   Summarizing the above given data, it can be
concluded that in the oxidation of VOCs with ozone
over the ICT-12-9 catalyst the competitive processes
of adsorption of VOCs, water vapor and ozone take
place. The low temperatures of the ozone-induced
oxidation provide high coverage of the surface by
organic molecules and water. Ozone decomposition
occurs on free surface sites. Monatomic oxygen
formed in this process oxidizes the adsorbed organic
molecules. Simultaneously the process of dioxygen
formation takes place, which explains the fact that
only part of the decomposed ozone participates in the
oxidation reactions.

As the rate of ozone decomposition over the ICT-
12-9 catalyst is higher than the rate of VOC oxida-
tion, and to provide the necessary efficiency, additional
supply of ozone to the purified gas may be required to
compensate for ozone decomposition, which can be
done efficiently in a ‘multishelf’ reactor [17].

Figure 8 shows the calculated dependencies of the
concentrations of toluene and ozone in a three-shelf
reactor.

It should be noted that in the process of toluene
oxidation with ozone only frontal parts of the catalyst
layers work efficiently. In order to increase the effi-
ciency of the ozone use in the principal reaction the
‘zone’ of ozone decomposition should be extended.
This can be done by increasing catalyst granule size.

Catalytic decomposition of ozone

The development of the process of ozone induced
VOC oxidation is closely connected with the prob-
lem of the decomposition of residual ozone before the
purified gas emission to the atmosphere. In this
connection, studies were carried out to elucidate the
dependencies of the degrees of ozone decomposition
over the catalysts IC-12-1 and ICT-12-9 on the ozone
concentration, gas humidity, catalyst granule size and
residence time at different temperatures as well as on
the concentration of toluene vapors present in the gas
[18,19].

Over the catalyst IC-12-1 the process was studied
at a space velocity W = 10000-30000 m3×h-1�����)*

+,-.---�/�

As the temperature is raised the degree of ozone
decomposition increases. The increase of ozone
concentration or space velocity at temperatures be-
low 308 K results in the reduction of the ozone de-
composition degree.

The activity of the ICT-12-9 catalyst in ozone
decomposition is higher than that of IC-12-1. At a
space velocity W = 50000 h-1 the degree of ozone de-
composition over the ICT-12-9 catalyst attains 95%,
which is close to the values obtained over the most
active silver-manganese catalyst.

It was found that the process of ozone decomposi-
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Fig. 8.  Profiles of concentrations of toluene 1 and ozone
2 in the reaction of ozone induced oxidation over catalyst
ICT-12-9 at W = 3600 h-1�������������tol.= 0.36 g/m3,
Coz.= 1.3 g/m3, PH2O = 1710 Pa, Deq. = 1 mm.
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tion over copper oxide catalysts at temperatures in
the range of 303-333 K and the gas humidity up to
1600 Pa can be satisfactorily described by the rate
equation of the first order with respect to ozone. The
values of activation energy for the catalysts IC-12-1
and ICT-12-9 are in the range 83.2 –119 kJ/mol.

The studied copper oxide catalysts work with suf-
ficient stability in humid atmosphere. Table 5 shows
the dependencies of the ozone decomposition degree
on humidity under the following conditions: for IC-
12-1 at W = 30000 h-1, T = 313 K; for ICT-12-9 at
W = 50000 h-1, T = 293 K.

served over the fresh catalyst. The activation energy
of ozone decomposition over the regenerated ICT-12-
9 turned out to be close to the activation energy found
for the fresh catalyst IC-12-1 (Table 6).

Some decrease in the catalyst activity during its
exploitation can be compensated by the increase of
the operation temperature by 10-15 K.

High activity of the catalyst ICT-12-9 in the
reaction of ozone decomposition is probably due to
the presence of copper (I) oxide forming in the catalyst
during its mechanical activation upon preparation.
Copper (I) oxide is found in the composition of ac-
tive sites responsible for ozone decomposition on IC-
12-9 catalyst. The deactivation of the latter is due to
the interaction of copper (II) oxide and small amounts
(1.5% of monolayer) of copper (I) oxide present in
the catalyst ICT-12-9 with ozonized air components:
CO2, H2O, O2 and O3 leading to the formation of
CuCO3, Cu(HCO3)2, Cu2CO3(OH)2 (malachite) and
other compounds on the catalyst surface.

The comparison of specific (per 1 bond) Gibbs
energies show that the reactions with copper (I) ox-
ides are more preferable [20]. The oxidation of copper
(I) oxide to copper (II) oxide by ozone proceeds pref-
erentially by ozone rather by oxygen. This explains
the absence of the ICT-12-9 catalyst color change
upon its treatment by humid air without ozone, though
the carbonization and hydration of the mechanically
activated CuO surface is well known.

Thermal regeneration of the catalyst ICT-12-9
leads to the destruction of CuCO3, Cu(HCO3)2,
Cu2CO3(OH)2 and the formation of copper (II) ox-
ide, which is evidenced by the close values of the ac-
tivation energies for the regen	���	����������0�1.�+.
,�������	�
�	�����������0�.�+.���1��	�2!��1�	�����.

��������
�����	���0!�����	��������	���00!�����	�"���

��	� ���	��������(�����324�5234�32� ����33 and the
subsequent thermal treatment of the catalyst ICT-12-
9 leads to the disappearance of copper oxide (I) and

Table 6
Values of activation energies for ozone decomposition

over copper oxide catalysts

oN tsylataC
aC at l tsy gr na lu e

s zi ,e mm
cA it noitav
rene yg lom/Jk,

1 1-21-CI f hser 036.0-004.0 911

2 9-21-TCI f hser 004.0-513.0 2.38

3
9-21-TCI

caed it detav
004.0-513.0 3.87

4 detarenegerTCI 004.0-513.0 511

Table 5
Dependencies of degree of ozone decomposition

on humidity

oN
1-21-CI 9-21-TCI

PH2O aP, α %, PH2O aP, α %,

1 0621 8.28 0321 6.69

2 0241 4.77 0341 5.49

3 0851 6.17 0851 4.88

4 0481 7.66 0081 2.97

5 0702 5.16 0702 8.06

6 0232 1.65 - -

7 0262 3.45 - -

These data show that the increase of the gas hu-
midity leads to the decrease of the efficiency of both
catalysts in the reaction of ozone decomposition

At low temperature )�*�+,-.-�-�/�����������".
#������%H2O>1600 Pa the deactivation of ICT-12-9
catalyst occurs accompanied by the change of the color
of the frontal part of the catalyst bed from black to
light blue.

The partly deactivated catalyst ICT-12-9 was used
for the study of the ozone decomposition kinetics. The
reaction rate is described satisfactorily by an equa-
tion of the first order in ozone. The close values of
the activation energies of the fresh and deactivated
catalysts ICT-12-9 (Table 6) can be the evidence that
the deactivation has no effect on the mechanism of
ozone decomposition.

After thermal treatment at T = 528 K for 2 h in air
flow the restoration of the initial black color of the
deactivated ICT-12-9 catalyst sample occurred.

The degree of ozone decomposition over the re-
generated ICT-12-9 catalyst is lower than that ob-

2 2
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as a consequence to the change in the activation energy
of the process of ozone decomposition.

High activity of copper oxide catalysts ICT-12-9
and IC-12-1 favors their application in industry. These
catalysts exhibited stable performance, and the de-
crease in the degree of ozone decomposition during
220 h operation did not exceed 5-6%.

Adsorptive damping of VOC concentration
fluctuations

The concentrations of most pollutants in ventila-
tion off-gases change with time. These fluctuations
are caused by the periodic character of the operation
of the equipment emitting pollutants. A typical ex-
ample of such gas emissions are ventilation exhausts
from painting chambers, in which the content of
organic solvent vapors varies from 0.05 to 5.0 g/m3.
These conditions complicate the purification of ven-
tilation air because in the case of adsorptive purifica-
tion the amount of adsorbent and apparatus size must
be excessive, i.e. taken with the allowance for organics
concentration fluctuations; in the case of catalytic
incineration an abrupt increase of VOC content can
lead to catalyst overheating and damage. To over-
come these difficulties, the gases are diluted with air,
or emergency gas emission to the atmosphere is
conducted in case of abrupt jump in pollutant concent-
rations. This leads to worsening of the performance
of gas treatment equipment and the environment pol-
lution.

The fluctuations of the concentration of pollut-
ants can be considerably reduced by the use of the
method of adsorptive damping [21] that can be effec-
tively used for prevention of catalyst overheating and
the prolongation of its lifetime.

When a gas mixture flows through an adsorbent
bed any changes of an adsorbate inlet concentration
lead to considerably less changes in an adsorbate sur-
face concentration, because the latter, as a rule, is
greater by more than one order of magnitude than the
equilibrium concentration in the gas mixture. As the
result of adsorption-desorption processes the adsor-
bate concentration at the outlet of the bed changes
only slightly. Thus the adsorptive damping can be an
effective technique for the stabilization of the adsor-
bate concentration.

A principal feature of a cyclic adsorption process
is the incompleteness of individual stages, resulting
in their mutual influence.

At the frontal layers of an adsorbent equilibrium

characteristics are determining and at the rear layers
kinetic characteristics are of greater importance. In
the region of equilibrium regimes substantial con-
centration fluctuations take place while in the kinetic
region the amplitude of fluctuations is less compared
to the inlet one.

Experimental data showed high damping ability
of the activated carbon AP-3. This adsorbent pro-
vides substantial (10-15 times) smoothening of
concentration oscillations. After 5-6 cycles the aver-
age (calculated) concentration of toluene vapor comes
to plateau, and the experimental points obtained in
steady state circumscribe sinusoid. Smoothening of
concentration oscillations depends on the time of the
cycle: the shorter the time the greater the smoothen-
ing. Independently of the cycle duration, the average
(calculated) concentrations coincide for different ex-
periments.

The study of adsorptive damping of hydrocarbon
mixtures in the activated carbon AP-3 showed that
the smoothening of the concentration oscillations pro-
ceeds according to the same laws as found for indi-
vidual compounds.

For calculations of adsorptive dampers an equa-
tion (2) describing the correlation of concentrations
of hydrocarbon vapors in gas phase along the length
of the adsorbate bed under steady state conditions was
derived:
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(�	�	���max, Cmin, C  are maximal, minimal and current
adsorbate concentrations, g/m3; m - constant - a value
reciprocal to Henry’s constant; ε - void fraction of
adsorbent bed; β - coefficient of mass exchange be-
tween gas flow and the surface of adsorbent grains
related to 1 m3 of adsorbent bed, s-1; t - time, s; u -
gas velocity related to a free cross section of an appa-
ratus, m/s; l - coordinate running along the length of
the bed, m; T - duration of the cycle; Θ - duration of
concentration upraise pulse; α = m /ωk; ωk = 2πk/T;
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k = 1, 2, 3…
Figure 9 shows the comparison of toluene vapor

concentrations at the outlet of an adsorber: with the
activated carbon AP-3 calculated from the above equa-
tion and determined experimentally. The calculated
values are sufficiently close to the experimental ones.

Low temperature of the process and an efficient
regenerative heat exchanger allow substantial reduc-
tion in the gas treatment cost.

Conclusion

On the basis of research and development works a
series of catalytic incinerators, operating in steady
state and unsteady state mode, of various capacity
are designed and constructed for the purification of
ventilation air and off-gases from organic compounds.
For VOC concentrations 150-1000 mg/m3 unsteady
state catalytic incinerators of KART type should be
used, for concentrations 1000-3000 mg/m3 steady
state KROT apparatuses are recommended, and for
concentrations over 3000 mg/m3 up to 7000 mg/m3

the TKM-250 installations. It is shown that for the
purification of low concentrated gases with the content
of organic vapors below 150 mg/m3 the adsorption-
catalytic method or the catalytic oxidation with ozone
in the installation OKA-3000 is most effective.
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Abstract
Fe-based catalysts of different geometry are developed for the purification of coke oven gases: bulk,

supported on alumina and supported on alumina silicate monoliths. Adsorption and decomposition of H2S
on the catalysts developed are studied. Influence of active component content, type of support material and
modification by Mn and Mo on the catalyst activity in de-H2S process is elucidated. Supported monolith
catalysts show superior activity over bulk and supported spherical catalysts in H2S decomposition reaction
and demonstrate stable operation in ammonia decomposition process during 2 hours at 900°C giving 100%
ammonia conversion.

Introduction

Main impurities of coke oven gases (COG) are
H2S and NH3. More than 99% of these impurities,
which form harmful products upon oxidation or pro-
cessing of COG, have to be removed taking into ac-
count environmental and technological aspects. On
the other hand, COG containing up to 60% of hydro-
gen is considered as essential source for production
of pure H2. Therefore, an efficient and low cost pro-
cess for cleaning of COG is highly desirable.

According to literature data, many metal sulfides
MxSy, where M = Na, K, Li, Fe, Co, Ni, Cr, Mo, V
and metal oxides MxOy, where M = Fe, Cr, Cu, Mn,
V, Ti Mo, Al, Zn are active in H2S decomposition
reaction [1-17]. When metal oxides are used, the fist
step in the process of H2S decomposition is the trans-
formation of metal oxide into metal sulfide. Metal
sulfide formed acts as a catalyst for the process of
H2S decomposition. It was found that metal sulfide
made in result of treatment of metal oxide by H2S
shows superior activity compared with the ready-
made metal sulfide in reaction conditions [5].

Different sulfides form the following order accord-

ing to their activity in H2S decomposition reaction:
CoS2[18]<MoS2[19]<Co-Mo-S[20]<Ru-Mo-S[21]. It
is necessary to note that besides Mo- and V-based
catalysts, which are commonly studied in de-H2S re-
action, Fe2O3 catalyst also deserves attention as it
exhibits high level of activity not only in H2S de-
composition process, but in ammonia decomposition
reaction as well [11,13,14], making this catalyst very
promising for the use in the complex cleaning of
COG. In [17] a mixture of more than 10 oxides (Fe2O3,
MnO2, SiO2, ZnO, CaO et al.) was studied in the H2S
decomposition reaction. It was shown that initially
hydrogen sulfide is absorbed by the catalyst and as a
consequence both hydrogen sulfide and hydrogen are
not detected in the reaction mixture. During adsorp-
tion the catalyst transforms into metal sulfides and
then decomposition of H2S begins. It was concluded
that the activity of this complex catalyst is determined
primarily by Fe2O3 taking into account its relative
high quantity in the catalyst (42.6 wt.%) and its ca-
pability of easy formation of sulfides compared with
other oxides.

The subject of this paper is the development of
Fe-based catalysts of different geometry for purifi-
cation of coke oven gases.



Eurasian ChemTech Journal  6 (2004) 213-219

Development of Fe-based Catalysts for Purification of Coke Oven Gases214

Experimental

Bulk Fe2O3 catalysts were synthesized via thermal
decomposition of different Fe-containing salts at
600°C, tableted and sieved to 1-2 mm (samples from
F-1 to F-7, Table 1). Supported spherical catalysts
were prepared by wetness impregnation of different
supports by Fe(NH4)3(C2O4)3·3H2O solution and cal-
cination at 600°C (samples from F-8 to F-11, Table 2).
Spherical γ-Al2O3 (1-2 mm) and α-Al2O3 (2-3 mm),
ZrO2 and SiO2 sieved to 1-2 mm were used as a sup-
port material for the deposition of active component.
Modification of supported Fe-containing catalysts by
Mn and Mo was performed by wetness impregnation
of ready-made 2.9%Fe/γ-Al2O3 (F-8) and 4.1%Fe/α-
Al2O3 (F-9) catalysts by the use of Mn (NO3) 2 and
(NH4)6Mo7O24 solutions (samples Mn/F-8, Mn/F-9
and Mo/F-8, Mo/F-9, Table 2). Prepared spherical
catalysts F-8 (2.9wt.%Fe/γ-Al2O3) and F-9 (4.1wt.%
Fe/α-Al2O3) were crushed into powder, deposited
from suspension containing catalyst powder and γ-
Al2O3 as a binder onto alumina silicate monoliths B
and calcined at 600°C (samples F-8/B and F-9/B).
Content of Fe introduced into Fe-8/B catalyst amounts
to 0.23 wt.%, whereas in F-9/B catalyst – 0.33 wt.%.

Phase composition of the catalysts was registered
by XRD using HZG-4 (Cu Kα radiation) diffracto-
meter with copper radiation in the 2θ range of 10-70

degrees. Specific surface area of the samples was
measured by BET method. Quantitative analysis of
elements in supported spherical and monolith cata-
lysts was performed by the use of method of atom-
absorption spectroscopy.

Prepared catalysts were tested in a 1% H2S-99%
Ar flow. Catalyst was placed into quartz reactor, free
volume of reactor was filled by sieved quartz (1-2
mm). Catalyst was treated in N2 first at 150°C dur-
ing 30 min and then at 600°C during 30 min. Activi-
ty test included activation of the catalysts by reacti-
on mixture at 600°C till establishment of a steady
outlet concentration of H2S and subsequent study of
H2S decomposition at the temperatures of 600→
700→800→900→800→700→600°C at residence
time equal to 1 s. Duration of catalyst activation was
characterized by value ρ representing total amount
of H2S (mmole) fed into the reactor divided by the
weight of a catalyst sample at which a steady level
of H2S conversion is achieved.

Activity test in de-NH3 reaction was performed
as follows: catalyst was placed into quartz reactor, at
first was treated in He at 150°C during 30 min, then
at 600°C during 1 hour and catalyst activity was mea-
sured within temperature interval of 600-900°C. Both
fresh catalyst and catalyst after activity test in H2S
decomposition reaction were tested in NH3 decom-
position reaction.

elpmaS I in ti asla l fot Fe

atachserF l tsy Catal atsy f tcaret ivit ty e ts

XRD S TEB m, 2 g/
Tot la dur ita on

fo tca ivity
te ts , hrs

XRD S TEB m, 2 g/

1-F I or n )III( n ti r eta nanohy etard
Fe ON( 3)3 H9• 2O

α-Fe2O3 3.8 21 eF x-1 S 41.0

(2-F subli detam
during c la cin ita on) I or n( )III ch rol ide Fe lC 3

(3-F c la cine tad
007 ° )C

Ammonium i or n( )II s lu hetaf exah dy r eta
Fe HN( 4)2 OS( 4)2 H6• 2O

α-Fe2O3 0.31 91

4-F I or n( )III ox etala pe tn ah etardy
Fe2 C( 2O4)3 H5• 2O

α-Fe2O3 3.8 01 eF 7S8 21.0

5-F Ammonium i or n( )III ox etala trih etardy
Fe HN( 4)3 C( 2O4)3 H3• 2O

α-Fe2O3 9.2 33 eF 7S8 1.2

6-F I or n( )III citr eta h etardy FeC6H5O7 Hn• 2O
α-Fe2O3

+ Fe3O4
3.9 82 eF x-1 S 0~

7-F Ammonium i or n( )III dih dy or c ti r eta c ti r eta
2etardyh FeC6H5O7 HN• 4C6H7O7 Hn• 2O

α-Fe2O3 7.6 05 eF x-1 S 0~

Table 1
Physical chemical properties of bulk Fe2O3 catalysts synthesized via thermal decomposition

of different Fe-containing salts at 600°C
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Results and discussion

Bulk catalysts

XRD showed formation of α-Fe2O3 after calcina-
tion at 600°C in all samples, except sample F-6, syn-
thesized via thermal decomposition of iron (III) citrate
hydrate, where formation of additional phase Fe3O4

was registered, Table 1. Specific surface area of the
samples varies within interval of 2.9-13.0 m2/g.

Use of oxide catalyst for H2S decomposition re-
action requires preliminary activation of catalyst by
means of H2S adsorption in order to transform metal
oxide into metal sulfide. Detailed study of H2S ad-
sorption on the catalysts developed was performed
in order to clarify the process of sulfidation of metal
oxide. These experiments were fulfilled at the tem-

perature of 600°C in order to decrease the contribu-
tion of the H2S decomposition reaction in the experi-
ments. Main results on the H2S adsorption on bulk
Fe2O3 catalysts are given in Fig. 1 showing depen-
dence of H2S conversion (XH2S, %, left axis) and quan-
tity of hydrogen produced due to H2S decomposi-
tion reaction (CH2

, vol.%, right axis) on the magni-
tude ρ. Value ρ at which a steady level of H2S con-
version is achieved, can characterize the duration of
catalyst activation. At the beginning of the experi-
ments H2S conversion attained value near 100%.
Meantime, hydrogen was not registered in the reac-
tion mixture. Thus, it can be concluded that almost
all hydrogen sulfide is quantitatively adsorbed and
interacted with the catalyst. After certain period of
time, different for each catalyst, the increase of H2S
concentration in reaction mixture with simultaneous

Samp el Cataly ts comp so i it on T .clac , °C
F hser c ata l tsy Catal atsy f tcaret ivit tsety

XRD S TEB ,
m2 g/

Tot la dur ita on of
tca ivit tsety , hrs XRD S TEB ,

m2 g/

8-F /eF%9.2
γ A- l2O3

006 γ A- l2O3 002 61 eF 7S8 + γ A- l2O3 101

009 γ ,- δ ,- α-Al2O3 211 04 γ ,- δ ,- θ ,- α A- l2O3 68

a8-F /eF%6.4
γ-Al2O3

006 γ A- l2O3 561 41 Comp xel mixtu foer
ph sesa 011

b8-F /eF%7.9
γ-Al2O3

006 oS lid solu it o eFn +3 in
γ A- l2O3

611 42 eF x-1 +S δ ,-
α A- l2O3

48

009 δ ,- α A- l2O3 37 eF x-1 +S δ ,-
α A- l2O3

74

9-F /eF%1.4
α-Al2O3

006 α eF- 2O3 + α A- l2O3 6.8 91 eF 7S8 + α A- l2O3 8.7

009 α eF- 2O3 + α A- l2O3 11 6 eF 7S8 + α A- l2O3 01

a9-F /eF%1.3
α-Al2O3

006 α eF- 2O3 + α A- l2O3 11 61 eF 7S8 + α A- l2O3 9

b9-F /eF%7.3
α-Al2O3

006 α eF- 2O3 + α A- l2O3 21 61 eF 7S8 + α A- l2O3 6.8

01-F OrZ/eF%5 2 006 α eF- 2O3 OrZ+ 2 7.9 03 Sol di so ul it o eFn +3

i OrZn 2
3.3

11-F OiS/eF%6 2 006 Amorphous 045 6 eF x-1 +S amorphous
OiS 2

023

8F/nM /eF%9.2[/nM%7.2
γ-Al2O3]

006 β nM- 2O3 +)secart(
amorphous phase 581 52 +SnM γ ,- δ ,-

α A- l2O3
97

9F/nM /eF%1.4[/nM%0.3
α-Al2O3]

006 α eF- 2O3 + α A- l2O3 +
β nM- 2O3

41 52 +SnM α A- l2O3 11

8F/oM /eF%9.2[/oM%4.4
γ-Al2O3]

006 γ A- l2O3 291 61 SoM 2 eF+ x-1 +S
γ A- l2O3

711

9F/oM /eF%1.4[/oM%6.3
α-Al2O3]

006
eF 2 OoM z ro

eF 2 OoM( 4)3 +
α A- l2O3

1.8 71 SoM 2 eF+ x-1 +S
α A- l2O3

3.8

Table 2
Physical chemical properties of supported spherical catalysts
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increase of hydrogen concentration is observed. It is
obvious that chemical transformation of a catalyst
proceeds during H2S adsorption by formation of a
new phase which is active in H2S decomposition re-
action. Indeed, XRD registered sulfidation of the
catalysts with formation of iron sulfide after reac-
tion (Table 1, Fig. 2). It is interesting to note that

duration of catalyst activation for the samples stud-
ied is different. The longest activation period was
registered for the sample F-7 prepared via thermal
decomposition of ammonium iron(III) dihydrocitrate
citrate, while the shortest – for the sample F-4 pre-
pared via thermal decomposition of iron(III) oxalate
pentahydrate.
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Fig. 2. XRD patterns of bulk F-1 catalyst: a – fresh catalyst, b − catalyst after activity test.

Fig. 1. Dependencies of H2S conversion and quantity of H2 produced (vol.%) on different bulk Fe2O3 catalysts
(see Table 1). ρ represents amount of H2S supplied (mmole) related to the 1 g of the sample.
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Calculated reaction rates of H2 formation accord-
ing to the decomposition reaction H2S → H2 + S on
bulk Fe2O3 catalysts are given in Fig. 3. Histogram
of reaction rate of H2 formation related to the 1 g of
the sample (mole H2/s·g) demonstrates that Fe2O3

catalyst synthesized via thermal decomposition of
iron(III) nitrate nanohydrate (F-1) is the most effec-
tive. Essential decrease of specific surface area of
the samples after activity test (down to ~ 0 for F-6
and F-7) is observed (Table 1). The sample F-5 syn-
thesized via thermal decomposition of ammonium
iron (III) oxalate trihydrate demonstrates the highest
thermal stability in respect to specific surface area.
Although the catalysts F-1, synthesized via thermal
decomposition of iron (III) nitrate nanohydrate, ex-
hibited the highest activity in H2S decomposition re-
action, the ammonium iron (III) oxalate trihydrate
was chosen for the preparation of supported catalysts
in order to exclude emission of toxic nitrogen oxides
which are formed during iron (III) nitrate nanohydrate
decomposition. Moreover, the sample F-5 synthesiz-
ed by the use of Fe(NH4)3(C2O4)3·3H2O shows suffi-
ciently high activity in H2S decomposition reaction
and demonstrates the highest thermal stability in re-
spect to specific surface area.

Activity of the catalysts supported on γ-Al2O3 and
α-Al2O3 depends significantly on the content of ac-
tive component, Fig. 4. Reaction rate of H2 forma-
tion decreases with increase of Fe content in the
sample for catalysts supported on γ-Al2O3. Highest
activity demonstrates catalyst F-8 with Fe content
equal to 2.9%. On the contrary, increase of Fe con-
tent from 3.1 to 4.1% in the catalyst F-9 leads to in-
crease of the catalyst activity.
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Fig. 3. Histogram of reaction rates of H2 formation on
bulk Fe2O3 catalysts synthesized via thermal decomposi-
tion of different Fe-containing salts at 600°C.

Supported spherical catalysts

Phase composition of spherical catalysts depends
on the content of iron introduced and type of support
material used (Table 2). Phase of α-Fe2O3 was regis-
tered in the catalysts supported on α-alumina and
zirconia, while active component in the catalyst F-
8b (9.7%Fe/γ-Al2O3) was recognized as the solid so-
lution of Fe3+ in γ-Al2O3.

Fig. 4. Histogram of reaction rates of H2 formation relat-
ed to 1 g of Fe in the sample for supported spherical cata-
lysts calcined at 600°C: F-8, F-8a, F-8b; and F-9a, F-9b,
F-9 (see Table 2).
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Formation of iron sulfide (Fe7S8 or Fe1-xS) was
registered in the samples after H2S decomposition
reaction for all catalysts supported both on γ- and α-
Al2O3. The catalyst F-8a (4.6%Fe/γ-Al2O3) is the only
exception. Transformation of oxide active compo-
nent to iron sulfide leads to change of catalyst colour
from beige (F-8) or orange (F-9) to black colour. Sig-
nificant decrease of specific surface area of the
samples supported on γ-Al2O3 is observed.

Activity data for Fe-containing catalysts supported
on various materials (γ-Al2O3, α-Al2O3, ZrO2, SiO2)
and calcined at 600°C are presented in Fig. 5. In-
crease of H2S conversion with temperature rising
from 600 to 900°C is observed. Meantime, the cata-
lysts deposited both on γ-Al2O3 and α-Al2O3 demon-
strate the highest level of activity. Formation of iron
sulfide after activity test is registered for catalysts
supported on γ-Al2O3, α-Al2O3 and SiO2 materials,
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whereas decrease of specific surface area is observed
for all catalysts (Table 2).

consider this fact, reaction rates of H2 formation re-
action related to the 1 g of introduced Fe were com-
pared. It is seen that picture is changed significantly.
Supported monolith catalysts show superior activity
compared with bulk and supported spherical cata-
lysts, Fig. 7.

Results described above were devoted to the study
of catalysts in H2S decomposition reaction. However,
besides H2S, COG contain substantial amount of am-
monia. Therefore, independent experiments on de-
composition of ammonia by the use of monolith F-9/
B catalyst were performed. In order to elucidate the
behavior of catalysts in the presence of H2S and NH3,
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Fig. 7. Histogram of reaction rates of H2 formation relat-
ed to 1 g of the sample (a) and reaction rates of H2 formati-
on related to 1 g of Fe in the sample (b) for Fe-containing
catalysts of different geometry calcined at 600°C: bulk F-
5; supported spherical F-8 and F-9; supported monolith
F-8/B and F-9/B.
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Fig. 5. Temperature dependencies of H2S conversion on
Fe containing catalysts supported on different materials
and calcined at 600°C: F-8, F-9, F-10, F-11 (see Table 2).

Modification of the samples F-8 (2.9%Fe/γ-
Al2O3) and F-9 (4.1%Fe/α-Al2O3) was performed to
increase their activity. According to XRD analysis,
modification of catalysts by manganese leads to for-
mation of additional β-Mn2O3 phase compared with
phase composition of initial catalysts (Table 2).
Modification of F-8 by molybdenum does not change
phase composition of the catalysts. XRD registers γ-
Al2O3 similarly to initial F-8 catalyst. In turn, modi-
fication of F-9 sample by molybdenum changes sig-
nificantly phase composition of the catalyst: inter-
action of Fe with Mo occurs leading to the forma-
tion of Fe2MoOz or Fe2(MoO4)3 phases. However,
activity data, presented in Fig. 6, allows to conclude
that modification of the samples F-8 and F-9 by Mn
and Mo results in decrease of the catalyst activity,
although formation of MnS and MoS2 is observed
after activity test according to XRD data (Table 2).

Supported monolith catalysts

To clarify the influence of catalyst geometry on
its activity in H2S decomposition process, compara-
tive analysis of activity data for different catalysts
was made: bulk Fe2O3 catalyst F-5, supported spheri-
cal F-8, F-9 and supported monolith catalysts F-8/B,
F-9/B (Fig. 7). Activity of supported spherical cata-
lysts (F-8 and F-9) exceeds activity both of bulk and
supported monolith catalysts. But it is necessary to
emphasize that content of introduced active compo-
nent (Fe) in the catalysts compared varies within wide
range: 70 wt.% for bulk Fe2O3 catalyst and less than
1 wt.% for supported monolith catalysts. In order to

Fig. 6. Histogram of reaction rates of H2 formation relat-
ed to 1 g of sample for supported spherical catalysts F-8
and F-9 modified by Mo and Mn, calcined at 600°C: Mo/
F-8, Mn/F-8, Mo/F-9, Mn/F-9 (see Table 2).
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activity of fresh catalysts was compared with activi-
ty of catalyst tested preliminary in H2S decompo-
sition reaction at the temperatures of 600→900→
600°C. It was found that 100% ammonia conversion
on the fresh supported monolith catalyst is observed
starting from 750-800°C, whereas for catalyst after
de-H2S test – starting from 900°C, Fig. 8. Monolith
catalyst demonstrated stable operation in de-NH3 pro-
cess at 900°C for 2 hours.
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Conclusions

Fe-based catalysts of different geometry are de-
veloped for the purification of coke oven gases: bulk,
supported on alumina and supported on alumina sili-
cate monoliths.

Adsorption and decomposition of H2S reaction
were studied on bulk Fe2O3 catalyst and Fe(NH4)3

(C2O4)3·3H2O salt was chosen as the best starting
material to be used for the synthesis of supported
catalysts. Fe-containing catalysts supported on alu-
mina show highest level of activity in H2S decomposi-
tion process compared with Fe-containing catalysts
supported on ZrO2 and SiO2. It was found that modifi-
cation of Fe-containing catalysts by Mn and Mo leads
to the decrease of the catalyst activity.

Monolith catalysts synthesized show superior ac-
tivity in de-H2S process over bulk and spherical cata-
lysts when reaction rates of H2 formation related to
1 g of Fe introduced are compared. It was revealed
that monolith catalysts demonstrate stable operation
in ammonia decomposition process during 2 hours
at 900°C giving 100% ammonia conversion.
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Fig. 8. Temperature dependencies of ammonia conversion
on supported monolith catalyst F-9/B at GHSV=3600 h-1.
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Current catalytic converters are typically composed
of a noble metal (Pt, Pd, Rh), a promoter (

 

CeO

 

2

 

, CeO

 

2

 

–
ZrO

 

2

 

), and a monolith support with a honeycomb struc-
ture (alumina or cordierite) [1, 2].

Cerium oxide is widely used as a promoter in three-
way catalysts owing to its ability to bind or release oxy-
gen, depending on the air : fuel ratio in the exhaust gas
[3, 4]. The unique redox properties of 

 

CeO

 

2

 

 are due to
the fact that cerium can readily change its oxidation
state (

 

Ce

 

4+

 

/Ce

 

3+

 

). As this takes place, the oxide retains
its stable fluorite structure, which includes mobile O

 

2–

 

ions [5, 6]. Furthermore, cerium admixtures prevent 

 

γ

 

-
Al

 

2

 

O

 

3

 

 from sintering at high temperatures, reduces the
particle size of the noble metals, and enhances their
thermal stability [7].

In recent years, cerium-containing catalysts have
been prepared not only by conventional methods, such
as impregnation and coprecipitation, but also by the ini-
tiation of a very exothermic redox reaction between
powdered precursors of the active component (combus-
tion synthesis). Noble-metal-containing cerium oxide
thus synthesized is very active in CO oxidation, in the
total oxidation of hydrocarbons, and in the reduction of
nitrogen oxides [3, 8, 9]. However, this method affords
only monolith catalysts and generally requires subse-
quent calcination.

The surface self-propagating thermal synthesis
(SSTS) method was developed to synthesize a variety
of supported oxide catalysts active in CO oxidation and
in the total oxidation of hydrocarbons [10, 11]. The
principle of this method is that an exothermic reaction

between precursors of the active component is carried
out immediately on the surface of a support of a given
nature and shape. The main advantage of this method is
that it produces nonequilibrium phases with structure
defects, which can serve as active sites in the resulting
catalyst [12, 13]. Another advantage is the high rate of
the reaction. Due to intensive heat transfer from the
support surface, the highest SSTS temperature does not
exceed 500

 

°

 

C and the sintering of the active component
can, therefore, be avoided [14, 15].

Here, we consider Pd–CeO

 

2

 

/Al

 

2

 

O

 

3

 

 catalysts pre-
pared by SSTS from various precursors and compare
their performances in CO oxidation, in the total oxida-
tion of methane and propane, and in the reduction of
nitrogen oxides with propane.

EXPERIMENTAL

The support was a 

 

γ

 

-Al

 

2

 

O

 

3

 

 monolith with a honey-
comb structure, a granule diameter of 20 mm, a channel
size of 

 

1.5 

 

×

 

 1.5

 

 mm, a pore volume of 0.34 cm

 

3

 

/g, and
a specific surface area of 150 m

 

2

 

/g. The catalysts pre-
pared by different methods had the same composition,
specifically, 10 wt % CeO

 

2

 

 and 0.5 or 1.0 wt % Pd. The
catalysts were synthesized as follows.

 

Procedure 1a: SSTS from a mixture of

 

(NH

 

4

 

)

 

2

 

Ce(NO

 

3

 

)

 

6

 

 and 

 

Pd(NO

 

3

 

)

 

2

 

.

 

 For loading the

 

γ

 

-Al

 

2

 

O

 

3

 

 support with cerium and palladium precursors,
the support was impregnated with a mixed solution of
stoichiometric amounts of 

 

(NH

 

4

 

)

 

2

 

Ce(NO

 

3

 

)

 

6

 

 (

 

C

 

Ce

 

 =
100 mg/ml) and 

 

Pd(NO

 

3

 

)

 

2

 

 (

 

C

 

Pd

 

 = 6.8 mg/ml). The
chemicals were purchased from Merck. The subsequent
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Abstract

 

—Pd–CeO

 

2

 

 catalysts on a monolith support with a honeycomb structure have for the first time been
prepared by surface self-propagating thermal synthesis (SSTS). Decomposition routes for the cerium precur-
sors are deduced from TG–DTA data and from the mass spectra of decomposition intermediates. The 

 

Pd–
CeO

 

2

 

/Al

 

2

 

O

 

3

 

 monoliths prepared by SSTS are more active in CO oxidation, total hydrocarbon oxidation, and
nitrogen oxide reduction than the catalysts obtained by conventional impregnation. This is explained by the fact
that the SSTS products have a larger specific surface area and their active component has a smaller particle size.
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synthetic procedure is detailed in an earlier publication
[15]. The average combustion front temperature was

 

390°C

 

. The heat wave velocity calculated as the ratio of
the sample length to the combustion front traveltime
was 0.08 mm/s.

 

Procedure 1b: SSTS of monolith-supported ceria
from 

 

(NH

 

4

 

)

 

2

 

Ce(NO

 

3

 

)

 

6

 

 followed by the introduction
of palladium.

 

 The monolith support was impregnated
with a cerium ammonium nitrate solution with 

 

C

 

Ce

 

 =
100 mg/ml and was dried. Thereafter, SSTS [15] was
carried out. Ce/Al

 

2

 

O

 

3

 

 was loaded with palladium by
impregnating it with an aqueous palladium nitrate solu-
tion (

 

C

 

Pd

 

 = 6.8 mg/ml) taken in excess. The excess solu-
tion was removed from the support channels by drying
at 

 

90°C

 

 for 12 h and calcination at 550

 

°

 

C for 3 h.

 

Procedure 2: SSTS of ceria from a mixture of

 

Ce(NO

 

3

 

)

 

3

 

 and citric acid followed by supporting pal-
ladium.

 

 This procedure included impregnating the
monolith support with precursors from a cerium
nitrate–citric acid (1 : 5 mol/mol) redox mixture, dry-
ing, and SSTS. Palladium was supported as described
above. The combustion front temperature was 

 

382°C

 

,
and the thermal wave velocity was 0.06 mm/s.

 

Procedure 3: standard procedure.

 

 Pd–Ce/Al

 

2

 

O

 

3

 

catalysts were prepared by impregnating the monolith
support with an excess of an aqueous cerium nitrate
solution (

 

C

 

Ce

 

 = 100 mg/ml) followed by drying at 

 

90°C

 

and calcination at 600

 

°

 

C for 4 h. Ce/Al

 

2

 

O

 

3

 

 was loaded
with palladium by impregnating it with an aqueous pal-
ladium nitrate solution (

 

C

 

Pd

 

 = 6.8 mg/ml) followed by
drying at 

 

90°C

 

 for 12 h and calcination at 

 

550°C

 

 for 3 h.

X-ray diffraction patterns from the catalysts were
obtained on a DRON-3 diffractometer (monochro-
mated 

 

Cu

 

K

 

α

 

 radiation; 

 

2

 

θ

 

 = 20

 

°

 

–60

 

°

 

). The active com-
ponent content was determined by atomic absorption
spectroscopy. The BET surface areas of the catalysts
were determined from thermal nitrogen desorption data
obtained on a Sorpty gas adsorption system (Carlo
Erba, Italy). The thermal decomposition of the precur-
sors of the active component was studied by thermal
analysis of intermediates on an STA-449C Jupiter ther-
moanalytical system (Netzsch) attached to a QMS-
403C Aeolos quadrupole mass spectrometer via a
heated capillary.

Catalytic activity was measured in CO oxidation, in
the total oxidation of hydrocarbons, and in the reduc-
tion of nitrogen oxides with propane in a flow reactor
using 1 cm

 

3

 

 of a monolith catalyst. The oxidation of
CO, a model reaction, was carried out in a stoichiomet-
ric mixture containing 1 vol % CO, 0.5 vol % O

 

2

 

, and
nitrogen as the balance gas in the temperature range
20–400

 

°

 

C at a constant flow rate of 10000 h

 

–1

 

. Cata-
lytic activity was estimated as the temperature at which
50% of the CO was converted (

 

T

 

50

 

). The reaction prod-
ucts were analyzed by gas chromatography using a col-
umn packed with Porapak Q and a thermal-conductiv-
ity detector. The total oxidations of methane and pro-
pane were carried out at 200 to 700°C at a flow rate of
1000 h–1. The hydrocarbon concentration in the initial
hydrocarbon–air mixture was 1 vol %. The selective
catalytic reduction of NO with propane was studied
between 70 and 550°C at a gas flow rate of 11500 h–1.
The standard reaction mixture consisted of 0.2 vol %
NO, 0.1 vol % C3H8, 5.0 vol % O2, and nitrogen as the
balance gas.

RESULTS AND DISCUSSION

Thermal Decomposition of Pure
and γ-Al2O3-Supported Cerium Precursors

Cerium ammonium nitrate contains both oxidizing
and reducing ligands, so SSTS using this precursor
does not require any reducing agent. Table 1 lists ther-
moanalytical data for the thermal decomposition of
(NH4)2Ce(NO3)6 in an inert medium. The overall weight
loss for this salt is 68.3%.

The first decomposition stage, which takes place in
the temperature range 30–100°C, is the single-step loss
of weakly bound, physically adsorbed water. This is
indicated by the presence of lines at m/z 18, 17, and 16
in the mass spectrum. The rate-limiting step in the
decomposition of most ammonium salts is proton trans-
fer from the ammonium cation to the complex anion,
which results in ammonia evolution [16]. This process
occurs between 100 and 235°C. The wide variety of
products (NH3, NO, NO2, O2, N2O, and N2) resulting
from the decomposition of cerium ammonium nitrate at
235–450°C is possibly due to the interaction between

Table 1.  Observed and calculated weight loss data for the thermal decomposition of bulk cerium ammonium nitrate

Temperature
range, °C

Weight loss, %
Decomposition step

observed calculated

30–100 1.3 1.3 (NH4)2Ce(NO3)6 · 0.4H2O  (NH4)2Ce(NO3)6

100–235 16.6 17.2 (NH4)2Ce(NO3)6  Ce(NO3)4 · HNO3

235–260 14.6 14.5 Ce(NO3)4 · HNO3  Ce(NO3)3(NO2)

260–450 35.8 36.1 Ce(NO3)3(NO2)  CeO2



164

KINETICS AND CATALYSIS      Vol. 48      No. 1      2007

ZAV’YALOVA et al.

the N  and N  ions on the surface or in the gas
phase.

Enumerating chemically plausible mechanisms of
cerium ammonium nitrate decomposition, we simu-
lated the weight loss sequence in terms of the chemical
equations of individual decomposition steps. The
mechanism that provided the best fit to the weight loss
in each step was taken to be the best description of the
decomposition process (Table 1). This procedure led us
to the following probable mechanism for bulk cerium
ammonium nitrate decomposition in an inert medium:

(NH4)2Ce(NO3)6 · 0.4H2O  (NH4)2Ce(NO3)6 

 Ce(NO3)4 · HNO3  Ce(NO3)3(NO2)  CeO2.

Figure 1 shows the DTG curve for the decomposi-
tion of pure and γ-Al2O3-supported cerium ammonium
nitrate. Clearly, the decomposition of the supported salt
is simpler and is complete at a lower temperature than
the decomposition of the pure salt. This can be due to
the fact that the (NH4)2Ce(NO3)6 particles are smaller
on the support surface than in the bulk salt, since it was
demonstrated that the cerium ammonium nitrate
decomposition mechanism depends strongly on the
particle size [17].

H4
+ O3

– Table 2 presents the data obtained by simulating the
decomposition of γ-Al2O3-supported cerium ammo-
nium nitrate. According to these data, the decomposi-
tion of the supported salt is likely to proceed as follows:

(NH4)2Ce(NO3)6  ëe(NO3)4 · 2HNO3 

 CeO(NO3)2  CeO2.

A comparative study of cerium ammonium nitrate
decomposition in inert and oxidizing media has demon-
strated that the precursor decomposition mechanism is
almost independent of the atmosphere.

Comparing the DTG curves for the cerium precur-
sors, namely, cerium ammonium nitrate and cerium
nitrate (Fig. 2), shows that the decomposition of these
salts is complete at the same temperature. Since
Ce(NO3)3 decomposes at a lower rate, the final temper-
ature of CeO2 formation from this salt is 15–20°C
higher. The maximum decomposition rate is
23.5%/min for (NH4)2Ce(NO3)6 and 8.4%/min for
Ce(NO3)3.

The thermal decomposition curves for the cerium
precursors Ce(NO3)3 and (NH4)2Ce(NO3)6 supported
on Al2O3 are shown in Fig. 3. The decomposition of
supported Ce(NO3)3 comes to completion at a consider-
ably lower temperature than the decomposition of the
bulk salt.
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Fig. 1. Decomposition of (1) pure and (2) γ-Al2O3-sup-
ported cerium ammonium nitrate in an inert medium. The
supported salt content is 10 wt %.

Table 2.  Observed and calculated weight loss data for the thermal decomposition of γ-Al2O3-supported cerium ammonium
nitrate

Temperature
range, °C

Weight loss, %
Decomposition step

observed calculated

140–185 2.2 2.0 (NH4)2Ce(NO3)6  Ce(NO3)4 · 2HNO3

185–285 13.2 13.5–13.4 Ce(NO3)4 · 2HNO3  CeO(NO3)2

285–510 5.5 5.9 CeO(NO3)2  CeO2
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Fig. 2. Decomposition of bulk cerium precursors in an inert
medium: (1) Ce(NO3)3 and (2) (NH4)2Ce(NO3)6.
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Properties of Catalysts Prepared
by Different Procedures

X-ray diffraction demonstrated that the SSTS of
ceria and palladium on the γ-Al2O3 surface exerts no
effect on the structure of the support. The CeO2 particle
size in the Pd–CeO2/Al2O3 catalyst prepared by the
standard procedure was 15–20 nm. The diffraction pat-
terns from all samples obtained by SSTS from cerium
ammonium nitrate and a cerium nitrate–citric acid mix-
ture showed no reflections from CeO2 even when the
active component content was as high as 10 wt %.
Apparently, most of the cerium oxide in these samples
was amorphous to X-rays. It is possible that the violent
gas evolution during the self-propagating reaction
between the precursors of the active component caused
CeO2 dispersion of on the support surface. The palla-
dium content of all samples was below the detection
limit of the X-ray powder diffraction method.

According to the data presented in Table 3, the spe-
cific surface area of the Pd–CeO2/Al2O3 catalysts
depends strongly on the preparation procedure. For the
catalysts prepared by SSTS procedures 1a, 1b, and 2,
Ssp is 34–36 m2/g larger than Ssp for the sample synthe-
sized by standard procedure 3 and is nearly equal to the
specific surface area of γ-Al2O3 (150 m2/g).

Activity of the Catalysts in the Conversion
of Toxic Components of the Exhaust Gas

The temperature dependences of NO conversion
into N2 on the catalysts prepared using the above proce-
dures are plotted in Fig. 4. The 1% Pd–10%
CeO2/Al2O3 catalyst prepared using SSTS procedure
1b is the most active; the 50% conversion of NO to N2
is reached at 237°C. At 285°C, the NO conversion is
87%.

The 50% conversion of NO on the catalyst prepared
by procedure 1a is reached at a higher temperature than
the same NO conversion on the catalyst prepared by

conventional procedure 3. However, above 310°C, the
activities of these catalysts are nearly equal. A possible
explanation for the higher activity of the sample pre-
pared by procedure 1b is that, in the sequential synthe-
sis, palladium is more finely dispersed on the CeO2 sur-
face and is more efficiently involved in the catalytic
process.

As is clear from Fig. 5, the highest activity in the
total oxidation of methane and propane is again shown
by the catalyst obtained by SSTS procedure 1b. The
complete conversion of methane and propane on this
catalyst is reached at 435 and 330°C, respectively.

The 50 and 100% CO conversion temperatures for
the catalysts containing 0.5 and 1.0 wt % Pd are listed
in Table 4. In CO oxidation, a model reaction, complete
CO conversion on the catalysts prepared by SSTS pro-
cedures 1b and 2 is reached at much lower temperatures
than complete CO conversion on the catalyst synthe-

0 50

Weight change rate, mg/min

Temperature, °C

1.5

150100 200 250 300 350 500

0
–0.5
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–1.5
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Fig. 3. Decomposition of γ-Al2O3-supported cerium precur-
sors: (1) Ce(NO3)3/Al2O and (2) (NH4)2Ce(NO3)6/Al2O3.
The supported salt content is 10 wt %.

Table 3.  Specific surface area of catalysts prepared by dif-
ferent procedures

Preparation procedure Ssp, m2/g

1a 143

1b 142

2 144

3 108

550
Temperature, °C

NO conversion

20

0

100

80

60

40

45035025015050

1b

1a

2

3

Fig. 4. Temperature dependence of the NO conversion in N2
on catalysts prepared by different procedures. The curves
are numbered in the same way as the synthetic procedures.
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sized by conventional procedure 3. In all cases, raising
the palladium content from 0.5 to 1.0 wt % increases
the activity of the catalyst. Note that the 100% conver-
sion of CO on the 0.5% Pd–10% CeO2/Al2O3-1b cata-
lyst prepared using procedure 1b is reached at approxi-
mately the same temperature as complete CO conver-
sion on the 1% Pd–10% CeO2/Al2O3-3 catalyst, whose
palladium content is twice as high.

Thus, the highest activity in all four reactions exam-
ined is exhibited by the Pd–CeO2/Al2O3 monolith cata-
lysts prepared by the SSTS of ceria from cerium ammo-
nium nitrate (procedure 1b). Next in activity are the cat-
alysts prepared by SSTS using a supported mixture of
cerium nitrate and citric acid (procedure 2) followed by

modifying the product with palladium by conventional
impregnation.

Thus, this study resulted in self-propagating syn-
thetic procedures for obtaining automotive monolith
Pd–CeO2/Al2O3 catalysts from different precursors,
namely, (NH4)2Ce(NO3)6 and a mixture of Ce(NO3)3
and citric acid.

The decomposition of the cerium precursors was
studied in detail by the TG–DTA method in combina-
tion with mass spectrometric analysis of intermediate
products. Decomposition routes were suggested to
explain the thermal behaviors of bulk and γ-Al2O3-sup-
ported cerium ammonium nitrate.

Finely dispersed ceria obtained by self-propagating
synthesis on the support surface has a larger specific
surface area than the sample obtained by the conven-
tional procedure. The catalysts prepared by SSTS are
much more active in the reactions involved in automo-
tive emission mitigation than their counterparts
obtained by the conventional method. The 100% con-
version of NO on the SSTS catalysts is reached at 350–
400°C; 100% CO conversion, at 110–125°C. The tem-
peratures of complete methane and propane conversion
on these catalysts are 430–520 and 330–380°C, respec-
tively.
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